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Preface 


Since its discovery in the 1920s, the interest of industrialists in Fischer-Tropsch 
synthesis (FTS) has undergone periods of significant development and periods of 
little activity. As indicated by the number of open literature publications and pat¬ 
ents, interest in FTS has increased dramatically since about 1980 (Catal. Today, 145 
(2009) 38-44). 

Prior to World War II, Germany, without a source of oil within the country, decided 
that it was necessary for them to develop a supply of synfuels as a security measure. 
Politics and technology choices led to direct coal liquefaction processes to dominate 
production, limiting FTS to about 10% of the total production. FTS products were 
directed mostly to chemicals rather than fuels. The German government provided 
synfuel producers a guaranteed minimum price; however, if the price within the 
country exceeded this minimum, the industrial organizations would give the govern¬ 
ment excess revenue. A similar situation developed in South Africa following World 
War II. In both of these countries, industries initially needed government support 
but developed their business to the point that they became a source of revenue for 
the government. Government support was needed because of the immense initial 
investment to construct FTS plants. Shell Oil received, at least initially, support to 
develop their commercial plant in Malaysia. Likewise, the Qatar development by 
Sasol and Shell received the advantage of very low-priced natural gas feedstock to 
help the companies overcome the obstacle of initial plant costs. Thus, all FTS plants 
have received government support, either directly or indirectly, to aid in developing 
an operating plant, and in all cases, each plant has become a profitable operation. 

The recent rise in oil price (>US$110 per barrel) stimulated significant interest 
in FTS, but this has now declined as oil prices decreased to less than half the high 
value. 

The present volume is based on a symposium held during the 248th American 
Chemical Society meeting in San Francisco, California, in August 2014. The interest 
in FTS was evidenced by the excellent attendance and the lively discussion following 
the presentations. 

The majority of the presentations can be grouped into four subject areas: catalyst 
preparation and activation, catalyst activity and reaction mechanism, catalyst char¬ 
acterization and related reactions, and commercial process-related topics. The pre¬ 
sentations and manuscripts demonstrated that while FTS has advanced in maturity, 
many issues remain unresolved as efforts focus on producing increasingly active cat¬ 
alysts and improving reactors. Characterization equipment and techniques continue 
to improve, and these are widely utilized to assist in developing our understanding 
of the structural features of the catalyst that leads to their improved activity and 
stability. Unfortunately, it appears that industrial organizations have become more 
restrictive in sharing the outcomes of their research. Even so, several books provide 
glimpses into processes, reaction rates, and plant designs that apply under realistic 
commercial process conditions. 
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The effect of heat treatment parameters was studied for Co-Mn-carbon catalyst 
for Fischer-Tropsch synthesis reaction. It is observed that the change in heat treat¬ 
ment temperature can affect the activity and product selectivity of the catalyst. 
This appears to be linked to the loss of the surface area of materials. Both higher 
temperatures and longer heat treatment durations have a negative effect on the 
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surface area (and CO conversion), so shorter, lower-temperature heat treatment 
steps are preferred for optimum results. 

Keywords: Syngas, Co, Mn, Activated carbon 

1.1 INTRODUCTION 

Fischer-Tropsch synthesis (FTS) is a catalytic process in which syngas (a mixture 
of Hj and CO) is converted into hydrocarbons. Syngas can be produced by steam 
reforming of natural gas, biomass, and coal.* The FTS process was discovered in 
1925 and industrialized in Germany as a method for transforming coal into a hydro¬ 
carbon source in order to address its lack of petroleum resources.^ By the end of 
World War II, Germany had built nine FT plants, but subsequently these were forced 
to close due to competition from low oil prices. In subsequent years, the price of 
oil rose sharply, which led to increased interest in the FTS process^ by a number of 
industrial companies. Sasol has been active in the area of FTS since 1955 and is cur¬ 
rently planning to increase their operational capacity to 34,000 barrels/day.'* Shell is 
operating an FT plant in Malaysia with a capacity of 14,700 barrels/day* and is also 
running Pearl GTL in conjunction with Qatar.^ This is the largest of such plants in 
operation with a production of up to 140,000 barrels/day. 

The catalysts used in FTS are usually late transition metals such as iron, cobalt, 
and ruthenium.^*’ These metals are active for the dissociation of CO, which is cru¬ 
cial for the consecutive hydrogenation reaction that leads to the formation of hydro¬ 
carbons. Of these metals, cobalt is widely studied because of its low cost, high 
CO conversion, and selectivity to higher hydrocarbons (such that it can be used 
for liquid fuels).^ The use of partially reducible oxides, such Mn 02 ,'’ V 2 O 5 ,’ and 
Ti 02 ,* as supports for metal catalysts has been shown to significantly improve the 
selectivity pattern compared with the conventional metal supports like Si 02 and 
Al 203 .^’* ® There is a growing trend for the use of carbon in various forms as a sup¬ 
port for FTS.'** Some studies have been published using activated carbon with a 
specific focus on Co," Fe,'^ or bimetallic Fe/Co. There are also a number of studies 
on the use of Mn as a promoter for cobalt on carbon nanotubes.The current 
study aims to investigate the activity of cobalt-manganese catalysts supported on 
activated carbon, with particular reference to the effect of the heat treatment step 
of the preparation. All the materials were characterized by N 2 adsorption using the 
Brauner Emmett and Teller (BET) method and x-ray diffraction (XRD) in order to 
relate their activity with physical properties. Thermal gravimetric analysis (TGA) 
and differential thermal analysis (DTA) were also performed. The aim of this study 
is to contribute to the understanding of the role of carbon when used as a support 
for Co-Mn bimetallic system for syngas conversion. 

1.2 EXPERIMENTAL 
1.2.1 Chemicals 

High-surface-area activated carbon (Norit A SUPRA EUR 94011-8) was obtained from 
the NORIT and used as received. Cobalt nitrate hexahydrate (Sigma Aldrich, 99.999%) 
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and manganese nitrate tetrahydrate (Sigma Aldrich, <98%), and ammonium hydrox¬ 
ide solution (ACS reagent, 28%-30% NHj basis. Sigma Aldrich) and absolute etha¬ 
nol (Fischer, analytical reagent grade) were used as purchased. The syngas mixture 
(47.5% CO, 47.5% Hj, 5% N 2 ) and product calibration standards were of analytical 
purity and purchased from British Oxygen Company (BOC). 


1.2.2 Catalyst Preparation 

In this study, the catalysts were synthesized using a wet impregnation method. The 
loadings of all catalysts were 40% metal by weight on activated carbon, with cobalt 
and manganese being present in a 1:1 molar ratio. The catalysts were prepared 
according to the following general method. Calculated amounts of cobalt nitrate 
Co(N 03 ) 2 - 6 H 20 and Mn(N 03 ) 2-41120 were each separately added to absolute etha¬ 
nol and stirred until dissolved. These solutions were then simultaneously added to 
a predetermined amount of high-surface-area activated carbon to give the desired 
loadings and catalyst metal ratios. This slurry was stirred in a crucible for 3 h prior 
to being covered and dried in air (16 h, 110°C). The dry powder was designated as 
the catalyst precursor. 

The precursor was then separated into five batches, which were heat-treated in a 
tube furnace at selected temperatures under flowing helium (30 mL/min, 4 h, heating 
ramp rate 5°C/min). The samples were allowed to cool to room temperature before 
being removed from the furnace. The dry powder is referred to as the catalyst. 

The temperatures selected for study were 400°C, 500°C, 600°C, 700°C, and 
800°C. Subsequent to this, a separate precursor batch was synthesized, and this 
material was similarly divided into hve smaller batches as before. These batches 
were heat-treated at 700°C, 725°C, 750°C, 775°C, and 800°C. A different prepara¬ 
tion vessel was used for these catalysts, which was later shown to have an impact on 
the activity and selectivity of the hnal catalysts. 

An investigation into heat treatment times was also conducted, with a similarly 
divided batch of precursor being heat-treated at 500°C for 4, 12, and 20 h. 


1.2.3 Thermal Analysis 

TGA and DTA were used to assess the physical changes occurring in the catalyst 
across a range of temperatures used in these experiments. An analysis was carried 
out using a Setaram Labsys TGA-DTA 1600 system. Both TGA and DTA were car¬ 
ried out in flowing nitrogen. A sample (21 mg) of the catalyst precursor was used. 
The sample was heated from 25°C to 800°C at a linear heating rate of l°C/min. 


1.2.4 SuREACE Area Measurements 

Measurements of surface areas were performed using Micromeritics (Gemini), 
in which measurements were taken using physisorption of nitrogen at liquid nitro¬ 
gen temperature. Before measurement, each sample was degassed for 1 h at 110°C 
under nitrogen. 
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1.2.5 Powder X-Ray Diffraction 

Powder XRD was used to identify the phases present in the catalysts. A diffractom¬ 
eter with a Cu Ka source operated at 40 keV and 40 mA was used to obtain the data. 
Phase identification was performed using the X’Pert High Score software and ICDD 
database of spectral patterns. 

1.2.6 Catalytic Activity 

The catalysts (0.5 g) were loaded into stainless steel fixed-bed reactors (diameter 14"). 
The catalysts were reduced in situ at 400°C for 16 h, in pure hydrogen (gas hourly 
space velocity [GHSV] = 600 h“')- The reactor was then cooled and pressurized up 
to the reaction conditions using a series of Swagelok back-pressure regulators. All 
catalysts were reacted under identical reaction conditions (CO/H 2 =l/l, T = 240°C, 
P = 6 bar, and GHSV = 600 ir^). 

1.3 RESULTS 

1.3.1 Thermal Analysis 

TGA and DTA were performed under flowing nitrogen using a sample of the catalyst 
precursor. The results of this analysis are displayed in Figure 1.1. 

The TGA shows a significant mass loss across the temperature range. This mass 
loss is slightly more rapid from the start of the experiment until a temperature of 
109°C, at which point the rate of mass loss decreases. This corresponds with an 
endotherm in the DTA, which peaks at 100°C. This is attributed to the removal of 
water from the catalyst precursor. The catalyst then undergoes a steady mass loss 
until a temperature of 650°C, by which point it has lost 37% of its initial mass. 


35 
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FIGURE 1.1 Graph showing mass loss of catalyst and differential heat flow with respect to 
temperature. 
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At 650°C, there is a sharp mass loss in the TGA accompanied by a significant endo- 
therm in the DTA. The mass loss at this temperature is in the range of 10%-12%, 
which is comparable to the mass that would be lost if CoO and MnOj were to be 
reduced to Co and MnO by reaction with the carbon support to form COj. The cal¬ 
culated mass loss for this reaction would be 10.86%. 

1.3.2 Powder X-Ray Diffraction 

XRD patterns were obtained for all heat treatment temperatures and times. Combined 
graphics of these results are displayed in Figures 1.2 through 1.4. 

In Figure 1.2, the species present are consistent with the patterns for MnOj, 
MnO, CoO, and Co metal. At lower temperatures, the catalyst appears to consist 
of MnOj and CoO, shifting to the reduced forms of both (i.e., MnO and Co) as 
temperatures increase. The material appears to be fully reduced to MnO and Co at 
temperatures of >600°C. The hkl planes for MnO are labeled in Figure 1.2e. The 
hkl planes for Co metal are labeled in Figure 1.2d. The peaks become much clearer 
and well defined at 700°C and 800°C, indicating an increase in either crystallinity 
or particle size. The relative intensity of the Co metal peaks also seems to increase. 
An increase in crystallinity is consistent with the endotherm seen in the DTA data, 
but does not explain the corresponding mass loss. A possible explanation is that 
both the auto reduction effect and an increase in crystallinity are occurring in the 
same temperature range. 

The phases observed differ significantly from literature on cobalt-manganese 
catalysts, wherein both species will be present in higher oxidation states, or as mixed 
metal oxides.''* However, it does link to discoveries by Coville et al.'^ who showed 
that cobalt supported on carbon nanospheres can undergo reduction during heat 



FIGURE 1.2 X-ray diffraction traces from catalysts prepared at different heat treatment 
temperatures, with hkl notation. Heat treatment temperatures: a, 400°C; b, 500°C; c, 600°C; d, 
700°C; e, 800°C. 
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FIGURE 1.3 X-ray diffraction traces of catalysts heat-treated between 700°C and 800°C. 
Heat treatment temperatures: a, 700°C; b, 725°C; c, 750°C; d, 775°C; e, 800°C. 



20 (degree) 


FIGURE 1.4 Graphic displaying overlaying x-ray diffraction patterns of catalysts prepared 
using different heat treatment durations. Heat treatment durations: a, 4 h; b, 12 h; c, 20 h. 


treatment in an inert atmosphere. However, Coville suggested that this occurred at 
480°C, whereas in this study it is observed at 600°C. This is due to the differences 
in the nature of the supporting carbon; Coville et al. use N-doped nanospheres with 
a different preparation method. 

It is considered that the cobalt-manganese species that take part in the FTS reac¬ 
tion are cobalt metal on MnO.''^'’'^'’ Usually a reduction step is needed to reach this 
point, but with these catalysts, it seems to have been formed after heat treatment 
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alone. This effect has been observed previously, and it was shown that the metal 
particles formed by this autoreduction effect have a different morphology to those 
formed by Hj reduction.'’ It was also observed that the structure of the carbon used 
can affect the temperature of this autoreduction effect by up to 200°C.'^ 

In Figure 1.3, the phases present are MnO and cobalt metal. The hkl planes of 
MnO are noted in Figure 1.3e. The hkl planes of Co metal are noted in Figure 1.3a. 
The relative intensity of the cobalt metal peaks appears to increase with increasing 
heat treatment temperature. Both the phases present and the intensity changes are 
consistent with previous data. 

There does not appear to be any significant compositional differences between 
the materials formed from the heat treatment of the catalyst precursors. It is pos¬ 
sible that the increased relative intensity of the cobalt metal reflections in the XRD 
patterns is indicative of the sintering of the metal particles, which would lower the 
dispersion and increase the cobalt particle size. Both of these factors are known to 
affect FT performance in cobalt catalysts.'^ 

In Figure 1.4, the catalysts display low crystallinity, resulting in broader XRD 
reflections. This is consistent with the patterns in Figure 1.2 for catalyst precursors 
heat-treated at 500°C. The reflections that can be discerned indicate the presence 
of Mn02 (101 reflection labeled) in the case of the 4 and 12 h heat-treated samples, 
although the precursor heated for 20 h also contains MnO and Co metal. 

1.3.3 Surface Area Measurements 

Surface area measurements of the catalysts after heat treatment were obtained 
using the BET method as described in Section 1.2. The results of this are shown in 
Tables 1.1 and 1.2. 


TABLE 1.1 

BET Surface Area Measurements of Catalysts 
after Heat Treatment 


Catalyst Heat Treatment 

Surface Area (m^/g) 

Temperature (°C) 

After Heat Treatment 

400 

448 

500 

433 

600 

469 

700 

438 

700“ 

404 

725“ 

184 

750“ 

176 

775“ 

189 

800“ 

156 

800 

178 


Catalysts prepared from different precursor batch. 
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TABLE 1.2 


Surface Area Measurements of Catalysts Prepared 
with Varying Heat Treatment Durations 


Surface Area (m^/g) 


Heat Treatment Time (h) 


After Heat Treatment 

449 

431 

355 


4 

12 

20 


In Table 1.1, the BET results show a marked loss in surface area for samples 
heated between 700°C and 725°C, although the surface areas before and after this 
event remain broadly stable. This is not consistent with the endotherm seen in the 
DTA results (650°C), nor is it consistent with the autoreduction of the CoO and 
Mn 02 to form Co and MnO. This phenomenon appears to be a loss of surface area 
that does not correspond to a significant loss of mass or phase change. 

In Table 1.2, there is a definite trend of decreasing surface area with increasing 
heat treatment duration. This is a more gradual trend than shown by changes in heat 
treatment temperature. 

1.3.4 Fischer-Tropsch Synthesis Reaction 

The changes observed in the conversion and selectivity with respect to the heat treat¬ 
ment temperature are shown in Tables 1.3 and 1.4, Figures 1.5 and 1.6. 

Table 1.3 and Figure 1.5 show a definite trend of decreasing CO conversion with 
increasing heat treatment temperature. This change is particularly pronounced for 
catalyst precursors heat-treated between 400°C and 500°C and between 700°C and 
800°C. The products of the reaction are predominantly C 2 -C 4 , which is in agree¬ 
ment with literature stating that manganese promotes light olefin production.^® An 
increase in C 5 - 1 - products was also observed with increasing heat treatment tem¬ 
perature, along with a decrease in CO 2 selectivity. Other product selectivities have 
remained broadly the same for these catalysts. No directly corresponding literature 
study on this trend was found; heat treatment temperature studies have been per¬ 
formed for other catalysts,''‘‘'’^' but not carbon-supported Co-MnO. Higher tempera¬ 
tures are usually avoided due to the tendency of Co to form new mixed phases with 
the supporting metal oxide, which is not an issue for these catalysts. 

Table 1.4 and Figure 1.6 display a significant loss of CO conversion between the 
heat treatment temperatures of 700°C and 725°C, although the product selectivities 
are similar. This is consistent with the previous data in which only small changes in 
selectivity were observed across a wide temperature range. 

The results for this series of experiments involving changes in heat treatment time 
are displayed in Table 1.5 and Figure 1.7. 

In Table 1.5 and Figure 1.7, the catalysts show a decrease in CO conversion with 
an increase in duration of heat treatment. The selectivities of the catalysts remain 
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TABLE 1.3 

Conversion and Selectivity Data for Catalysts Prepared 
with Different Heat Treatment Temperatures 
Heat Treatment 


Temperature (°C) 

CO Conversion (%) 

400 500 600 

66.42 52.4 52.29 

Product Selectivities (%) 

700 

48.08 

800 

26.5 

CH 4 

3.04 

3.2 

3.92 

2.49 

1.79 

C 2 H 4 

0.87 

0.9 

0.36 

1.25 

1.88 

C 2 H 6 

6.37 

6.5 

4.85 

3.69 

4.17 

C 3 H, 

20.28 

22.9 

21.53 

22.37 

22.24 

C 3 H, 

6.83 

7.8 

8.58 

4.6 

5.39 

C 4 H 8 

18.09 

19.3 

18.09 

20.34 

19.28 

C4H1Q 

2.85 

3.4 

5.44 

4.15 

4.83 

C 5 + 

26.36 

26.1 

29.65 

33.87 

35.49 

CO 2 

15.33 

9.9 

7.58 

7.24 

4.92 


Catalyst test condition: COiHj 1:1, temp. 240°C, mass 0.5 g, GHSV 600 h"*. 


TABLE 1.4 

Conversion and Selectivity Data for Catalysts Prepared 
with Different Heat Treatment Temperatures 
Heat Treatment 


Temperature (°C) 

CO Conversion (%) 

700 725 

37.7 7.7 

Product Selectivities (%) 

750 

9.8 

800 

3.63 

CH 4 

15.2 

13.45 

12.05 

12 

C 2 H 4 

0.7 

2.94 

1.4 

2.0 

CzH, 

6.6 

3.46 

3.64 

4.17 

C 3 H 6 

21.0 

20.7 

21.2 

20.75 

C 3 H 8 

5.6 

3.46 

4.4 

4.48 

C 4 H, 

14.3 

13.1 

13.35 

12.5 

C4H,„ 

3.6 

2.95 

3.75 

3.6 

C 5 + 

30.2 

37.1 

35.8 

35.1 

CO 2 

2.9 

1.8 

2.3 

1.1 


Catalyst test condition: CO:H 2 1:1, temp. 240°C, mass 0.5 g, GHSV 600 h"*. 
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FIGURE 1.5 Bar chart for comparison of catalysts prepared with different heat treatment 
temperatures. 
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FIGURE 1.6 Bar chart for the comparison of catalysts prepared with the variation of heat 
treatment temperatures between 700°C and 800°C. 


broadly unchanged, although the catalyst precursor heat-treated for 20 h displays 
markedly lower COj selectivity and increased selectivity to CjH- products. 

1.4 DISCUSSION 

There appears to be a number of separate effects occurring as the heat treatment 
parameters are changed. TGA data indicates that there is a continuous loss of mass 
across the entire temperature range from 25°C to 650°C. The XRD result ascertains 
that this mass loss is only partially related to changes in the metal oxides, as, while 
the reduced phases seem to he formed at increasing temperatures, the materials 
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TABLE 1.5 

Conversion and Selectivity Data for Catalysts 
Prepared with Different Heat Treatment Durations 


Heat Treatment Duration (h) 

4 

12 

20 

CO Conversion 

53.3 

48.27 

45.42 

Product Selectivities (%) 



CH 4 

1.3 

1.46 

1.17 

C 2 H 4 

0.5 

0.53 

1.09 

C 2 H, 

5.4 

5.46 

4.28 

C 3 H, 

19.6 

19.9 

22.06 

C 3 H 8 

7.3 

7.08 

6.07 

C 4 H 8 

19 

19.2 

19 

C 4 H 10 

4.8 

4.6 

5.46 

C 5 + 

31.7 

31.39 

37.08 

CO 2 

10.5 

10.36 

3.79 


Catalyst test condition: COiHj 1:1, temp. 240°C, flow rate 5 mL/min, 
mass 0.5 g, GHSV 600 h"*. 


60 



FIGURE 1.7 Graph displaying trends in conversion and selectivity for catalysts prepared 
with different heat treatment times. 

heat-treated for longer durations display highly similar patterns. It is likely to also he 
linked to changes in the carhon support. Changes in the carbon structure cannot be 
measured by XRD due to the amorphous nature of the material. 

At 650°C, there is a marked decrease in mass registered by TGA, with a corre¬ 
sponding sharp endotherm in the DTA. This can be linked to an increase in either 
crystallite size or particle crystallinity, as shown by the increased peak definition and 
intensity in XRD. However, there is no change in surface area at this temperature. 

































12 


Fischer-Tropsch Synthesis, Catalysts, and Catalysis 


nor is there a change in the catalyst activity or selectivity pattern for the FTS reac¬ 
tion. These discrepancies could be due to the tested catalysts being heat-treated in 
helium, which displays different thermal properties and purity when compared to the 
nitrogen used for TGA and DTA. 

At a temperature of between 700°C and 725°C, there is a marked decrease in 
the surface area and a corresponding loss of catalyst activity. There is no equivalent 
mass loss shown by TGA, nor is there any major change in the XRD patterns beyond 
the formation of a minor phase with a reflection at 27°. There are also no notable 
changes in the selectivity patterns of the catalysts when tested. 

From these observations, it can be concluded that the surface area of the catalyst 
is an important factor in determining its activity toward CO conversion. Flowever, 
this does not have an equivalent impact upon the selectivity patterns. The length of 
heat treatment is a more significant factor in the loss of surface area than heat treat¬ 
ment temperature below 650°C. 

The autoreduction of the metals appears to happen gradually at lower tempera¬ 
tures, with the material being reduced to Co and MnO completely by 700°C. This 
phase change does not appear to have an impact on the activity or selectivity of the 
catalyst. This may be due to the use of a reduction step prior to reaction testing, as all 
the materials would be reduced to Co and MnO at the time of testing. 

1.5 CONCLUSIONS 

Overall, it can be concluded that alterations to the heat treatment parameters do not 
affect the selectivity patterns of cobalt-manganese catalysts supported on activated 
carbon. 

Alterations to the heat treatment temperatures do affect the activity of cobalt- 
manganese catalysts supported on activated carbon. This appears to be linked to the 
reduction of the surface area of the material. Since both higher temperatures and 
longer heat treatment durations have a negative impact upon the surface area (and 
thus activity), it can be concluded that the highest activity is given by shorter, lower- 
temperature heat treatment steps. 
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Two unpromoted iron carbides, Hagg (x-Fe 5 C 2 ) and cementite (B-FejC), were inves¬ 
tigated for Fischer-Tropsch synthesis (FTS). Both iron carbides oxidized to Fe 304 
during FTS. Hagg carbide initially exhibited both higher FTS and water-gas shift 
(WGS) activity compared to cementite under similar reaction conditions. However, 
Hagg carbide deactivated faster than cementite, although the FTS activities of both 
catalysts leveled off at about the same productivity after a period of time on stream. 
Comparing at similar CO conversion levels, Hagg carbide displayed slightly higher 
methane selectivity compared to cementite. The fraction of FTS to WGS activity 
increased with increasing time on stream for the Hagg carbide, but the fraction 
remained nearly constant in the case of cementite. The observed FTS and WGS activ¬ 
ity correlated to the percentage of carbide content in the FT catalysts, indicating that 
carbide is the active form of Fe for both FTS and WGS reactions. 

Keywords: Fischer-Tropsch synthesis. Iron carbide, Hagg carbide, Cementite, 
Water-gas shift 
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2.1 INTRODUCTION 

Fischer-Tropsch synthesis (FTS) is the reaction of carhon monoxide and hydrogen to 
form hydrocarbons using either an iron or cohalt catalyst that produces a wide range 
of products, mainly paraffins and olefins. Iron-hased Fischer-Tropsch synthesis 
(Fe-FTS) has been considered a viable process for obtaining high-quality transpor¬ 
tation fuels from coal- or biomass-derived synthesis gas due to its intrinsic water-gas 
shift (WGS) activity.' Surface carbidic iron species are believed to be the active 
phase, and this has been true ever since the earliest Fe-FTS studies appeared in the 
open literature.^"'' Several detailed characterization studies on the use of Fe-FTS 
catalysts suggest that the iron may consist of a mixture of iron carbides (e-FejC/e'- 
Fe 2 2 C, Fe 7 C 3 , x-Fe 5 C 2 , and 9 -Fe 3 C), metallic iron, and iron oxide (Fe 304 ); never¬ 
theless, the exact role of each carbide phase of Fe in the catalytic reaction remains 
unclear. 

Five different iron carbide phases may form during activation by carburization 
and FTS: Hagg carbide (/-Fe 5 C 2 ), pseudohexagonal iron carbide (e'-Fe 2 2 C), hexag¬ 
onal iron carbide (e-Fe 2 2 C), Eckstrom-Adcock iron carbide (Fe 7 C 3 ), and cementite 
( 6 -Fe 3 C). The extent to which each carbide persists under FTS conditions depends 
on factors such as the method of activation,"*" reaction conditions, and iron catalyst 
composition.'^ Due to the differences in structure and morphology, each iron car¬ 
bide phase may behave differently under FTS conditions. Earlier, FTS conducted 
over a Hagg iron carbide catalyst'^ displayed a rapid loss of FTS activity at 21.4 atm 
that was mainly due to oxidation of iron carbide, resulting in losses of the carbide 
phase. Later, this group used cementite as a catalyst''' and reported that cementite 
was more active and oxidized less rapidly than Hagg carbide. In those studies, 
however, no direct comparison was made between the two different carbides.'^ ''' 
A typical Fe-FTS catalyst often contains additives such as AI 2 O 3 , Si 02 , Mn 02 , or 
other metal oxides that serve in part as structural stabilizers, as well as copper, 
alkali, and alkaline earth metals, which facilitate reduction or carburization and 
help to maintain iron in the carbidic state. The distribution of Fe carbides may 
impact activity and selectivity of FTS, and investigation of this issue is challenging. 
Few publications thus far have reported performance comparisons among different 
types of iron carbides (e.g., Hagg [/-Fe 5 C 2 ] and cementite [ 6 -Fe 3 C]) without the 
complication of additives in the catalyst formulation.'^ '® The aim of the current 
contribution is to examine the activity, selectivities, and stability of Hagg /-Fe 5 C 2 
and cementite 9 -Fe 3 C carbides without the presence of additives under commer¬ 
cially relevant FTS conditions. 


2.2 EXPERIMENTAL 
2.2.1 Catalyst Preparation 

Iron oxide (a-Fe 203 ) was used as a starting material for synthesizing Hagg and 
cementite iron carbides. The iron oxide catalyst was prepared by continuous precipi¬ 
tation from aqueous solutions of Fe(N 03)3 • 9 H 2 O (Sigma Aldrich, 98%) and concen¬ 
trated ammonium hydroxide (39 wt%) at a pH of 10. The precipitate was thoroughly 
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washed with deionized water and dried at 120°C overnight and then calcined in a 
muffle furnace at 400°C for 6 h. Hagg carbide was prepared by carbiding 15 g of 
a-FejOj (40-100 pm) in a CO flow (30 vaLlg^J\\) at 300°C for 24 h and then cooling 
to room temperature in a flow of CO. The O-FejC was prepared using the same 
procedure, except the sample was heated at 450°C for 24 h. The resulting mate¬ 
rial was transferred to a glass vial that already contained 60 g of melted Polywax 
(Mw = 3000) under nitrogen atmosphere. The catalyst thus became encapsulated in 
solid wax (catalyst slurry) upon cooling, and from this, a small portion was pre¬ 
served for the purpose of characterization, while the rest of the bulk of catalyst slurry 
sample was transferred to a 1 L CSTR for catalytic testing. 

2.2.2 Catalyst Characterization 

The surface area was measured using the BET method, while the total pore volume 
and the average pore size were calculated from the nitrogen desorption branch apply¬ 
ing the Barrett-Joyner-Halenda (BJH) method. BET and BJH adsorption measure¬ 
ments were carried out using a Micromeritics Tri-Star system on both the a-Fe 203 
and passivated Hagg and cementite carbide samples. Prior to measurements, the 
samples were evacuated at 160°C to approximately 50 mTorr for 4 h. 

Powder x-ray diffraction (XRD) was carried out on the passivated Hagg and 
cementite carbide samples using a Philips X’Pert diffractometer with monochro¬ 
matic Cu radiation (X = 1.5418 A). A scan rate of 0.017step and a scan time 
of 90 s/step over a 20 range of 30°-80° were used. Iron phases were identified by 
comparing diffraction patterns of the catalyst samples with those in the standard 
powder XRD file compiled by the JCPDS and published by the International Center 
for Diffraction Data. Morphology of the freshly passivated Hagg and cementite 
carbide samples was studied by scanning electron microscopy (SEM). A Phillips 
SEM-505 scanning electron microscope operating at 300 kV in SE display mode 
was also used for SEM micrographs. Eor characterization prior to analysis, the 
samples were gold coated in a sputter coating unit (Edwards Vacuum Components 
Ltd., Sussex, England). 

Mossbauer spectra were collected in transmission mode by a standard constant 
acceleration spectrometer (MS-1200, Ranger Scientific). A radiation source of 
50 mCi ^’Co in Rh matrix was used, and the spectra were obtained using a gas 
detector. All samples were investigated at room temperature (25°C), typically over a 
velocity range of ±10 mm/s. The structural analysis of the samples was done by least- 
squares fitting of the Mossbauer spectra to a summation of hyperfine sextets. Details 
about the least-squares fitting procedure are described elsewhere.'^ 

2.2.3 Reaction Testing 

ETS experiments were carried out using a 1 L CSTR equipped with a magnetically 
driven stirrer with turbine impeller, a gas inlet line, and a vapor outlet line with an 
SS fritted filter (2 pm) placed external to the reactor. A tube fitted with an SS fritted 
filter (0.5 pm) extending below the liquid level of the reactor for withdrawing reactor 
wax (i.e., rewax) was used to maintain a nearly constant liquid level in the reactor. 
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Another SS dip tube (1/8 in. OD), extending to the bottom of the reactor, was used 
to withdraw catalyst/wax slurry from the reactor at different synthesis times. The 
gases were premixed in a 500 mL mixing vessel before entering the reactor. Poly wax 
3000 (polyethylene fraction with average molecular weight of 3000), purchased from 
Baker Petrolite, Inc., was used as the start-up solvent. 

The externally pretreated catalyst slurry sample was transferred to a 1 L CSTR. 
FTS was conducted at 270°C, 175 psig, and 3.0 nL/g,,j,j h space velocity at differ¬ 
ent Hj/CO ratios (1.0, 0.5, 1.5). The conversions of CO and Hj were obtained by 
GC analysis (HP Quad series Micro-GC equipped with thermal conductivity detec¬ 
tors) of the product gas mixture. The reaction products were collected in three traps 
maintained at different temperatures—a hot trap (200°C), a warm trap (100°C), and 
a cold trap (0°C). The products were separated into different fractions (rewax, wax, 
oil, and aqueous phases) and analyzed separately using an HP 5890 GC with capil¬ 
lary column DB-5 for oil and wax samples and an HP 5790 GC with Porapak Q 
packed column for aqueous samples. Rewax is defined as the accumulated heavier 
hydrocarbon product that is withdrawn periodically from the reactor through an SS 
fritted 0.5 pm filter by means of a pressure letdown valve. The wax, on the other 
hand, is defined to be hydrocarbon products obtained during FTS that are collected 
in a warm trap at 100°C. Catalyst/rewax slurry was withdrawn at different reaction 
times via the dip tube after sufficient purging. In a typical catalyst slurry sampling 
procedure, about 10 g of catalyst slurry was purged and discarded, and then 5-7 g of 
catalyst slurry was collected as a representative sample from the reactor. The sample 
bottles containing the catalyst slurry were hlled with inert gas (Ar) and shipped to 
Wichita State University for Mdssbauer spectroscopy analysis. 

2.3 RESULTS AND DISCUSSION 

The results of textural characterization of hematite (a-FejOj) and iron carbide sam¬ 
ples are shown in Table 2.1. The surface area of the precipitated iron oxide was 
46.1 mVg. However, following pretreatment with CO at 300°C for Hagg and 450°C 
for cementite carbides, the surface areas were 21.2 and 8.2 m^/g, respectively. 
Similarly, the total pore volume of the iron carbide samples (/-FejCj, O-FejC) 


TABLE 2.1 

BET Surface Area and Porosity Characteristics of Hematite 


and Iron Carbides 

Carburization 

Bulk Catalysts Temperature (°C) 

BET SA (mVg) 

Total Pore 
Volume (cm^/g) 

Average Pore 
Radius (nm) 

a-Fe203 

— 

46.1 

0.208 

9.0 

Z-FesCj" 

300 

21.2 

0.129 

12.2 

e-FejC-* 

450 

8.2 

0.021 

5.1 


Carburized samples were passivated under flowing 1% O 2 in a temperature of 25°C for BET 


measurement. 
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decreased. The average pore radius of the Hagg carbide sample increased from 
9.0 to 12.2 nm; however, cementite carbide had an average pore radius of 5.1 nm. 
This difference in the pore radius between Hagg and cementite carbides could 
partly be due to the greater degree of carbon deposition on the cementite catalyst, 
since it was carburized at a higher temperature; this could lead to lower average 
pore radius compared to Hagg carbide. 

The XRD patterns of the a-Fe 203 samples pretreated under CO flow at 300°C 
(Hagg) and 450°C (cementite) are shown in Figure 2.1. The sample pretreated in 
CO flow at 300°C indicates lines characteristic of the Hagg carbide phase (JCPDS: 
36-1248). On the other hand, treatment of the catalyst in CO flow at 450°C for 
a-FcjOj yields lines mainly characteristic of cementite carbide (JCPDS: 36-0772). 




FIGURE 2.1 X-ray diffraction patterns of the carbides of Fe after CO activation: (a) x-Fe 5 C 2 , 
(b) 0-Fe3C and subsequent passivation using 1% O 2 at a temperature of 25°C. 
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However, the presence of other carbides and even a small amount of metallic iron in 
these samples cannot be completely ruled out. Line broadening analysis using Winfit 
software revealed that the average diameter of Hagg carbide domains was 20 nm, 
whereas the average diameter of cementite domains was in the range of 40-60 nm. 
du Plessis indicated that the synthesis of pure Hagg carbide is always accompa¬ 
nied by some cementite phase due to differences in the particle sizes of iron oxide, 
the presence of impurities, and pretreatment conditions.'^ Mossbauer spectroscopy 
was used to follow iron phase transformations during FTS. The relative percentages 
of iron compounds for the freshly carburized catalyst and the catalyst at various 
times during FTS are provided in Figure 2.2. The sample pretreated in a CO flow 
at 300°C exhibits 73% x-Fe 5 C 2 and 27% B-FejC, while the sample treated in a CO 
flow at 450°C showed that a greater fraction of cementite carbide was present (74%). 
These observations reveal that iron catalysts pretreated at different temperatures 



0 too 200 300 400 500 

(b) TOS (h) 

FIGURE 2.2 The change in iron phase compositions of (a) x-Fe 5 C 2 and (b) B-FejC during 
Fischer-Tropsch synthesis obtained from Mossbauer spectroscopy at 25°C. 
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may contain a primary carbide phase with a minor contribution from a different iron 
carbide phase (or phases). The results suggest that many of the earlier studies, which 
reported the preparation of a pure single phase, may not have been as pure as was 
previously thought, due to the use of XRD to define the phases that were present. 
XRD is limited to the detection of phases with sufficient long-range order. 

SEM analyses of the freshly carburized and passivated Hagg and cementite car¬ 
bide samples are shown in Figures 2.3 and 2.4. The elemental composition of the 
selected region (Figure 2.3a, rectangle) of the Hagg carbide particle was analyzed 
by EDX, and the results are shown in Figure 2.3b. Elemental analysis of the Hagg 
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FIGURE 2.3 (a) Scanning electron microscopy images of the microstructure of x-Fe 5 C 2 ; 

(b) EDX spectra were taken at the location marked by a rectangle. 
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FIGURE 2.4 (a) Scanning electron microscopy images of the microstructure of 0-Fe3C; 

(b) EDX spectra were taken at the location marked by a square. 

carbide sample indicates the presence of Fe, carbon, and trace amounts of oxygen. 
The indication of oxygen is likely due to a mild oxidation of the iron surface, as 
the freshly carburized catalyst was exposed to a passivating atmosphere. Figure 2.4 
shows the SEM image of the freshly carburized and passivated cementite carbide 
sample. The intensity of the carbon peak appears to be higher than that of iron, and 
a peak indicating a trace amount of oxygen is also present. This indicates that the 
freshly carburized cementite sample contains a higher percentage of carbon com¬ 
pared to the Hagg carbide. This is likely due to the higher temperature of carburiza¬ 
tion for synthesizing cementite carbide compared to Hagg carbide, and this more 
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FIGURE 2.5 Effect of carbide phases of Fe on CO conversion versus time on stream during 
Fischer-Tropsch synthesis at various syngas ratios. 


severe condition leads to more carbon being deposited in the case of cementite rela¬ 
tive to that of the Hagg carbide sample. 

The CO conversion data as a function of time on stream for FTS over the two 
iron carbides (/-Fe 5 C 2 and 0 -Fe 3 C) at different Hj/CO ratios are shown in Figure 2.5. 
The Hagg carbide (/-Fe 5 C 2 ) catalyst initially displays a higher CO conversion, with 
an activity almost twice that of cementite carbide. However, Hagg carbide /-Fe 5 C 2 
deactivated more rapidly than cementite under similar reaction conditions. This was 
true not only initially, where the Hj/CO ratio was 1.0, but also later, after the H 2 /CO 
ratio was adjusted to 0.5. To that point, the comparison may be complicated by dif¬ 
ferences in CO conversion level. But, after 300 h of TOS, both iron carbides had very 
similar conversions. At this point, the H 2 /CO ratio was switched again, this time to 
1.5. Even starting at a similar CO conversion level, the Hagg carbide catalyst was 
less stable than cementite, decreasing from -50% to -37% in 100 h while cementite 
remained at close to 50% with only a slight decrease over the same time period. 

Figure 2.6 shows the effect of CO conversion on the selectivity to CH4, C2-C4, and 
CO 2 for Hagg and cementite carbides. Hagg carbide produces relatively more methane 
compared to cementite under similar CO conversion levels. The methane selectivity 
for the FTS products obtained using Hagg and cementite carbides decreased with 
increasing CO conversion irrespective of syngas feed ratio. In the case of selectivity to 
C 2 -C 4 and CO 2 , Hagg and cementite carbides follow a very similar trend in which the 
selectivity increased with increasing CO conversion. A comparison of methane selec¬ 
tivity and the chain growth probability factor (a), calculated based on carbon num¬ 
bers ranging from C 5 to C 20 for Hagg and cementite carbides, is shown in Figure 2.7. 
At similar H 2 /CO ratios, Hagg carbide produces more methane compared to cement¬ 
ite, and, consistent with this observation, the a-value calculated based on data for car¬ 
bon numbers ranging from C 5 to C 20 for Hagg carbide is lower than that of cementite. 
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FIGURE 2.6 Effect of CO conversion on Fischer-Tropsch synthesis (FTS) product selectivity, 
(a) CH 4 , (h) C 2 -C 4 , and (c) CO 2 for Fe-FTS over x-Fe 5 C 2 and 0 -Fe 3 C carbides. 









FTS: Activity and Selectivity of Fe Carbides 


25 



(b) Hj/CO 

FIGURE 2.7 (a) Effect of nature of the iron carbides on methane selectivity and (b) chain 

growth probability obtained during Fischer-Tropsch synthesis. 


Figure 2.8 shows that the FTS fraction of the CO conversion for Hagg carbide 
increases with increasing time on stream. In contrast, cementite carbide exhibited 
a relatively steady value (0.725-0.740) over a similar time period. At least, a part of 
this could be associated with the deactivation of the iron carbide catalysts under FTS 
conditions since the fraction of FTS decreases as CO conversion increases. 

The chain growth probabilities of paraffins and olehns calculated for Hagg car¬ 
bide are relatively low compared to cementite carbide at different Hj/CO ratios. The 
olehnic selectivity for these catalysts also supports the view that Hagg carbide has 
more hydrogenation activity that leads to the formation of more methane and less 
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FIGURE 2.8 Effect of carbide phases of Fe on Fischer-Tropsch synthesis to water-gas shift 
selectivity at various syngas ratios. 



olefinic hydrocarbons compared to cementite carbide. Figure 2.9 shows a compari¬ 
son of olefinic selectivity (C„=/C„=H-C„) for C 2 , C 3 , and C 4 for Hagg and cementite car¬ 
bides. Cementite carbide produces relatively higher olefinic hydrocarbons at lower 
Hj/CO feed ratio (0.5) compared to Hagg carbide for similar CO conversion levels. 
However, olefin selectivity remains more or less the same for both carbides at higher 
CO conversions at the higher H 2 /CO ratio (1.0 and 1.5). 

In order to evaluate the role of iron carbides on FTS and WGS activity under 
FTS conditions, freshly activated catalyst samples and catalyst samples collected 
during FTS were characterized by Mbssbauer spectroscopy; the data are plotted in 
Figure 2.2. The freshly carburized Hagg carbide sample contained 73% x-Fe 5 C 2 and 
27% 0 -Fe 3 C. On the other hand, the freshly carburized cementite sample contained 
74% 0 -Fe 3 C and 26% x-Fe 5 C 2 (Figure 2.2). Thus, both freshly carburized iron car¬ 
bide samples contained nearly 25% of another iron carbide phase as impurity as 
a minor component. The iron catalyst slurry samples, withdrawn before changing 
reaction conditions, were analyzed, and the data indicate that a fraction of the iron 
carbide oxidized to Fe 304 under FTS conditions. It is known that the unpromoted 
iron carbide catalyst deactivates due to oxidation of iron carbides.'^ However, the tra¬ 
jectories of oxidation appear to differ, as shown in Figure 2.2, for the two carbides, 
with about 50% of the 0 -Fe 3 C rapidly oxidizing to Fe 304 followed by a stabilization 
of the composition. At the same time, FTS selectivity remained essentially constant 
(Figure 2.6). On the other hand, x-Fe 5 C 2 continued to oxidize with time on stream. 
Thus, at least for the case of unpromoted iron carbides, the two phases exhibit differ¬ 
ent tendencies toward oxidation. 

O’Brien et postulated that sintering is a main cause of deactivation for a 
catalyst that does not contain a structural promoter and that accumulation of insol¬ 
uble carbonaceous deposits on the catalyst surface may also be a problem. In the 
current context, however, in both cases, a fraction of iron carbide was oxidized to 
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(c) CO conversion rate (mol/h/g^jij) 


FIGURE 2.9 Effect of CO conversion rate on olefin selectivity for iron-based Fischer- 
Tropsch synthesis over x-Fe 5 C 2 and B-FejC carbides (in brackets, Hj/CO ratio), (a) C 2 , (b) C 3 , 
and (c) C4. 
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FIGURE 2.10 Effect of iron carbide composition on (a) Fischer-Tropsch synthesis and 
(b) water-gas shift activity of Fe catalysts. 


Fe 304 , but only the Hagg carbide catalyst displayed significant deactivation over 
the time period tested; the predominantly cementite catalyst was much more stable. 
Remember that at first, there are significant differences in CO conversion and this 
alone may cause differences in stability. However, later on, the catalysts achieve 
similar CO conversion levels, but the Hagg carbide continues to deactivate at a more 
rapid rate. Hence, it can be concluded that the stability of the iron catalyst toward 
FTS is dependent not only on factors such as the iron carbide phases but also on 
other structural promoters as well as the amount surface carbon deposited during the 
course of FTS. Figure 2.10 shows a comparison of iron carbide compositions versus 
FTS and WGS rates. Both carbides exhibit a linear correlation between FTS and 
WGS activity and the carbide phase, indicating that iron carbides, irrespective of the 
phase, have intrinsic FTS and WGS activity. Also, this suggests that the iron carbide 
is a common site and is responsible for both reactions. 
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2.4 CONCLUSIONS 

The iron oxide carburized at higher temperature (450°C) yields more cementite and 
has shown a constant CO conversion that contrasts to Hagg carbide that was pre¬ 
pared by pretreating Fe 203 under flowing CO at a lower temperature (300°C). Hagg 
carbide exhibits a higher initial CO conversion than cementite carbide under similar 
FTS testing conditions. At similar CO conversion, Hagg carbide displayed higher 
methane selectivity and lower selectivity for CsH- hydrocarbons. Both iron carbides 
oxidized to Fe 304 while exposed to synthesis conditions, albeit with different trajec¬ 
tories. Differences in initial FTS activity and olefinic selectivity observed between 
the two iron carbides appear to be intrinsic in nature. Iron carbide is a common site 
for both FTS and WGS reactions. 
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3.1 INTRODUCTION 

Fischer-Tropsch synthesis (FTS) is a reaction that converts coal, natural gas, or 
biomass-derived syngas into long-chain hydrocarbons. This process has gained 
increasing attention recently, due to limited petroleum resources and increasing oil 
price.' Cobalt-based catalysts are widely used and studied. They offer low application 
temperatures, high selectivities for CjH- products, and low water-gas shift activity.2“'’ 
The active sites for FTS are known to be situated on metallic cobalt phase; there¬ 
fore, the catalytic activity is a function of both dispersion and cobalt reducibility.^ ’-* 
In order to improve dispersion of cobalt species, cobalt precursors are preferentially 
dispersed on porous materials such as SiOj,^ AljOj,'" and TiOj." 


31 















32 


Fischer-Tropsch Synthesis, Catalysts, and Catalysis 


In recent years, metal aluminates with spinel structure have attracted consider¬ 
able attention due to their outstanding characteristics, such as high thermal stability, 
high chemical stability, and high mechanical strength and resistance to hydrophobic- 
ity 12-19 Among them, ZnAl 204 spinels were used as supports of noble metal-based 
catalysts, and their catalytic performances had gained considerable interestsd^"'^-'^'^® 
Sirikajorn et aid'* have investigated the influence of crystallite size of ZnAl 204 
spinels on the catalytic performance of Pd-based catalysts in liquid-phase hydro¬ 
genation of 1-heptyne. Higher Pd dispersion, stronger interaction between Pd and 
the support, and thus higher activity and less deactivation were observed on larger 
ZnAl 204 crystallite-supported catalysts. Ballarini et al.'^ also reported that the 
ZnAl 204 -supported Pt catalysts presented good activity and product selectivity in 
the reaction of n-butane dehydrogenation. 

The extensive application of ZnAl 204 is limited, due to its low speciflc surface 
area and unfavorable porosity relative to commonly used supports.'^ Nanocrystalline 
ZnAl 204 spinels with higher surface area have been reported;'*-^® good catalytic 
performance was observed on these catalysts. However, there are few reports on 
the effect of ZnAl 204 morphologies on catalyst performance, and the application of 
ZnAl 204 in FTS has not been reported. 

In this work, nanostructured zinc aluminates with controllable morphologies 
(nanosheets, nanorods, and nanograins) were synthesized and used as the supports 
for cobalt-based FTS catalysts. The objectives are to obtain ZnAl 204 spinels with 
high surface area and good pore structure and to investigate the effect of the mor¬ 
phology of ZnAl 204 crystallites on the catalytic performance in FTS. Various char¬ 
acterizations as well as FTS tests in fixed-bed reactor were employed to provide an 
in-depth information about the structure-activity relationship of catalysts. 

Keywords: Fischer-Tropsch synthesis. Cobalt-based catalyst. Zinc aluminate, Support 
morphology 

3.2 EXPERIMENTAL 

3.2.1 Support Preparation and Cobalt Loading 

Hydrated aluminum nitrate and hydrated zinc nitrate were used as aluminum source 
and zinc source, respectively. The detailed synthesis procedures of ZnAl 204 spinels 
with different morphologies, for example, nanosheets, nanorods, and nanograins, are 
listed as follows. 

ZnAl 204 in the form of nanosheets (12 g A 1 (N 03 ) 3 - 9 H 20 and 4.76 g Zn(N 03 ) 2 - 6 H 20 ) 
was dissolved in 100 mL deionized water under stirring. Next, 4.8 g CH 4 N 2 O was 
added, and the solution was transferred into a 100 mL tetrafluoroethylene-sealed tank 
and kept at 473 K for 24 h. The obtained white suspension was filtered and washed 
thoroughly by deionized water and ethanol. The solid was then dried at 383 K for 12 h 
and calcined at 923 K for 6 h. The obtained ZnAl 204 material was denoted as NS. 

ZnAl 204 in the form of nanorods (12 g A 1 (N 03 ) 3 - 9 H 20 and 4.76 g Zn(N 03 ) 2 - 6 H 20 ) 
was dissolved in 100 mL deionized water and kept stirred for 0.5 h, and then an aque¬ 
ous solution of ammonia was added to adjust the pH value of the solution up to 8 . 
The milk white suspension was transferred into a 100 mL tetrafluoroethylene-sealed 
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tank and kept at 473 K for 24 h. The following synthesis steps were the same as those 
in the preparation of NS. The obtained ZnAl 204 material was labeled as NR. 

ZnAl 204 in the form of nanograins (12 g A 1 (N 03 ) 3 - 9 H 20 and 4.76 g Zn(N 03 ) 2 ' 6 H 20 ) 
was dissolved in 100 mL deionized water and was stirred for 0.5 h, and then an aque¬ 
ous solution of ammonia was added to adjust the pH value of the solution up to 8. 
The mixture was stirred for another 0.5 h and aged for 24 h. The obtained white 
suspension was filtered and washed thoroughly by deionized water and ethanol. The 
solid was then dried at 383 K for 12 h and calcined at 923 K for 6 h. The obtained 
ZnAl 204 material was marked as NG. 

Cobalt was deposited on the supports by incipient wetness impregnation using 
solutions containing a desired amount of cobalt nitrate. The samples were dried at 
393 K for 12 h and then calcined at 623 K in air for 5 h, with a ramping rate of 
2 K/min. The catalysts were labeled as Co-NS, Co-NR, and Co-NG, respectively. 
The nominal loading of cobalt in these three catalysts was 10 wt.%. 

3.2.2 Characterization 

The Brunner Emmet Teller (BET) surface area, pore volume, and pore size distribu¬ 
tion were estimated from nitrogen adsorption-desorption isotherms, obtained at 77 K, 
using a constant-volume adsorption apparatus (Quantachrome Autosorb-l-C-MS). 

Powder x-ray diffraction (XRD) spectra were recorded on a Bruker D8 powder 
x-ray diffractometer, with monochromatic CuKa radiation and a VANTEC-1 detec¬ 
tor over a 20 range of 10°-80°, with a step size of 0.0167°. 

Infrared (IR) spectra were recorded in the range of 400-4000 cm"^ on a Nicolet 
NEXUS 470 Fourier transform infrared (FT-IR) spectrometer supplied with an 
MCT detector and equipped with a KBr beam splitter. The samples were pressed 
into tablets before measurements. 

The transmission electron microscopy (TEM) experiments were performed on an 
FEI Tecnai G20 instrument. The samples were crushed and ground to a hne powder 
in an agate mortar. Then, the samples were prepared directly by suspending them 
in ethanol with ultrasonihcation. A copper microscope grid covered with perforated 
carbon was dipped into the solution. 

Hj-temperature-programmed reduction measurements were performed on a 
Zeton Altamira AMI-200 unit. The calcined catalysts placed in a U-shaped quartz 
reactor were first pretreated to remove the adsorbed water and other contaminants. 
Subsequently, a 10% H 2 /Ar flow was introduced into the reactor, and the temperature 
was raised to 1073 K, with a ramping rate of 10 K/min. The consumption of H 2 was 
monitored by a thermal conductivity detector. 

The dispersion and crystallite size of cobalt were measured by hydrogen 
temperature-programmed desorption (Hj-TPD) and oxygen titration, using the Zeton 
Altamira AMI-200 unit. The catalysts were reduced at 723 K, for 12 h, and cooled 
down to 373 K, in a hydrogen flow. Then the catalysts were purged with argon and 
held at 373 K, for 1 h, to drive away weakly bound physisorbed species. After that, 
the temperature was increased from 373 to 723 K with a heating rate of 10 K/min 
and held at 723 K, under flowing argon, to desorb the remaining chemisorbed hydro¬ 
gen. Meanwhile, the TCD signal was recorded until it returned to the baseline. 
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Subsequently, the reduced catalyst was reoxidized at 723 K, by purging with oxygen 
pulses until no further consumption of Oj was detected by the TCD located down¬ 
stream. The detailed description of how to calculate the cohalt catalyst dispersion 
and reduction degree has been reported previously.^' 

3.2.3 Catalytic Evaluation 

FTS reactions were carried out in a fixed-bed stainless steel reactor (id= 12 mm). 
After reducing the sample at atmospheric pressure in flowing Hj at 723 K, for 10 h, 
the temperature of catalyst bed was cooled down to 373 K, in flowing Hj. Next, the 
system pressure was increased to 1.0 MPa, by a syngas flow with a Hj/CO ratio of 
2:1. The gas flow was set at a space velocity of 4 SL/g/h, and the reaction temperature 
was slowly increased to 493 K. Liquid products and wax were collected through a 
cold trap kept at 273 K and a hot trap kept at 393 K, respectively. Gaseous products 
were analyzed online by an Agilent MicroGC 3000A gas chromatograph. The mass 
balance and carbon balance of the reaction were both in the range of 95%-105%. 
Detailed information can be found in our previous report.^^ 

3.3 RESULTS AND DISCUSSION 

3.3.1 Characterization of Catalysts and Supports 

Powder XRD was used to identify the crystalline phase of ZnAl 204 spinels with 
different morphologies, and the results are presented in Figure 3.1. The diffrac¬ 
tion peaks located at 31.2° (220), 36.8° (311), 44.8° (400), 55.6° (422), 59.3° (511), 
and 65.2° (440) are all assigned to the cubic ZnAl 204 phase, with spinel structure 
(JCPDS:05-0669). No characteristic diffraction peak of ZnO or AI 2 O 3 species is 
detected, indicating the successful synthesis of ZnAl 204 spinels. The more intense 
diffraction peak in the sample with the morphology of nanograins indicates better 
crystallization of ZnAl 204 . 



FIGURE 3.1 


X-ray diffraction patterns of ZnAl 204 spinels with different morphologies. 
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FIGURE 3.2 Infrared curves of ZnAl 204 spinels with different morphologies under air 
atmosphere. 


IR spectra of ZnAl 204 spinels with different morphologies are shown in Figure 3.2. 
The absorption peak near 3446 cm“' is attributed to the stretching vibration of -OH, 
while the peak near 1600 cm“' corresponds to the stretching vibration of HjO. Among 
the three materials, three adsorption bands locating in the range of 450-700 cm“' 
(655, 550, and 490 cm*'), which are assigned to the vibration of AlOg groups, are 
characteristic of the regular spinel structure, indicating the formation of ZnAl 204 
spinels,^^’^'* in agreement with XRD results. The sharp adsorption peak at 2400 cm“', 
which belongs to the stretching vibration of 0=C=0, is caused by the adsorption 
of COj in air. Its peak intensity is proportional to the surface area of the materials; 
therefore, the NS sample, that is, ZnAl 204 in the form of nanosheets, has the strongest 
adsorption band at 2400 cm“' and therefore possesses the highest surface area.^"*’^^ 

In order to further investigate the morphology of ZnAl 204 spinels, TEM char¬ 
acterization was performed, and the images are shown in Figure 3.3. ZnAl 204 spi¬ 
nels with controlled morphologies (nanosheets [NS], nanorods [NS] and nanograins 
[NS]) are clearly indicated. The high-resolution TEM image (Eigure 3.3b) shows that 
plenty of irregular pores are situated inside the schistose structure of NS material. 

Nitrogen adsorption-desorption measurements were performed to further 
understand the porous structure of various ZnAl 204 materials. The N 2 adsorption- 
desorption isotherms of the three supports (Eigure 3.4) present representative type-V 
isotherms with mainly H 2 hysteresis loops according to the International Union of 
Pure and Applied Chemistry (lUPAC) classification, indicating the existence of 
irregular mesopores with narrow and wide sections and possible interconnecting 
channels. The remarkable lower intensity of hysteresis loop in NG sample suggests 
a much lower surface area in ZnAl 204 spinels with the morphology of nanograins. 

The surface area and porosity of the ZnAl 204 supports and corresponding cata¬ 
lysts are listed in Table 3.1. The porosity of the supports is related with the prepara¬ 
tion method and the morphology of materials. Combined with TEM analysis, it can 
be inferred that the higher BET surface area and pore volume for NS sample are 
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FIGURE 3.3 Transmission electron microscopy images of ZnAl 204 spinels with different 
morphologies: (a, h) NS, (c) NR, and (d) NG. 



Relative pressure (p/po) 


FIGURE 3.4 Nj adsorption-desorption isotherms ZnAl 204 spinels with different 
morphologies. 
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TABLE 3.1 


Results of BET Surface Area and Porosity 

BET Surface Area Average Pore Pore Volume 

Sample 

(mVg) 

Diameter (nm) 

(cmVg) 

NS 

132 

15.3 

0.60 

NR 

91 

17.0 

0.55 

NG 

45 

8.2 

0.17 

Co-NS 

111 

10.2 

0.30 

Co-NR 

50 

11.4 

0.21 

Co-NG 

32 

8.8 

0.11 


attributed to possess large quantities of irregular mesopores located inside the schis¬ 
tose structure of ZnAl 204 nanosheets, consistent with IR findings. After cobalt depo¬ 
sition, both surface area and pore volume are decreased. The drop of surface area 
could be due both to plugging support pores with cobalt oxide crystallites and to the 
effect of the support “dilution” because of the presence of cobalt species.® The pore 
size decrease in Co-NS and Co-NR catalysts suggests the access of cobalt species 
inside the support pores, while in Co-NG catalyst, the slightly increase of pore size 
indicates the blocking of support pore channels by C 03 O 4 particles. 

XRD pattern of the three catalysts were also carried out; however, the diffraction 
peaks of ZnAl 204 and C 03 O 4 phases are overlapped to a large extent; therefore, parti¬ 
cle size of C 03 O 4 crystallites could not be evaluated by Scherrer equation from XRD 
data. In order to understand the dispersion of cobalt species in ZnAl 204 -supported 
catalysts, H 2 -TPD and O 2 titration experiments were applied, and the results are 
shown in Table 3.2. Much smaller Co clusters and higher dispersion are found in 
Co-NS catalyst, compared with those of the other two catalysts. The particle size of 
Co crystallites in Co-NR and Co-NG catalysts is smaller than the pore size of cor¬ 
responding supports; cobalt species can enter into the support pore channels during 
calcinations, while in Co-NG catalyst, the diameter of Co crystallites is 11.8 nm, 
exceeding the pore diameter of NG support; thus, large amount of cobalt particles 
are situated on the outer surface of the support and block the pores, in good agree¬ 
ment with N 2 adsorption-desorption hndings. 


TABLE 3.2 

Reducibility and Dispersion of the Catalysts 


Catalyst 

Reduction Degree 

(%) 

Co Dispersion 

(%) 

Co Cluster Diameter 
(nm) 

Co-NS 

56.7 

33.7 

6.3 

Co-NR 

60.3 

21.6 

8.6 

Co-NG 

63.3 

16.1 

11.8 
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FIGURE 3.5 Temperature-programmed reduction spectra of catalysts. 


The influence of ZnAl 204 morphologies on the reducibility of supported cobalt 
catalysts was investigated both by temperature-programmed reduction (TPR) and 
H 2 -temperature programmed desorption (H 2 -TPD) and 02 -titration methods. Several 
hydrogen consumption peaks are observed in the TPR profiles of the three catalysts 
(Figure 3.5). The peaks below 550 K could be attributed to the reductive decomposi¬ 
tion of residual nitrate species. The peaks between 550 and 673 K are assigned to 
the reduction of C 03 O 4 -C 0 O. The second reduction step (reduction of CoO into Co°) 
of the catalysts is taken place at a relatively wide temperature range (673-1000 K), 
corresponding to the progressive reduction of CoO-ZnAl 204 species with different 
interaction strength. The reduction of CoO to Co® is largely dependent upon the 
nature of the support. It is known that smaller cobalt oxide particles usually have 
stronger interaction with supports, and they are more difficult to reduce than larger 
cobalt oxide particles. Hence, the Co-NS and Co-NR catalysts with smaller C 03 O 4 
crystallites show relative high final reduction temperatures, in contrast with Co-NG 
catalyst. 

Consistent with the aforementioned TPR findings, H 2 -TPD and O 2 titration results 
(Table 3.2) confirmed that the reducibility of cobalt catalysts is affected to a great 
extent by the support structure. Under the same reduction procedure as in the FTS 
tests, the reducibility of the catalysts follows the order of Co-NG > Co-NR > Co-NS. 

3.3.2 Catalytic Performance in FTS 

The catalytic activities of ZnAl 204 -supported cobalt catalysts were measured in a 
fixed-bed reactor at 220°C, 1 MPa, 2 H 2 /CO, and 4 SL/(g,, 2 ,-h) gaseous hourly space 
velocity (GHSV). Carbon dioxide was not detected in the reaction process at the 
aforementioned conditions. Since the reactions were all performed under the same 
reaction conditions and the catalysts had the same cobalt loading, the catalytic activ¬ 
ity was expressed in CO conversion in this work. Figure 3.6 shows the FTS activity 
as a function of time on stream for the three catalysts. The CO conversion of Co-NS 
and Co-NR catalysts decreases slightly and gradually with increasing time on stream 
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FIGURE 3.6 Fischer-Tropsch synthesis activity as a function of time on stream (H 2 /CO = 2, 
P= 1.0 MPa, T = 493 K, 4 SL/g/h). 


during 100 h tests (decreased 10%-12%); however, the deactivation of Co-NG cata¬ 
lyst (activity decreased 23%) is more pronounced, especially in the first 40 h test. The 
sintering of metallic cobalt species is considered to be one of the main reasons for 
catalytic deactivation,^^ which is mainly caused by the migration of cobalt atoms or 
crystallites, relating to the location of cobalt species, structure and nature of crystal¬ 
lites, etc.^’ The low surface area of NP material and aggregation of cobalt species sit¬ 
uating on the outer surface of the support without confinement might be the reasons 
for the deactivation of Co-NG catalyst. The better stability of Co-NS and Co-NR 
catalysts could be explained as follows: in NS material, the abundant mesopores 
inside the bulk schistose structure restrain the mobility of cobalt particles, while in 
NR materials, the large, stable, and interconnected bird’s nest-like pore structures^* 
could reduce the contact between the cobalt species and against aggregation. 

Table 3.3 lists the activity and selectivity values at the period of quasi-steady 
state. All the three catalysts show similar products selectivities. The Co-NS catalyst 
has a the highest FTS activity of 29.3%, while that of Co-NR and Co-NG are 26.7% 
and 20.2%, respectively. It was reported’ that FTS is a structure-insensitive reaction 
when the cobalt particle size is greater than 6-8 nm; therefore, the catalytic activity 


TABLE 3.3 

The Activity and Product Selectivities of the Catalysts in 
Fischer-Tropsch Synthesis 

Selectivity of Hydrocarbons (mol.%) 


Catalyst 

CO Conversion (%) 

Sci 

Sc2 

Sc3 

Sc4 

Sc5+ 

Co-NS 

29.3 

12.8 

1.1 

3.9 

4.4 

77.8 

Co-NR 

26.7 

12.2 

1.2 

3.7 

4.4 

78.5 

Co-NG 

20.2 

11.5 

0.9 

3.5 

4.2 

80.4 
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of the three catalysts in this work is determined by the number of active sites, which 
is a function of both cobalt dispersion and reducibility. The Co-NS catalyst with 
the highest cobalt dispersion and comparable cobalt reducibility exhibits the highest 
FTS activity, that is, the highest CO conversion. 

3.4 CONCLUSIONS 

Three zinc aluminates with different morphologies (nanosheets, nanorods, and 
nanograins) were successfully synthesized and used as catalytic supports of cobalt- 
based FTS catalysts. Characterization and catalytic results indicated significant 
diversities of the surface area and porous structure in zinc aluminates with different 
morphologies, and the corresponding supported catalysts showed a remarkable vari¬ 
ation in catalytic properties and performances. The ZnAl 204 nanosheets supported 
Co catalyst, which had the highest surface area, largest pore volume, and the most 
suitable pore size, possessed the highest cobalt dispersion and comparable cobalt 
reducibility; meanwhile, the large number of mesopores inside the schistose struc¬ 
ture inhibited the sintering of metallic cobalt species; therefore, higher FTS activity 
and good stability were observed. 
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Slow diffusion of reactants inside the pores of cobalt-based Fischer-Tropsch (FT) 
synthesis catalysts is a result of the production of long-chained hydrocarbons, which 
remain liquid under reaction conditions thereby lowering the molecular diffusivity 
of the reactant gases in solution. This limits the maximal utilizable diffusion length 
in FT synthesis catalysts. Moreover, the diffusion inside the catalyst is additionally 
hindered by the tortuous structure and narrow pores. To obtain a higher productiv¬ 
ity, catalyst layers with additionally introduced transport pores can be used, which 
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enhance the internal mass transport but also reduce the amount of active catalyst 
per catalyst layer volume. These opposed tendencies demand the optimization of the 
ideal fraction of additional pores inside the catalyst to achieve higher penetration 
depths and productivities. Estimation of this optimum is done by utilizing a simple 
two-phase model. It can be shown that the enhancement of productivity through 
transport pores is strongly dependent on properties directly affecting the internal 
mass transport such as catalyst tortuosity. On the other hand, improvement is inde¬ 
pendent of properties, which mainly influence the reaction kinetics, like relative 
activity, syngas ratio, and temperature. This independency implies that finding an 
optimum for transport pores is valid over a broader range of reaction conditions and 
possibly makes it applicable to different reaction systems as well. 

Keywords: Fischer-Tropsch synthesis, Simulation, Pore structure, Diffusion 


4.1 INTRODUCTION 

Fischer-Tropsch (FT) synthesis for production of long-chained hydrocarbons is typi¬ 
cally conducted on cobalt-based catalysts. The activity of these catalysts increases 
with rising metallic surface area. This is achieved by the use of catalyst supports such 
as alumina, silica, or zirconia that provide high surface areas.' The resulting small 
pores inside the catalyst are filled with liquid products during reaction, and thereby 
the diffusivity is considerably reduced compared to gas-phase conditions. This lim¬ 
its the utilizable diffusion length, which is a key parameter for reactor design con¬ 
sidering pressure drop^ and catalyst content in the reactor.^ Increasing the diffusion 
length allows the use of larger catalyst particles, leading to lower pressure drop. For 
wall-coated microchannel reactors, the reactor productivity can be improved as the 
thickness of efficiently utilized catalyst increases. To obtain a higher productivity, 
catalyst layers with additionally introduced transport pores could be used.'' Transport 
pores enhance the internal mass transport but also reduce the active catalyst mass 
per catalyst layer volume. These opposed tendencies demand the optimization of the 
ideal fraction of additional pores inside the catalyst. Both the catalyst properties and 
the FT synthesis conditions have an impact on this optimum. The aim of the present 
work is to evaluate the influence of these parameters on the achievable improvement 
by means of modeling and simulation. 


4.2 THEORETICAL BASIS 
4.2.1 Model Description 

In order to keep the calculation efforts low, only a differential volume element at 
the entrance of the microchannel reactor was considered. This simplifles simula¬ 
tions to a flat ID model with known gas concentrations at the gas-solid boundary. 
Transport pores and catalysts are regarded as separate phases in which Fickian dif¬ 
fusion and mass transport between the phases occur. These simpliflcations, which 
are illustrated in Figure 4.1, allow to describe the system by only two mass transport 
balances, one for each phase. 
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CO + H. 



Catalyst 


Etp-i 


Exp 


Transport pores 



CO + H, 


H 2 O + C„H2„^2 


FIGURE 4.1 Schematic drawing of the wall-coated microchannel reactor (left) with dif¬ 
ferential volume element (middle) and simplified two-phase model for transport pores and 
catalyst (right). 


(l — 8tp)— '^■D—-Fka -(cxp — C(;;at) + (l“£Tp)’Vi ’T — 0 (4.1) 

Tcat ox 

D—^Cxp — ka-(cxp — Ccat) = 0 (4.2) 

Ttp ox 

Equation 4.1 applies to the catalyst phase and Equation 4.2 to the transport pores. 
These equations incorporate a term for effective diffusion inside the porous fraction 
of each phase and a phase exchange term. The term for chemical reaction applies 
only to the catalyst phase. The transport pores are assumed to he ideal with a straight 
cylindrical shape, perpendicular to the layer surface. Eurthermore, a sufficiently 
small pore diameter of 100 nm was assumed. These pores exhibit a large specific 
surface area and a small characteristic diffusion length in radial direction, which 
results in negligible resistances for the mass exchange between transport pores and 
catalyst phase. Thus, identical concentration profiles are present in the catalyst and 
transport pore phase. However, the pores are still large enough to keep the assump¬ 
tion of Eickian diffusion valid. 

Driving forces for the mass transport are concentration gradients due to the 
consumption of hydrogen and carbon monoxide in the catalyst phase. To describe 
the carbon monoxide conversion, an approach from Yates and Satterfield^ is used 
(Equation 4.3), utilizing the Arrhenius equations for the rate constants.® The con¬ 
sumption rate of hydrogen is dependent on the carbon monoxide rate and further¬ 
more a function of paraffin chain length, since the stoichiometry per converted 
mole of carbon monoxide ranges from 3 for methane and approaches almost 2 for 
higher chain lengths. In this model, the distribution of paraffinic hydrocarbons is 
described with a single chain growth probability using Equation 4.4 as proposed by 
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Vervloet et al7 The production of hydrocarbons is considered up to a carbon number 
of 30 in order to calculate the overall stoichiometry for hydrogen. Any longer hydro¬ 
carbons are appended to triacontane: 


r 


ao exp 



a 



■ka■exp 


l 

I R I 


1 

493.15K 



(4.3) 


(4.4) 


As this approach for reaction rate calculation requires only the concentrations of 
hydrogen and carbon monoxide, these are the only components relevant for mass 
transport. Therefore, the solution of Equations 4.1 and 4.2 has only to be conducted 
for these components. Necessary boundary conditions are defined through concen¬ 
trations at the gas-solid boundary and no molar flux at the wall. The concentration at 
the gas-solid boundary is calculated with Equation 4.5 supposing ideal gas behavior. 
The molar volume of the liquid and the Henry constants for hydrogen and carbon 
monoxide are calculated in accordance to Marano and Holder^ for a paraffinic liquid 
with a carbon number of 28. Diffusion coefficients of hydrogen and carbon monox¬ 
ide are calculated using a correlation from Erkey et al.^ for n-C 28 H 58 as solvent: 


‘^‘•TP|x=0 


Pi 

Hi-VL 


(4.5) 


All calculations were carried out using gPROMS ModelBuilder® to implement the 
model described earlier. 

4.2.2 Objective Function for Simulation 

Assuming € 5 ^, paraffins as target products and accounting for the flat geometry of 
the considered catalyst layers, space-time yield (STY) is modifled to develop a suit¬ 
able quantity for optimization. The STY is usually calculated as a product of surface 
reaction rate, catalyst efficiency, and C,^. selectivity with the catalyst volume as ref¬ 
erence volume. For a flat geometry, the geometric surface area seems to be a better 
reference, and thus the product of STY and the layer thickness result in an area-time 
yield (ATY), which is used as an objective function for optimization in the present 
work. ATY is calculated from the solution of the mass transport equations by inte¬ 
gration of the spatial distributions of 05 ^. selectivity and reaction rate (Equation 4.6). 
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For this purpose, selectivity can be calculated directly from the chain growth 
probability applying Equation 4.7: 


tLay 

ATY= J r(x) Sc5+(x)dx 
0 


(4.6) 


4 

Sc, (X) = 1 - Sci - Sc 2 - Sc3 - Sc4 = 1 - (1 - a(x))^ a(x)"-‘ (4.7) 

n=l 


The quantity of ATY is especially advantageous as the aim of this investigation is 
to find a maximum as a function of layer thickness, and the use of STY would not 
lead to such a maximum at a certain layer thickness. Since the reference volume 
for the STY is always the whole catalyst, it denotes an average value that decreases 
if any diffusion limitations appear. These limitations raise as the layer thickness 
increases, but the STY does not give information about whether the drop in STY or 
the increased catalyst volume determines the overall productivity. Thus the ATY is 
a better objective function for optimization. 

4.2.3 Parameters eor Evaluation of Optimization 

To investigate the influence of FT synthesis conditions and catalyst properties on the 
possible improvement, the catalyst tortuosity and relative catalyst activity, as well 
as reaction temperature and reactant gas composition were varied (Table 4.1). Layer 
thickness and porosity of transport pores were optimized in order to maximize the 
Cj, productivity. 


TABLE 4.1 

Fixed and Variable Parameters for Evaluation of 
Transport Pore Fraction Optimization 


Parameter 

Symbol 

Value 

Unit 

Total pressure 

P 

21 X 105 

Pa 

Layer thickness 

^Lay 

3-300 

pm 

Porosity of transport pores 

Etp 

0.00-0.90 

Poref^ Layer 

Porosity of catalyst 

^Cat 

0.4 

Poref^ Catalyst 

Tortuosity of transport pores 

Ttp 

1 

— 

Tortuosity of catalyst 

"^Cat 

1-8 

— 

Relative activity 

F 

1-32 

— 

Temperature 

T 

200-240 

°c 

H 2 /CO ratio 

H 2 /CO 

0.5-3.0 

— 
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4.3 RESULTS AND DISCUSSION 

4.3.1 Appearance oe Dieeusional Restrictions 

In order to show the effects of diffusional limitations, Figure 4.2a illustrates the 
developing concentration profiles of carbon monoxide and hydrogen in the catalyst 
layer and the resulting chain growth probability. In Figure 4.2b, the interrelated pro¬ 
files of the local reaction rate, selectivity, and production rate of target products 
are depicted. At the gas-solid boundary (layer coordinate 0 pm), the concentration 
of Hj in the liquid is only about 50% higher than the concentration of CO. Due to 
the higher diffusion coefficient of Hj, its gradient is comparable to the one of CO, 
although the H 2 consumption is more than twice as high. Hence, the overall concen¬ 
tration drop for CO and Hj is approximately the same. As the initial concentration 
of CO is lower, it is the limiting reactant and reaches zero at about half of the layer 
depth. This strongly increases the Hj/CO ratio and thereby negatively affects the 
chain growth probability causing an S-shaped profile, which in turn leads to a steep 
decrease in C 5 + selectivity at about the first third of the layer depth. The decreasing 
concentrations with simultaneously increasing Hj/CO ratio also significantly influ¬ 
ence the reaction rate. It is remarkable that although the concentration drops, the 
reaction rate rises and reaches a maximum at about 40% of the layer thickness before 
it declines rapidly, when almost all CO is consumed. This is caused by the inhibiting 
effect of CO (cf Equation 4.3), which overcompensates the reduced concentrations 
to a certain extent. Consequently, the production rate of the target products is signifi¬ 
cantly limited to the first third of the layer and thus also the ATY is restricted. 

4.3.2 Pore Fraction Optimization 

To identify the maximal layer thickness that could efficiently be used, the catalyst 
efficiency in the layer, C 5 + selectivity, and ATY are plotted as functions of the layer 
thickness (Figure 4.3a). Although ATY is the quantity of the highest importance in 




(a) Layer coordinate, (b) Layer coordinate, |jm 

FIGURE 4.2 Profiles of reactant concentrations, chain growth prohability (a) and profiles 
of reaction rate, C 5 + selectivity and C 5 + production rate (b). F= 1, T = 220°C, H 2 /CO = 2.0, and 

'’■Cat =3. 
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FIGURE 4.3 Plot of catalyst layer efficiency, selectivity, and area-time yield (ATY) as 
functions of layer thickness for layers without transport pores fa) and ATY as a function of 
layer thickness for different transport porosities and resulting optimum (b). F= 1, T = 220°C, 
H2/CO = 2.0, andTc,t=3. 


order to achieve maximal productivity, it is also essential to understand the effects 
of selectivity and efficiency as well. A typical curve of ATY displays three regions. 
In the first linear region, nearly no diffusion limitations appear, and the efficiency 
is almost unity. In the absence of diffusion limitations, also selectivity remains 
constant. In the second region, close to the maximum of ATY, limitations abruptly 
appear, accompanied by a sudden drop in the selectivity but a strong rise in effi¬ 
ciency. These opposing tendencies extend the region of proportionally increasing 
ATY with layer thickness and lead to such a steep decline after the maximum is 
reached. In the last region at high layer thicknesses, a constant ATY is obtained due 
to added dead volume not participating in the reaction. Thus concentration profiles 
at relevant catalyst depths, where reaction occurs, are not affected keeping overall 
selectivity constant and reducing efficiency. 

To evaluate the effect of additional transport pore fraction on the achievable 
productivity, characteristic curves of ATY versus layer thickness are shown in 
Figure 4.3b. At small fractions of transport pores, the linear region of the ATY is 
limited to lower layer thicknesses. On the other hand, a strong increase of ATY 
with rising layer thickness results as the fraction of active phase increases. With 
increasing transport pore porosity, internal mass transport is enhanced at the 
expense of the amount of active phase. Consequently, the exploited thickness rises 
but the gradient drops. Therefore, the location of the new maximum depends on 
the fraction of transport porosity. Combining all these maxima for each curve of 
certain transport porosity creates an envelope curve (dotted line in Figure 4.3b). 
This envelope displays the maximum of achievable productivity for a certain layer 
thickness with optimal transport porosity. Furthermore, this envelope allows to 
compare the overall maximum after optimization with the maximum for the case 
of a dense layer without any transport pores. For the presented case, the exploit¬ 
able layer thickness could be increased from about 130 to 330 pm via insertion of 
42% of transport porosity gaining a surplus of productivity of about 47%. 
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For subsequent evaluation of the optimization, only condensed information 
will be shown. Layers without any transport pores are named “dense” layers (cf. 
curve with 0% transport porosity in Figure 4.3b). For comparison, the “ideal” state 
after optimization is also considered, which corresponds to the envelope curve in 
Figure 4.3. 

4.3.3 Effect of Catalyst Activity 

The productivity of a cobalt-based FT synthesis catalyst is mainly determined by its 
activity, which depends on the surface area of cobalt. To account for improvements 
in catalyst development, a factor for the kinetic constant was applied. A factor of 1 
corresponds to the original kinetic coefficients,^ while for the comparison depicted 
in Figure 4.3, a factor of 8 was chosen. Further simulation results for relative activi¬ 
ties in the range of 1-32 are shown in Figure 4.4. For thin layers, the activity cor¬ 
relates with the productivity as can be seen from the higher gradient for more active 
catalysts in the linear region. Simultaneously, the layer thickness at maximum ATY 
is reduced, which means that increasing the activity does not lead to a proportional 
enhancement in productivity. This tendency also holds for the pore optimized layers 
for which a constant enhancement in productivity of about 47% is achievable. Thus 
the method of optimization through adjusting the transport pore fraction is appli¬ 
cable to catalysts of different activities. 

4.3.4 Effect oe Catalyst Tortuosity 

In addition to the porosity, the tortuosity inside the catalyst is a quantity describing 
the impact of the pore network on the effective diffusion of the reactants. As this is 
an intrinsic catalyst property, the insertion of transport pores is especially interesting 




FIGURE 4.4 Area -time yield (ATY) as a function of layer thickness for different cata¬ 
lyst activities assuming ideal and dense layers (a) and maximum ATY for dense and ideal 
layers (b). Tc„= 3, T = 220°C, and H 2 /CO = 2.0. 

















Improving the Accessibility of Fischer-Tropsch Catalyst Layers 


51 




FIGURE 4.5 Area -time yield (ATY) as a function of layer thickness for different catalyst 
tortuosities for ideal and dense layers (a) and maximum ATY for dense and ideal layers (b). 
F = 8, T = 220°C, and H,/CO = 2.0. 


for cases where the used catalyst has a fairly high tortuosity. It is noteworthy that 
at high tortuosities, the achievable ATY remains almost constant for the optimized 
cases (Figure 4.5). This indicates that diffusive mass transport mainly occurs inside 
the transport pores as diffusion inside the catalyst is slow. 

On the other hand, catalysts with low tortuosity exhibit only small transport limi¬ 
tations and the positive effect of transport pores is negligible (Figure 4.5). Reducing 
the tortuosity from high to low values significantly boosts the linear region and 
thereby also the maximum of the ATY for dense layers. For layers with ideal poros¬ 
ity, a global improvement is only possible up to a certain point. As the tortuosity 
of the transport pores is assumed to be in unity, the advantage through optimiza¬ 
tion disappears when the catalyst tortuosity reaches one. In other words, the overall 
maximum productivity can be achieved with the tortuosity of catalyst and transport 
pore phase being in unity. In realistic cases, the catalyst tortuosity exceeds unity'® 
and transport pores help to reduce the associated mass transfer limitations. 

4.3.5 Effect of Temperature 

The FT synthesis temperature primarily affects the overall reaction rate as well as 
chain growth probability and thereby selectivity. An increase of the temperature 
improves the reaction rate, but reduces the C 5 + selectivity. This leads to an optimal 
reaction temperature of 220°C as can be seen in Figure 4.6b. The observed effect on 
the reaction rate is similar to the already discussed effect of the relative activity. For 
low temperatures, the gradient in the linear region is also low and becomes higher 
for elevated temperatures. However, for increasing temperatures, the sensitivity of 
the chain growth probability toward the syngas composition tends to increase,’ too. 
Thereby, also C 5 + selectivity is negatively affected as diffusion limitations coincide 
with high local Hj/CO ratios. Thus the superimposed effect of selectivity and activity 
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FIGURE 4.6 Area -time yield (ATY) as a function of layer thickness for different tempera¬ 
tures using ideal and dense layers (a) and maximum ATY for dense and ideal layers (b). F = 8, 
T(;„, = 3, and H 2 /CO = 2.0. 


confines the maximum productivity for higher temperatures. This effect appears 
for dense and for optimized layers, as the characteristic ATY profile is mainly just 
adapted to higher diffusion lengths through the insertion of transport pores. Hence, 
an optimal temperature of 220°C is applicable to both types of layers. 

4.3.6 Effect of Reactant Gas Composition 

The reactant gas composition can be described by the ratio of hydrogen to carbon 
monoxide. The variation of this parameter again creates an opposing trend. Low 
ratios favor high C 5 + selectivity but decrease the reaction rate, while high ratios favor 
the opposite. Only for very low ratios, when almost all carbon monoxide is absent, 
even the reaction rate decreases (Figure 4.7). 

Considering mass transport resistances inside the catalyst, the optimal ratio for 
maximum productivity is smaller than stoichiometry required. This is caused by the 
higher diffusivity of hydrogen compared to carbon monoxide, which increases the 
ratio inside the catalyst layer. Thus mass transport limitations necessitate reducing 
the Hj/CO ratio in the feed below stoichiometry.^ This reduces negative effects on the 
selectivity and leads to an optimum at a ratio of about 1. At this point, the typical pro¬ 
file of ATY versus thickness is lacking a sharp optimum, albeit there is one, which 
is shifted to significantly higher layer thicknesses. Furthermore, one can see that a 
pore fraction optimization enables to improve productivity in an extent comparable 
to a change of the reactant gas composition. While the use of low Hj/CO ratios is 
an interesting option, it has to be considered if the catalyst is still stable under such 
hydrogen lean conditions.Moreover, this strategy requires reactor designs with 
which substoichiometric hydrogen contents can be handled. Despite these issues, 
transport pore optimization can provide a constant percentage of enhancement of 
about 47% at any syngas composition. 
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FIGURE 4.7 Area-time yield (ATY) as a function of layer thickness for different Hj/CO 
ratios with ideal and dense layers (a) and maximum ATY for dense and ideal layers (b). F = 8 , 
Tc„ = 3, andT = 220°C. 


4.4 CONCLUSIONS 

In this work, it is shown that transport limitations in FT synthesis can be compen¬ 
sated by incorporating transport pores into the catalyst layer. In order to gain the 
maximum productivity, each layer thickness requires a particular transport pore 
fraction, which needs to be optimized. The optimization results for different catalyst 
activities, reaction temperatures, and gas-phase compositions were shown. The ben¬ 
efit of additional transport pores is pronounced for high tortuosities in the catalyst 
phase, as the mass transport is limited in these cases. In summary, it was shown that 
the productivity can be easily improved by 47% introducing additional transport 
pores under the conditions studied. 
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Current understanding of Co-catalyzed Fischer-Tropsch synthesis (FTS) is that 
cobalt clusters should be formulated in a manner such that particles are not so large 
as to diminish surface Co site densities (i.e., due to excessive cobalt being locked 
within the bulk of the metal particle), but not too small to either hinder the reduction 
of cobalt oxides to the active metallic state (due to either strong interfacial interac¬ 
tions with the support or cobalt-support compound formation) or result in instability 
in the presence of water (diameter <2-4 nm suggested to oxidize Co under FTS 
conditions). In this contribution, a chemical vapor deposition (CVD) method was 
utilized to deposit nanosized Co oxide crystallites. Silica displayed significant inter¬ 
actions with a fraction of the Co oxide prepared through CVD, while SiC interacted 
strongly with the entire amount of Co oxide. This was remarkable, as SiOj and SiC 
have generally been considered to be weakly interacting supports to Co oxide crys¬ 
tallites prepared using standard impregnation methods. CO conversion was higher 
for aqueous-impregnated catalysts, consistent with a higher Co site density. Despite 
the fact that Co clusters for CVD catalysts were much smaller, a signihcant fraction 
remained unreduced following the standard activation in hydrogen. Consistent with 
our earlier continuous stirred-tank reactor tests with Pt-Co/carbon and Pt-Co/TiOj 
catalysts, selectivities to oxygenates were higher for both CVD catalysts relative to 
the ones prepared using aqueous impregnation, and the effect was more pronounced 
for the Pt-Co/SiC catalyst. Results are explained on the basis of Co electronic struc¬ 
ture, crystallite size, morphology, and degree of interaction with the support. These 
aspects were measured through temperature-programmed reduction, synchrotron- 
based methods (EXAFS/XANES), and scanning transmission electron microscopy, 
among other techniques. 

Keywords: Eischer-Tropsch synthesis (FTS, FT), Cobalt (Co), Chemical vapor depo¬ 
sition (CVD), Impregnation 


5.1 INTRODUCTION 

Cobalt catalysts supported on metal oxides—and most often AIjOj—are applied 
in gas-to-liquid technology for slurry phase Fischer-Tropsch synthesis (FTS).' 
Commercial cobalt catalysts are very selective to straight-chain hydrocarbons, 
especially paraffins, and are relatively inactive for water-gas shift (WGS). These 
make them especially suitable for applications involving the conversion of syngas 
having high H,/CO ratio (e.g., natural-gas-derived syngas). One drawback of using 
cobalt is its cost, and, therefore, cobalt catalysts should be designed to produce 
sufficient activity that can be maintained over long time periods. This is especially 
true for fixed-bed configurations, where catalyst replacement involves shutting 
down the reactor.^ 

For typical formulations, turnover frequency (TOF) is known to be relatively 
constant over a wide range of dispersions^ (i.e., 10-210 nm Co particles) for sup¬ 
ported cobalt catalysts, and it was widely accepted that Co catalysts are relatively 
structure insensitive. Recently, researchers have examined more closely catalysts 
prepared with Co clusters below 5 nm with the aim of providing additional surface 
sites for reaction and making more efficient use of cobalt. In that case, a number of 
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unexpected phenomena were identified, indicating that Co in the nanosized range is 
likely structure sensitive. Lok* employed a novel deposition-precipitation method 
to produce Co clusters as small as 3-5 nm and was about to extend the linear trend 
captured by Iglesia between CO conversion (i.e., FTS activity) and surface Co sites 
per gram catalyst (i.e., by hydrogen chemisorption). In contrast, Bezemer^ identified 
sharply lower TOF, as well as C 5 + selectivity, for carbon nanofiber-supported Co in 
moving from an average size of 16 to 2.6 nm. Barbier et al.® observed similar drops 
in both TOF and chain growth probability (i.e., a) over Co/Si 02 catalysts below an 
average Co size of 6 nm. 

The issue of particle size is further complicated by the greater sensitivity of small 
Co nanoparticles to oxidation under realistic FTS conversions. For Co sizes at and 
above 5 nm, researchers have found using XANES spectroscopy that, following the 
initial exposure of Co catalysts to FTS conditions and during the initial decline in 
CO conversion prior to longer-term leveling off, the catalysts contain CoO and Co 
metal but tend to continue to reduce with time onstream. On the other hand, prior 
to that period, when initially exposing the hydrogen-activated catalyst to synthesis 
gas, if there are small nanoparticles present, some initial oxidation occurs. This was 
especially true for a Pt-Co/KL catalyst prepared using chemical vapor deposition 
(CVD)’ and Pt-Co/alumina catalysts prepared with Co loadings lower than those 
used commercially.* The results are consistent with thermodynamic analyses regard¬ 
ing the susceptibility of small cobalt nanoparticles to HjO produced at useful FTS 
conversions.^ 

The resulting Co size and extent of reduction for aqueous-impregnated catalysts 
depend on the strength of the support interaction with Co oxides and the presence of 
promoters, aspects that have been extensively reviewed elsewhere.'®"'* The interac¬ 
tion between Co oxides and support has been found to increase when milder calcina¬ 
tion pretreatments are used, presumably because of the resulting smaller crystallites 
produced (e.g., calcination in nitric oxide with Co/silica catalysts''* '* or absence of 
calcination'® '’). In that case, temperature-programmed reduction (TPR) profiles 
were observed to broaden considerably for Co/silica, a surprising finding considering 
that Co/silica catalysts prepared using aqueous impregnation with larger sizes reduce 
at relatively low temperature. Most recently, the interaction between Co and support 
was exploited in order to effect a change in FTS product selectivity. Gnanamani 
et al.'* and Ribeiro et al.'® found that when the interfacial contact area was increased 
relative to the on-top Co particle area by adjusting loading, the selectivity to oxygen¬ 
ates and/or olefins increased remarkably for Pt-Co/ceria catalysts. The authors sug¬ 
gested that a new pathway was opened up relying on both the Co metal and defects 
on ceria and, furthermore, postulated that the Co catalysts may behave in an analo¬ 
gous manner to iron catalysts (i.e., containing Fe carbide and Fe 304 following CO 
carburization). In the latter case, Fe carbides may provide the “metallic” function, 
with defects in Fe 304 assisting in oxygenate formation. 

There are at least three different proposals for the possible formation of oxygen¬ 
ates: (1) CO may adsorb molecularly on special sites and terminate chains via inser¬ 
tion into the hydrocarbon chain’®"”; (2) CO may react with defect-associated OH 
groups to form an oxygenate species that inserts into the hydrocarbon chain, and 
such species (e.g., formates) have been observed in WGS”; or (3) HjO dissociated at 
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vacancies may assist in terminating the chain, noting that defect-associated bridging 
OH groups have been identified using infrared spectroscopy.^'* In each of these cases, 
the junction between the metal particle and the defect-laden metal oxide support (or 
promoter) may play a vital role in steering the selectivity away from aliphatic hydro¬ 
carbons and toward oxygenates. 

To further investigate the catalytic behavior of small Co nanoparticles, a CVD 
method was adopted with the aim of producing a narrow distribution of Co sizes. 
The initial study was carried out with SiOj and SiC carbide supports, in part to 
serve as a control experiment for continuing studies with partially reducible oxides. 
Moreover, SiC is a material of recent interest, due to its high heat conductivity, a fac¬ 
tor that may prove useful in controlling the exotherm in FTS, especially in the case 
of fixed-bed reactors. 

5.2 EXPERIMENTAL 

5.2.1 Catalyst Preparation 

5.2.1.1 Wet Impregnation Preparation 

PQ silica CS-2133 and beta SiC (SiCat 100 pm spray-dried spheres) were used as 
supports for the cobalt FTS catalysts. For the case of Si02-supported 20%Co cata¬ 
lyst, aqueous incipient wetness impregnation (IWI) was utilized to add cobalt nitrate 
to the support. Following cobalt addition, the catalyst was dried at 80°C and 100°C 
in a rotary evaporator following each impregnation step. IWI was utilized to add 
tetraammineplatinum(II) nitrate, and the catalyst was redried. The catalyst was cal¬ 
cined in air for 4 h at 350°C to yield a 0.5%Pt(IWI)-20%Co(IWI)/SiO2 catalyst. 

For the case of the SiC-supported 10%Co catalyst, a slurry impregnation method 
(SIM) was used to load cobalt nitrate to the support, such that the loading solution 
volume was 2.5 times that of the measured pore volume. To promote contact between 
the solution and the support, acetone was used as the solvent, and two impregnation/ 
drying steps were used. Following cobalt addition, the catalyst was dried at 80°C and 
100°C in a rotary evaporator following each slurry impregnation. IWI was utilized to 
add tetraammineplatinum(II) nitrate, and the catalyst was dried for a third time. The 
catalyst was calcined in nitrogen (to avoid decomposition of SiC) for 4 h at 350°C to 
yield a 0.5%Pt(IWI)-10%Co(SIM)/SiC catalyst. 

5.2.1.2 Chemical Vapor Deposition Preparation 

The sublimation procedure is well documented in the literature.After calcina¬ 
tion of the support (Si02 in flowing air at 350°C for 4 h or SiC in flowing N 2 for 4 h), 
the support material was combined with cobalt acetylacetonate and platinum acetyl- 
acetonate at a desired ratio and loaded into vacuum tubes. The tubes were evacuated 
to lE-7 torr, and then a temperature ramp was conducted to slowly heat the catalyst 
from room temperature to 80°C. At that temperature, the catalyst was held for ~1 h, 
and then the procedure was repeated at 90°C and 100°C. After that, the catalyst was 
heated to 130°C and held for 15 min to ensure complete sublimation, and then the 
tubes were quenched. The catalyst was removed and loaded into a flow reactor for 
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calcination in either air ( 0 . 5 %Pt(CVD)- 20 %Co(CVD)/SiO 2 ) or Nj (0.5%Pt(CVD)- 
10%Co(CVD)/SiC) for 4 h at 350°C. 

5.2.2 BET Surface Area and Porosity 

The measurements of BET surface area and porosity of the calcined catalysts were 
conducted using a Micromeritics Tri-Star system. Before performing the test, the 
temperature was gradually ramped to 160°C and the sample was evacuated at least 
12 h to approximately 50 mTorr. The BET surface area, pore volume (single point), 
and average pore radius (single point and BJH adsorption) were obtained for each 
sample. 


5.2.3 Temperature-Programmed Reduction 

TPR profiles of calcined catalysts were recorded using a Zeton-Altamira AMI-200 
unit equipped with a thermal conductivity detector (TCD). Samples were pretreated 
by purging with argon flow at 350°C to remove traces of water. TPR was performed 
using a 10 %H 2 /Ar gas mixture and referenced to argon at a flow rate of 30 cmVmin. 
The sample was heated from 50°C to 800°C using a heating ramp of 10°C/min. 

5.2.4 H2 Chemisorption and Percentage Reduction by Pulse Reoxidation 

Hydrogen chemisorption was conducted using temperature-programmed desorption 
(TPD), also measured with the Zeton-Altamira AMI-200 instrument. The sample 
weight was typically -0.220 g. Catalysts were activated in a flow of 10 cmVmin 
of H 2 mixed with a flow of 20 cm^/min of argon at 350°C for 10 h and then cooled 
under flowing Hj to 100°C. The sample was held at 100°C under flowing argon to 
remove and/or prevent adsorption of weakly bound species prior to increasing the 
temperature slowly to 350°C, the reduction temperature of the catalyst. The catalyst 
was held under flowing argon to desorb the remaining chemisorbed hydrogen until 
the TCD signal returned to baseline. The TPD spectrum was integrated and the num¬ 
ber of moles of desorbed hydrogen determined by comparing its area to the areas of 
calibrated hydrogen pulses. The loop volume was first determined by establishing 
a calibration curve with syringe injections of hydrogen in helium flow. Dispersion 
calculations were based on the assumption of a 1:1 H/Co stoichiometric ratio and a 
spherical cobalt cluster morphology. After TPD of hydrogen, the sample was reoxi¬ 
dized at 350°C using pulses of oxygen. The percentage of reduction was calculated 
by assuming that metal reoxidized to C 03 O 4 . Eurther details of the procedure are 
provided elsewhere.'^ 

5.2.5 X-Ray Dieeraction 

Powder diffractograms on calcined catalysts were recorded using a Philips X’Pert 
diffractometer. Two different tests were performed for each sample—a short-time 
scan over a long range and a long-time scan over a short range. The objective of 
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the short-time scan was to assess the crystalline phases present using the follow¬ 
ing conditions: scan rate of 0.027step and scan time of 5 s/step over a 20 range of 
15°-80°. The long-time scan was conducted to quantify average C 03 O 4 domain sizes 
using line broadening analysis for the peak at 20 = 37° representing (311). Conditions 
employed to the latter test were a scan rate of 0.01°/step and a scan time of 30 s/step 
over a 20 range of 30°-45°. 

5.2.6 Scanning Transmission Electron Microscopy 

Catalyst powders were collected on copper grids for scanning transmission electron 
microscopy (STEM) analysis (200 mesh, Ted Pella Inc., Redding, CA). Transmission 
electron microscope (TEM) imaging was performed using a JEOL 2010F field- 
emission gun TEM (accelerating voltage of 200 keV and magnification ranging from 
50 to 1000 K). A symmetrical multibeam illumination was used for high-resolution 
TEM imaging with a beam resolution of 0.5 nm. Images were recorded with a Gatan 
Ultrascan 4kx4k CCD camera. All data processing and analysis were performed 
using Gatan Digital Micrograph software. STEM was done with a high-angle annu¬ 
lar dark field detector and Gatan imaging filter. 

5.2.7 XANES/EXAFS 

XAS measurements in transmission mode on freshly activated catalysts, sealed in 
wax, were carried out using the soft x-ray microcharacterization beamline at the 
Canadian Light Source, Inc., Saskatoon, Saskatchewan, while used SiC-supported 
catalysts, sealed in the FTS wax product, were also examined in transmission 
mode, at the National Synchrotron Light Source (NSLS) at Brookhaven National 
Laboratory (beamline X-18b), Upton, New York. 

XANES spectra were processed using the WinXAS program.^^ A simultane¬ 
ous pre- and post-edge background removal step was carried out using a Victoreen 
function and two polynomials (degree 2 ), and the resulting spectra were normal¬ 
ized by dividing by the height of the absorption edge. Normalized XANES spectra 
were compared with those of references. XANES spectra of both reduced and FTS 
samples of each catalyst were directly compared in order to determine whether the 
freshly reduced Co° undergoes any oxidation at the onset of FTS. 

Data reduction of EXAFS spectra was also performed using WinXAS. Following 
the normalization procedure previously described, the spectra were converted to 
k-space, and a k weighting of 1 was used. An advanced cubic-weighted spline over 
three sections of the 2.5-10 A“' range was used to remove the background of the /(k) 
function. Finally, the k'-weighted results were Fourier transformed to R-space using 
a Bessel window. To quantify the changes in Co-0 and Co-Co coordination num¬ 
ber, fitting of the spectra in k space was carried out using FEFFIT. The k-range used 
was from 2.5 to 10 A“k Theoretical EXAFS were generated using FEFF for model 
cobalt metal and CoO crystal parameters generated by ATOMS.In order to use 
coordination number as a fitting parameter. So was assumed to be 0.9 by the zeroth- 
order approximation. The other fitting parameters utilized by FEFFIT^'* included 
the overall Eq shift eg applied to each path, an isotropic expansion coefficient a that 
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is multiplied by the nominal length of each path, and the Debye-Waller factor, cr^. 
Scattering paths were generated using the FEFF program.^^ 

5.2.8 Catalytic Activity Testing 

FTS reaction tests were conducted using a 1 L continuous stirred-tank reactor (CSTR) 
equipped with a magnetically driven stirrer with turbine impeller, a gas inlet line, 
and a vapor outlet line with a stainless steel (SS) fritted filter (7 pm) placed external 
to the reactor. A tube fitted with a SS fritted filter (2 pm opening) extends below the 
liquid level of the reactor for withdrawing reactor wax to maintain a nearly constant 
liquid level in the reactor. Separate mass flow controllers were used to control the 
flows of hydrogen and carbon monoxide at the desired rates. The reactant gases 
were premixed in a vessel before entering the reactor. Carbon monoxide was passed 
through a vessel containing lead oxide-alumina to remove traces of iron carbon¬ 
yls. The mixed gases entered the CSTR below the stirrer, which was operated at 
750 rpm. The reactor slurry temperature was maintained constant by a temperature 
controller. 

Prior to performing the reaction test, the catalyst (-12.0 g) was ground and sieved 
to 45-100 pm and then loaded into a fixed-bed reactor for ex situ reduction at 350°C 
under atmospheric pressure for 12 h using a gas mixture of Hj/He (30 NL/h) with 
a molar ratio of 1:3. The reduced catalyst was then transferred to a 1 L CSTR con¬ 
taining 310 g of melted Poly wax 3000, by pneumatic transfer under the protection 
of inert Nj inerting gas. Weighing the reduction reactor before and after the trans¬ 
fer of catalyst was done to ensure that all catalyst powder was successfully trans¬ 
ferred to the CSTR. The transferred catalyst was further exposed to pure hydrogen 
(20 NL/h) for another 24 h at 230°C as a precautionary measure, before starting the 
FTS reaction. 

In this study, the FTS conditions used were 220°C, 2.0 MPa, and H 2 /CO = 2. For 
making selectivity comparisons, the space velocity was adjusted such that compari¬ 
sons could be made at comparable conversion levels. The reaction products were 
continuously removed from the vapor space of the reactor and passed through two 
traps, a warm trap maintained at 100°C and a cold trap held at 0°C. The uncondensed 
vapor stream was reduced to atmospheric pressure. The gas flow was measured 
using a wet test meter and analyzed using online gas chromatography (GC). The 
accumulated reactor liquid products were removed every 24 h by passing through 
a 2 pm sintered metal Alter below the liquid level in the CSTR. Conversions of CO 
were obtained using GC analysis (micro-GC equipped with TCDs) of the outlet gas 
product. Wax, oil, and aqueous products were collected periodically (usually daily); 
they were analyzed using three different GCs. 


5.3 RESULTS AND DISCUSSION 

5.3.1 0.5%Pt-20%Co/SiO2 Prepared through IWI AND CVD 

BET and porosity results are tabulated in Table 5.1. A weight percentage loading of 
20% is equivalent to a weight percentage of 26.7% for C 03 O 4 . If Si 02 is the primary 
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TCO 


FIGURE 5.1 Temperature-programmed reduction profiles of (solid line) 0.5%Pt(incipient 
wetness impregnation [IWI])-20%Co(IWI)/SiO2 and (dashed line) 0.5%Pt(chemical vapor 
deposition [CVD])-20%Co(CVD)/SiO2-CVD. 


contributor to the surface area and there is no pore blocking, then the surface should 
be (1 - 0.267)*357 m^/g = 262 m^/g. The results of the catalysts indicate that some 
pore blocking occurs, because the values are lower than this. There is a striking dif¬ 
ference between the average pore volumes and pore radii. The pore volume and pore 
radius of the IWI catalyst were significantly lower than those of the CVD catalyst, 
which exhibited similar pore radius as the support. This may suggest nonuniform 
pore blocking for the IWI catalyst in favor of wider pores, while in the case of the 
CVD catalyst, the pore filling may have been uniform. 

Results of TPR are reported in Figure 5.1. The profile of the catalyst prepared 
using the standard IWI method exhibits the typical two-step reduction process of 
Co 304 .'^''^ Reduction of C 03 O 4 occurs in two steps: Co 304 H-H 2 = 3 CoOh-H 20 and 
3 CoO-i- 3 H 2 = 3 Co°-i- 3 H 20 . The second step consumes three times the amount of 
hydrogen as the first step, and Pt addition facilitates the reduction of both steps. For 
the standard air-calcined Co/silica catalysts prepared through aqueous impregna¬ 
tion, the Co oxide particles are typically found to be large, and the silica generally 
exhibits only a weak interaction with the C 03 O 4 clusters.'^ Interestingly, the TPR 
profile for the catalyst prepared through CVD is different in some respects. First of 
all, the peak for C 03 O 4 to CoO is very small, while that of CoO to Co° is slightly less 
than half of that of the catalyst prepared through aqueous impregnation. This means 
that the majority of Co clusters are likely deposited in a morphology that favors CoO 
upon calcination. The second surprising finding is that there is a third peak at higher 
temperature (700°C-800°C) that is due to the reduction of CoO in strong interaction 
with the support. This fraction of cobalt oxide is presumably of a very small size, and 
the coordination of CoO with the support is likely on the atomic scale, CoO-Si 02 . 

X-ray diffraction (XRD) profiles of the calcined catalysts are presented in 
Figure 5.2. The catalyst prepared using the standard aqueous impregnation displays 
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FIGURE 5.2 X-ray diffraction profiles of (a) 0.5%Pt(incipient wetness impregnation 
[IWI])-20%Co(IWI)/SiO2 and (b) 0.5%Pt(chemical vapor deposition [CVD])-20%Co(CVD)/ 
Si 02 following calcination in flowing air. 


a higher level of crystallinity for cobalt oxide, and the low-intensity diffraction lines 
for cobalt oxide with the CVD catalyst are consistent with the TPR results that the 
cobalt oxide is more dispersed on the support. The result also indicates that there is 
a significant fraction of Co with insufficient long-range order to exhibit XRD lines. 
Presumably, that fraction of Co corresponds to highly dispersed CoO-Si 02 species. 
For the catalyst prepared through aqueous impregnation and following calcination, 
line broadening analysis by the integral breadth method indicates that the C 03 O 4 
domains are ~8 nm in diameter. 

The results of hydrogen chemisorption and pulse O 2 titration are reported in 
Table 5.2. The extent of reduction of the IWI catalyst was very high (-72%) as mea¬ 
sured by pulse O 2 titration. Although the average domain size of C 03 O 4 was -8 nm 
from XRD, the effective diameter of Co° following the standard activation in hydro¬ 
gen was large, 44.5 nm. This indicates that the Co agglomerates on this relatively 
weakly interacting support during reduction, consistent with previous investiga¬ 
tions.Interestingly, the catalyst prepared through CVD had a very low extent of 
reduction, -28%, and this is consistent with TPR and XRD that a fraction of strong 
interaction, CoO-Si 02 , was present that did not reduce in the standard activation pro¬ 
cedure. However, the larger clusters (i.e., responsible for the low-temperature peak in 
TPR) were obviously present, indicating the presence of a bimodal distribution. This 
is different from observations with nitric oxide-calcined catalysts or direct reduc¬ 
tion of cobalt nitrate, where TPR profiles were broadened.The reduced clusters 
were effectively -26.3 nm in size according to the chemisorption measurements. The 
word “effective” is used, because the cobalt particles often consist of smaller fused 
crystallite domains, as measured by TEM.^®-^’ The commercial target for Co nano¬ 
clusters is typically in the range of 8-10 nm with Co/alumina catalysts. The results 
for the CVD procedure demonstrate that the larger clusters (having a small fraction) 
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FIGURE 5.3 Scanning transmission electron microscopy micrographs for (left) 
0.5%Pt-20%Co/SiO2 and (right) 0.5%Pt-25%Co/Al2O3 catalysts prepared by (top) chemical 
vapor deposition or (bottom) aqueous impregnation (incipient wetness impregnation or slurry 
impregnation method) methods. 


that were present were more than two to three times the optimum size for FTS, while 
the greater fraction of cobalt was very small and in sufficient interaction as to remain 
unreduced. The trade-off between Co size and reducibility has been discussed at 
length in the FTS literature.Despite the smaller average size, because of the low 
extent of reduction, the chemisorption results indicate that the cobalt site density was 
slightly higher for the IWI catalyst (as measured by Hj TPD). 

STEM images are reported in Figure 5.3 for the CVD (top left) and IWI (bottom 
left) catalysts and provide further insight. Fused domains (~2 to 3 nm) form larger 
clusters, with the grapelike agglomerates accounting for a significant fraction of 
Co particles in the case of the CVD catalyst. In addition, isolated cobalt domains 
are also apparent. In agreement with the trends from hydrogen chemisorption/pulse 
reoxidation, the cobalt agglomerates are much larger, as are the domains (~5 to 
10 nm) that make up the agglomerates. It has been reported in numerous investiga¬ 
tions that a significant fraction of Pt is in atomic coordination with Co for catalysts 
prepared by aqueous methods, as detected by EXAFS^*"'*'; nevertheless, the pres¬ 
ence of ultrasmall Pt crystallites (i.e., with low Pt-Pt coordination) was not ruled out 
in those earlier studies. The STEM images of both CVD and IWI catalysts reveal 
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that stray ultrasmall (~1 nm) Pt crystallites are indeed present on the catalyst sur¬ 
face. Chonco et al.'*^ revealed by studies using physical mixtures of Pt/AljOj and Co/ 
AljOj that atomic coordination of the promoter to cobalt is not necessary to obtain 
a promoting effect; thus, isolated Pt may also serve as important sites for dissociat¬ 
ing Hj and facilitating Co oxide reduction during catalyst activation. In recent work 
comparing the effect of different promoters,'*^ Pt was one element that tended to 
slightly increase light gas selectivity, and the existence of isolated Pt sites (i.e., in 
addition to Pt-Co) was speculated as being responsible for promoting H-transfer 
through dissociation and spillover. The current finding of isolated Pt is consistent 
with this hypothesis. 

XANES spectra presented in Figure 5.4 for the two catalysts following activation 
provide information on electronic structure. The lower white line intensity for the 
IWI catalyst indicates a greater extent of reduction (also consistent with larger Co 
clusters) relative to the CVD catalyst. Because reduction of C 03 O 4 to CoO is gener¬ 
ally facile at standard FTS activation temperatures, the spectra contain a mixture of 



FIGURE 5.4 Normalized XANES spectra for (light solid) 0.5%Pt(incipient wetness impregna¬ 
tion [IWI])-20%Co(IWI)/SiO2 after Hj activation (350°C/12 h), (light dashed) 0.5%Pt(chemical 
vapor deposition [CVD])-20%Co(CVD)/SiO2 after activation (350°C/12 h), (dark solid) Co® 
foil reference, and (dark dashed) CoO reference obtained from the temperature-programmed 
reduction-EXAFS trajectory of a 20%Co/SiO2 catalyst at the point of maximum CoO content. 
(From Jacobs, G. et ah, Appl. Catal. A Gen., 333, 177, 2007.) 
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primarily Co° and CoO. A linear combination fitting utilizing CoO from a suitable 
reference compound (see Figure 5.4) and the cobalt metal foil shows that the Co° 
content was 55% higher than that of the CVD catalyst following activation. The 
results are generally consistent with both TPR and pulse oxygen titration. Reduction 
of the CVD catalyst was significantly more difficult. 

EXAFS k^-weighted Fourier transform magnitude spectra are depicted in 
Figure 5.5, along with those of reference compounds for CoO and metallic Co. 
There is a more intense peak consistent with Co-Co metal coordination for the IWI 
catalyst following activation in hydrogen relative to the CVD catalyst. Moreover, 
the CVD catalyst displays a low distance peak consistent with Co-0 coordination. 
Because the second peak is shifted slightly to higher distance relative to that of the 



FIGURE 5.5 EXAFS k^-weighted Fourier transform magnitude spectra for (I) 
0.5%Pt(incipient wetness impregnation [IWI])-20%Co(IWI)/SiO2 after Hj activation 
(350°C/12 h), (II) 0.5%Pt(chemical vapor deposition [CVD])-20%Co(CVD)/SiO2 after Hj 
activation (350°C/12 h), and (III) (solid) Co“ foil reference and (dashed) CoO reference 
obtained from the temperature-programmed reduction-EXAFS trajectory of a 20%Co/SiO2 
catalyst at the point of maximum CoO content. (From Jacobs, G. et al., Appl. Catal. A Gen., 
333, 177, 2007.) 
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Co metal foil, it likely contains a contribution from Co-Co coordination in a Co 
oxide compound. 

The results of EXAFS fitting using Co-Co metallic coordination and Co-O/Co- 
Co coordination in CoO oxide are summarized in Table 5.3 and Figure 5.6. In agree¬ 
ment with the qualitative discussion, Co-Co metal coordination was significantly 
higher (-65%) for the IWI catalyst following activation. Co-O and Co-Co coordina¬ 
tion in CoO were present in both catalysts. While Co-0 coordination was slightly 
higher in the CVD catalyst, Co-Co coordination in CoO was slightly lower. This is 
likely due to the highly dispersed nature of the CVD catalyst. A thought experiment 
is that a dimer of CoO would have Co-Co coordination in CoO of unity. Note that 
uncertainty was highest for Co-Co coordination in CoO for the IWI catalyst. 

CO conversion versus time onstream for both catalysts at the same SV is shown in 
Figure 5.7. The results of chemisorption (Table 5.2) revealed that the Co site density 
was higher for the IWI catalyst. Initial CO conversion levels are consistent with this 
finding. Alfhough there is a greater initial drop in CO conversion, most likely due 
to sintering of Co clusters in close proximity to each other, once the IWI catalyst 
achieved the leveling off period, it was more stable than the CVD catalyst, which 
tended to decline in activity at a slow but steady rate. 

Selectivity results between catalysts must be compared at similar conversion lev¬ 
els, and two comparisons are reported in Table 5.4. At both conversion levels, the 
trends are quite similar. However, one finding sfands out, and that is an increase in 
oxygenate selectivity for the case of the CVD catalyst. In previous experiments with 
Pt-Co/ceria catalysts, where small Co particles were in close contact with a par¬ 
tially reduced oxide, a significant increase in selectivity to oxygenates was observed. 
One possibility is that a similar interaction exists here, where Co metal particles are 
in close proximity to unreduced CoO-SiOj; however, the increase in oxygenates is 
much less pronounced in the current context. 

5.3.2 0.5%Pt-10%Co/SiC Prepared through IWI AND CVD 

Silicon carbide has recently attracted attention, due to its high thermal trans¬ 
port properties that may assist in controlling the exotherm generated from FTS.'*'* 
Table 5.5 summarizes the BET results for the SiC support and supported Pt/Co cata¬ 
lysts. In addition to the application of aqueous impregnation and CVD methods, a 
combined approach was also examined, where Co was first deposited by CVD and 
Pt by IWI. In all cases, an increase in surface area was observed when adding Co to 
the SiC support, although the increase was more pronounced for the CVD method. 
The pore volume values of the catalysts were similar (-0.12 to 0.13 cmVg), and a 
slight decrease in pore radius was observed relative to the support, which was more 
pronounced in the case of the CVD catalyst. 

TPR profiles, reported in Figure 5.8, show that the IWI preparation method 
(profile a) led to the common two-step reduction profile for C 03 O 4 , with CoO as an 
intermediate. Pt obviously significantly facilitated the reduction of cobalt oxides, 
as complete reduction ends at 300°C. This is consistent with a weakly interact¬ 
ing support having relatively large Co oxide particles. Hydrogenation of carbon 
from the support apparently occurs at -600°C, as a sharp feature was observed. 


TABLE 5.3 

Results of EXAFS Fitting Parameters for References Acquired near the Co K-Edge for the 0.5%Pt-20%Co/SiO2 Catalysts 
Prepared by Incipient Wetness Impregnation and Chemical Vapor Deposition 
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FIGURE 5.6 EXAFS results at the Co K-edge, including (a) the raw k'-weighted /(k) ver¬ 
sus k, (b) (solid line) the filtered k* x(k) versus k and (filled circles) the result of the fitting, 
and (c) (solid line) the Fourier transform spectra with (filled circles) the result of the fitting. 
Model considered Co-O and Co-Co contributions from CoO and a Co-Co contribution from 
Co^ metal. (I) Co" foil. (II) 0.5%Pt(chemical vapor deposition [CVD])-20%Co(CVD)/SiO2 
after reducing in Hj at 350°C for 12 h. (Ill) 0.5%Pt(incipient wetness impregnation [IWI])- 
20%Co(IWI)/SiO2 after reducing in H 2 at 350°C for 12 h. 



FIGURE 5.7 CO conversion against time onstream for the 0.5%Pt-20%Co/SiO2 catalysts 
prepared by incipient wetness impregnation and chemical vapor deposition (reaction condi¬ 
tions: T = 220°C, P = 2.0 MPa, Hj/CO = 2). 
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TABLE 5.4 

Fischer-Tropsch Reaction Results of the 0.5%Pt-20%Co/SiO2 Catalysts 
Prepared by Incipient Wetness Impregnation and Chemical Vapor 
Deposition 


„„ „ . c Selectivity, C% 

CO Conversion Space _ ' 


Catalyst 

(%) 

Velocity 

c, 

C2—C4 

Q+ 

CO2 

Oxygenates 

0.5%Pt(IWI)- 

26.7 

5.5 

9.7 

10.9 

74.3 

0.7 

4.4 

20%Co(IWI)/SiO2 

60.3 

3.0 

7.5 

9.9 

77.8 

1.1 

3.7 

0.5%Pt(CVD)- 

26.8 

6.0 

9.9 

9.9 

74.6 

0.5 

5.1 

20%Co(CVD)/SiO2 

60.2 

3.0 

7.2 

8.9 

78.2 

0.7 

5.0 


Note: Reaction conditions: T = 220°C, P = 2.0 MPa, and Hj/CO = 2. 


The profile of unpromoted 10%Co/SiC is shown in profile B. Remarkably, all of the 
cobalt is sufficiently small to have a strong interaction with the support, and reduc¬ 
tion only begins above 300°C, with the fastest rate occurring starting at 500°C. 
Adding Pt by IWI led to only a slight shift to lower temperatures, while adding 
Pt by CVD resulted in a small feature for the two-step reduction of C 03 O 4 and a 
slight shift of the overall profile to lower temperature. In both cases, the majority 
of cobalt oxide remained difficult to reduce. Figure 5.8 shows that even after a 
standard 12 h reduction in hydrogen, a significant fraction (dashed line) of cobalt 
oxide remained unreduced. 

Figure 5.9 displays XANES white line spectra for the 0.5%Pt(IWI)-10%Co(SIM)/ 
SiC and 0.5%(CVD)-10%Co(CVD)/SiC catalysts after activation (Figure 5.9a) and 
after exposure to FTS conditions (Figure 5.9b). In both cases, the Co catalyst pre¬ 
pared by IWI is significantly more reduced. Linear combination fittings of XANES 
reference spectra were performed, and results are included at the end of Table 5.1. 
The freshly activated IWI catalyst had 75% of Co in the metallic state, which 
increased to 83% during ETS. On the other hand, the freshly activated CVD catalyst 
had only 53% of Co in the metallic state, and this remained virtually the same even 
after exposure to FTS conditions. It was not possible to obtain reliable results from 
hydrogen chemisorption/pulse O 2 titration, due to the problem of SiC support hydro¬ 
genation and oxidation. 

STEM images are reported in Eigure 5.3 (right column), and the trends are very 
similar to what was observed with the silica-supported catalysts. With the CVD 
catalyst (top right), the Co domains (~1 to 2.5 nm) were smaller (with a lower ten¬ 
dency to agglomerate) than those observed by CVD for the silica-supported cata¬ 
lyst. The loading of Co was higher in the latter case, but the support surface area 
was also much higher, so a direct comparison is difficult. Larger cobalt particles 
(domains ~10 nm) were observed for the catalyst prepared by slurry impregnation. 
These existed both as isolated particles as well as being fused with other domains to 
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FIGURE 5.8 Temperature-programmed reduction profiles of (a) (I) 0.5%Pt(incipient wet¬ 
ness impregnation [IWI])-10%Co(IWI)/SiC catalyst, (II) IO%Co(chemical vapor deposition 
[CVD])/SiC catalyst, (III) 0.5%Pt(IWI)-10%Co(CVD)/SiC catalyst, and (IV) 0.5%Pt(CVD)- 
10%Co(CVD)/SiC catalyst and (b) the 0.5%Pt(CVD)-10%Co(CVD)/SiC catalyst before and 
after the standard 12 h activation in Hj. 


form larger agglomerates (Figure 5.3, bottom right). Stray-isolated Pt (~1 nm) was 
also detected, indicating that Pt is not only present in atomic coordination with Co. 

To obtain further information on Co size, EXAFS was performed. Figure 5.10 
displays the k^-weighted Fourier transform magnitude spectra of the freshly acti¬ 
vated catalysts (Figure 5.10a) and the catalysts after exposure to FTS conditions 
(Figure 5.10b). In both cases, the peak for Co-Co coordination is higher in the case 
of the IWI catalyst relative to the CVD catalyst. Moreover, both the CVD catalysts 
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FIGURE 5.9 XANES spectra of the 0.5%Pt(incipient wetness impregnation)-10%Co(slurry 
impregnation method)/SiC and 0.5%Pt(chemical vapor deposition [CVD])-10%Co(CVD)/ 
SiC catalyst (a) after 12 h activation in and (b) after exposure to FTS conditions. 
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(b) Distance (A) 

FIGURE 5.10 EXAFS k^-weighted Fourier transform magnitude spectra of the 0.5%Pt(incipient 
wetness impregnation)-10%Co(slurry impregnation method)/SiC and 0.5%Pt(chemical vapor 
deposition [CVD])-10%Co(CVD)/SiC catalyst (a) after 12 h activation in Hj and (b) after expo¬ 
sure to FTS conditions. 
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display a shoulder at lower distance consistent with Co-0 coordination that is not 
obvious for the IWI catalysts. There is a significant increase in Co-Co metal coor¬ 
dination for the IWI catalyst after running FTS, while there is only a slight increase 
in the case of the CVD catalyst. 

The results of EXAFS fittings are displayed in Table 5.6 and Figure 5.11. Virtually 
no Co-O coordination was detected in the case of the IWI catalyst, and the Co-Co 
coordination increased from ~6.1 to 8.4 after exposure to FTS conditions, con¬ 
sistent with some further reduction of the catalyst (as observed in XANES) and 
perhaps some sintering. Significant Co-0 coordination was detected in the case 
of the CVD catalyst, and both Co-0 and Co-Co metallic coordinations increased, 
from ~2.1 to 2.7 (Co-O) and ~4.4 to 5.5 (Co-Co metal) after exposing the catalyst 
to ETS conditions. This suggests some very minor sintering of both the oxidized 
and metallic domains. 

The catalysts were run at equivalent conversion levels by varying the space veloc¬ 
ity (Figure 5.12 and Table 5.7). The significantly lower space velocity of the CVD 
catalyst required to achieve conversion in the 40%-50% range indicates that the 
Co site density was significantly lower. Remarkably, as was the case with the Co/ 
silica system, the oxygenate selectivity was higher in the case of the CVD catalyst; 
however, in the case of Co/SiC, the oxygenate selectivities were significantly higher 
and more than double that of the slurry-impregnated catalyst. Moreover, the cata¬ 
lyst displayed much higher WGS activity (CO 2 was six times that of the aqueous- 
impregnated catalyst by SIM), and this was also reflected in the high methane 
selectivity (more than four times that of the SIM catalyst), due to the higher amount 
of hydrogen produced that accelerated chain termination. The CjH- selectivity was 
thus lower, less than half that of the SIM catalyst. One possibility for the observed 
higher WGS activity and oxygenate selectivities is that Co metal sites may be in close 
proximity to unreduced CoO-SiC, resulting in WGS activity via a redox or formate 
mechanism at the metal oxide junction, where defects in the oxide may activate HjO, 
with the metal facilitating H-transfer reactions. One cannot rule out an effect of the 
isolated Pt sites, as observed by STEM, on facilitating H-transfer for either WGS or 
methanation reactions. 

5.4 CONCLUSIONS 

Preparation of silica- and SiC-supported Pt-Co catalysts through CVD led to cata¬ 
lysts with distinctly different catalytic performance characteristics as compared to 
catalysts prepared using the standard aqueous impregnation methods. In the past, 
supported cobalt catalysts prepared by aqueous impregnation using silica and SiC 
supports resulted in weak interactions between support and cobalt oxides; rather 
large Co particles and a typical two-step reduction process involving C 03 O 4 to CoO 
and CoO to Co metal were observed. In contrast, with the CVD method, silica dis¬ 
played significant interactions with a fraction of the Co oxide prepared by CVD, 
while SiC interacted strongly with the entire amount of Co oxide. As a result, the 
extent of cobalt reduction was low for the CVD catalysts (as measured by TPR, 
XANES, and/or Oj titration), and despite having smaller Co clusters (i.e., as mea¬ 
sured by chemisorption, STEM, and/or EXAFS), the overall site densities were 


TABLE 5.6 

Results of EXAFS Fitting Parameters for 0.5%Pt-10%Co/SiC Catalysts Prepared by Slurry Impregnation Method and 
Chemical Vapor Deposition (and Co“ Foil) Acquired Near the Co K-Edge 
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FIGURE 5.11 EXAFS results at the Co K-edge, including (a) the raw k'-weighted x(k) ver¬ 
sus k, (b) (solid line) the filtered k* x(k) versus k and (filled circles) the result of the fitting, 
and (c) (solid line) the Fourier transform spectra with (filled circles) the result of the fitting. 
Model considered Co-O and Co-Co contributions from CoO and a Co-Co contribution from 
Co“ metal. (I) CqO foil. (II) 0.5%Pt(chemical vapor deposition [CVD])-10%Co(CVD)/SiC 
after reducing in Hj at 350°C for 12 h. (Ill) 0.5%Pt(incipient wetness impregnation [IWI])- 
10%Co(IWI)/SiC after reducing in Hj at 350°C for 12 h. (IV) 0.5%Pt(CVD)-10%Co(CVD)/ 
Sic after exposure to FTS conditions. (V) 0.5%Pt(IWI)-10%Co(IWI)/SiC after exposure to 
FTS conditions. 


lower. Productivity was thus higher for the aqueous-impregnated catalysts (i.e., 
either conversion was higher for the same SV or the SV to achieve similar conversion 
was higher). Interestingly, selectivities to oxygenates were higher for both CVD cata¬ 
lysts relative to the ones prepared by aqueous impregnation, and the effect was more 
pronounced for the Pt-Co/SiC catalyst. However, in the case of Pt-Co/SiC, methane 
and other light gas selectivities were prohibitively high resulting in poor 051 - selec¬ 
tivity. This was likely a direct result of the increased WGS activity observed, with Hj 
produced enhancing the chain termination rate. Another possibility is an effect from 
isolated Pt sites, as observed by STEM, on facilitating H-transfer for either WGS or 
methanation reactions. 
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FIGURE 5.12 CO conversion against time onstream for the 0.5%Pt-10%Co/SiC catalysts 
prepared by incipient wetness impregnation and chemical vapor deposition (reaction condi¬ 
tions: T = 220°C, P = 2.0 MPa, Hj/CO = 2). 


TABLE 5.7 

Results of Fischer-Tropsch Synthesis Reaction Testing for the 
0.5%Pt-10%Co/SiC Catalysts Prepared by Slurry Impregnation Method 
and Chemical Vapor Deposition 



CO Conversion 

Space 

Velocity 


Selectivity, C% 


Catalyst 

(%) 

c, 

C2—C4 Cg + 

CO2 

Oxygenates 

0.5%Pt(IWI)- 

43.8 

3.0 

6.3 

6.8 82.1 

0.5 

4.3 

10%Co(SIM)/SiC 

0.5%Pt(CVD)- 

42.3 

0.8 

25.6 

25.8 36.3 

3.1 

9.2 


10%Co(CVD)/SiC 

Note: Reaction conditions: T = 220°C, P = 2.0 MPa, and Hj/CO = 2. 
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This chapter discusses how catalysts prepared by chemical vapor deposition (CVD) 
performed in a significantly different manner compared to those prepared by con¬ 
ventional aqueous impregnation methods. The CVD method deposited a fraction of 
cobalt that was small enough to be in strong interaction with the support—that is, 
TiOj or AI 2 O 3 —despite the presence of a Pt promoter. With Pt-Co/alumina, the Co 
surface site density was lower for the CVD catalyst relative to the aqueous impreg¬ 
nated one. Despite similarities in initial site densities for Pt-Co/Ti 02 prepared by 
incipient wetness impregnation (IWI) and CVD methods, the ultrasmall Co crystal¬ 
lites in the CVD catalyst (determined by EXAFS and scanning transmission electron 
microscopy [STEM]) were unstable and a fraction of Co oxidized (as confirmed by 
XANES, EXAFS) after exposure to Fischer-Tropsch synthesis (FTS) conditions. On 
the other hand, the larger Co crystallites of the Pt-Co/Ti 02 (IWI) catalyst were more 
stable against oxidation, and the extent of reduction increased during FTS. 

Aqueous impregnated Pt-Co/titania and Pt-Co/alumina catalysts were more pro¬ 
ductive than their CVD counterparts. Selectivities were quite similar for the Pt-Co/ 
AI 2 O 3 aqueous impregnated and CVD catalysts at similar conversion levels. The 
oxygenate selectivity was ~ 5 % indicating that there may be a role played by metal¬ 
lic Co in interfacial contact with defect sites in residual (CoO)x-(A 1203 )y. Light gas 
and oxygenate selectivities were significantly higher for the Pt-Co/Ti 02 catalysts 
prepared by CVD of Co (and either CVD or IWI of Pt) relative to the Pt-Co/Ti 02 
catalyst prepared by IWI. There may be a role either played by the junction between 
Co and either (CoO)x’(Ti 02 )Y or defect sites in titania itself that shifts the selectivity 
from aliphatic FTS products toward oxygenates. Although Pt has been detected by 
EXAFS to have significant contact with Co at the atomic scale, some Pt was also 
detected by STEM as isolated sites. These sites may facilitate H-transfer reactions 
that promote WGS and/or methanation. One proposed WGS site is Pt in contact with 
defect sites located on partially reducible oxide carriers. 

Keywords: Fischer-Tropsch synthesis (FTS, FT), Cobalt (Co), Alumina (AI2O3), 
Titania (Ti 02 ), Chemical vapor deposition (CVD), Aqueous impregnations 
(SIM, IWI) 

6.1 INTRODUCTION 

Cobalt catalysts for Fischer-Tropsch synthesis (FTS) are at the heart of the gas-to- 
liquid process, and current commercial slurry bubble column reactor operations rely 
on alumina as the support.' Commercial cobalt catalysts are typically designed in a 
way to avoid instability in the reactor, and high loadings are used to avoid oxidation 
that can occur with tiny Co crystallites at high conversion levels, where a relatively 
high partial pressure of water exists.^ At the same time, as cobalt is expensive, effi¬ 
cient use of cobalt is of practical importance. At high loadings, there is little inter¬ 
facial contact of Co with the support, and the cobalt metal-catalyzed FTS products 
are predominantly aliphatic hydrocarbons; this is important for the production of 
transportation fuels, lubricants, and waxes. 

The question of Co particle size is apparently even more complicated. Iglesia^ 
showed in a convincing manner that with typical formulations aimed at the 
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production of transportation fuels, the turnover frequency (TOF) is relatively con¬ 
stant over a reasonably wide range of Co particle sizes (10-210 nm) over a variety 
of supports. However, structure sensitivity may be an issue at smaller sizes than the 
range tested by Iglesia. Within the past decade, considerable work has been per¬ 
formed to examine this issue. Lok* produced Co clusters in the 3-5 nm range using 
a deposition-precipitation method, but did not see a significant deviation from the 
linear trend reported by Iglesia between CO conversion and surface Co site density. 
However, Bezemer et al.^ and Barbier et al.'’ reported substantial decreases in TOF 
at small Co sizes with carbon nanofiber-supported Co catalysts and Co/SiOj cata¬ 
lysts, respectively. 

In our view, there is no question that tiny Co crystallites can oxidize under real¬ 
istic FTS conditions. XANES spectroscopy was used to examine Co catalysts after 
activation and following either FTS testing or exposure to CO/Hj/HjO ratios mim¬ 
icking 50% CO conversion levels. Catalysts were designed to have small Co crys¬ 
tallites either by employing a CVD technique to load Pt and Co to L-zeolite’ or by 
preparing Pt-Co/alumina catalysts having lower loadings than those commercially 
used. In both cases, significant oxidation occurred at the initial exposure of the 
activated Co catalyst to FTS conditions.^ 

Nevertheless, despite the apparent and significant problems of utilizing small 
Co crystallites, it is still of interest to research the FTS reaction at smaller cluster 
sizes. Interfacial contact between Co” particles and an active support, or between 
Co” particles and strongly interacting (CoO)x-(support)Y species, may play a role in 
the catalysis and could conceivably alter the selectivity toward oxygenates or olefins. 
Moreover, it is important to obtain experimental data to determine the threshold at 
which cobalt crystallites oxidize so that more effective Co sizes can be tailored. 

To that end, a comparison was conducted by preparing Co catalysts, contain¬ 
ing Pt as a reduction promoter, over a nonreducible support, AljOj, and a partially 
reducible oxide, TiOj, using two different methods. Aqueous impregnation led to 
relatively larger Co crystallites and higher extents of reduction during FTS, while 
chemical vapor deposition (CVD) was used to prepare smaller Co crystallites hav¬ 
ing lower extents of reduction during FTS. While Co particle size characteristics 
were examined by chemisorption and, in the case of Pt-Co/Ti 02 , EXAFS, catalyst 
reducibility was measured through temperature-programmed reduction (TPR), pulse 
©2 titration, and, in the case of Pt-Co/TiOj, XANES, both after activation and fol¬ 
lowing exposure to ETS conditions. 

6.2 EXPERIMENTAL 

6.2.1 Catalyst Preparation 

6.2.1.1 Wet Impregnation Preparation 

Catalox 150 Y-AI 2 O 3 and Degussa P25 Ti 02 were used as supports for the FTS of 
cobalt catalysts. For the case of Al 203 -supported 25%Co catalyst, a slurry impreg¬ 
nation method (SIM) was employed to add cobalt nitrate to the support, whereby 
the ratio of the volume of loading solution used to the weight of alumina was 
1:1, such that approximately 2.5 times the pore volume of solution was used to 
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prepare the catalyst.® Following cobalt addition, the catalyst was dried at 80°C and 
100°C in a rotary evaporator following each impregnation step, and two impreg¬ 
nation steps were performed. Incipient wetness impregnation (IWI) was utilized 
to add tetraammineplatinum(II) nitrate, and the catalyst was redried. The catalyst 
was calcined in air for 4 h at 350°C to yield a 0.5%Pt(IWI)-25%Co(SIM)/Al2O3 
catalyst. 

For the 0.5%Pt(IWI)-10%Co(IWI)/TiO2 catalyst, the IWI method was used to 
load both cobalt nitrate and tetraammineplatinum(II) nitrate in successive steps, with 
similar drying and calcination steps used in preparing the Pt-Co/alumina catalyst. 

6.2.1.2 Chemical Vapor Deposition Preparation 

CVD by sublimation of metal acetylacetonates is described in both scientihc manu¬ 
scripts and patent literature.After calcination of the support (i.e., in flowing air 
at 350°C for 4 h), the support material was combined with cobalt acetylacetonate 
and platinum acetylacetonate at the desired ratio and loaded into vacuum tubes. The 
tubes were evacuated to 1 X 10“’ Torr, and then a temperature ramp was carried out 
to slowly heat the catalyst from room temperature to 80°C. At 80°C, the catalyst 
was held for ~1 h and then the procedure was repeated at 90°C and 100°C. After 
that, the catalyst was heated to 130°C and held for 15 min to ensure complete sub¬ 
limation, and then the tubes were quenched. The catalyst was removed and loaded 
into a flow reactor for calcination in air; the resulting CVD catalysts are designated 
0.5%Pt(CVD)-25%Co(CVD)/Al2O3 and 0.5%Pt(CVD)-10%Co(CVD)/TiO2. Note 
that one Pt-Co/Ti02 catalyst was prepared by CVD of Co and IWI of Pt and is 
designated 0.5%Pt(IWI)-10%Co(CVD)/TiO2. 

6.2.2 BET Surface Area and Porosity 

BET surface area and porosity measurement of the calcined catalysts were conducted 
using a Micromeritics Tri-Star system. Before performing the test, the tempera¬ 
ture was gradually ramped to 160°C and the sample was evacuated at least 12 h to 
approximately 50 mTorr. The BET surface area, pore volume (single point), and aver¬ 
age pore radius (single-point and BJH adsorption) were obtained for each sample. 

6.2.3 Temperature-Programmed Reduction 

TPR profiles of calcined catalysts were recorded using a Zeton-Altamira AMI-200 
unit equipped with a thermal conductivity detector (TCD). Samples were pretreated 
by purging with argon flow at 350°C to remove traces of water. The TPR was per¬ 
formed using a 10 %H 2 /Ar gas mixture, which was referenced to argon at a flow rate 
of 30 cmVmin. The sample was heated from 50°C to ~900°C using a heating ramp 
of 10°C/min. 

6.2.4 H2 Chemisorption and Percentage Reduction by Pulse Reoxidation 

Hydrogen chemisorption was conducted using temperature-programmed desorption 
(TPD), also measured with the Zeton-Altamira AMI-200 instrument. The sample 
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weight was typically -0.220 g. Catalysts were activated in a flow of 10 cmVmin of 
Hj mixed with a flow of 20 cmVmin of argon at 350°C for 10 h, and then cooled 
under flowing Hj to 100°C. The sample was held at 100°C under flowing argon to 
remove and/or prevent adsorption of weakly bound species prior to increasing the 
temperature slowly to 350°C, the reduction temperature of the catalyst. The catalyst 
was held under flowing argon to desorb the remaining chemisorbed hydrogen until 
the TCD signal returned to baseline. The TPD spectrum was integrated and the num¬ 
ber of moles of desorbed hydrogen determined by comparing its area to the areas of 
calibrated hydrogen pulses. The loop volume was first determined by establishing 
a calibration curve with syringe injections of hydrogen in helium flow. Dispersion 
calculations were based on the assumption of a 1:1 H/Co stoichiometric ratio and a 
spherical cobalt cluster morphology. After TPD of hydrogen, the sample was reoxi¬ 
dized at 350°C using pulses of oxygen. The percentage of reduction was calculated 
by assuming that metal reoxidized to C 03 O 4 . Further details of the procedure are 
provided elsewhere. 

6.2.5 Scanning Transmission Electron Microscopy 

Catalyst powders were collected on copper grids for scanning transmission electron 
microscopy (STEM) analysis (200 mesh, Ted Pella Inc., Redding, CA). Transmission 
electron microscope (TEM) imaging was performed using a JEOL 2010F field- 
emission gun TEM (accelerating voltage of 200 keV and magnification ranging from 
50 to 1000 K). A symmetrical multibeam illumination was used for high-resolution 
TEM imaging with a beam resolution of 0.5 nm. Images were recorded with a Gatan 
Ultrascan 4 kx4 k CCD camera. All data processing and analysis were performed 
using Gatan Digital Micrograph software. STEM was done with a high-angle annular 
dark-field detector and Gatan imaging Alter. 

6.2.6 XANES/EXAFS 

XAS measurements in transmission mode on freshly activated Pt-Co/Ti 02 catalysts, 
sealed in wax, were carried out using the soft x-ray microcharacterization beamline 
at the Canadian Light Source, Inc., Saskatoon, Saskatchewan, while used Pt-Co/ 
Ti 02 catalysts, sealed in the ETS wax product, were also examined in the trans¬ 
mission mode, at the National Synchrotron Light Source (NSLS) at Brookhaven 
National Laboratory (beamline X-18b), Upton, New York. 

XANES spectra were processed using the WinXAS program.'^ A simultaneous 
pre- and post-edge background removal step was carried out using a Victoreen func¬ 
tion and two polynomials (degree 2 ), and the resulting spectra were normalized by 
dividing by the height of the absorption edge. Normalized XANES spectra were 
compared with those of the references. XANES spectra of both reduced and FTS 
samples of each catalyst were directly compared in order to determine whether the 
freshly reduced Co° undergoes any oxidation at the onset of FTS. 

Data reduction of EXAFS spectra was also performed using WinXAS. Following 
the normalization procedure previously described, spectra were converted to k-space 
and a k weighting of 1 was used. An advanced cubic weighted spline over three 
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sections of the 2.5-10 A“' range was used to remove the background of the /(k) 
function. The Fourier transform of the k'-weighted results to R-space was conducted 
using a Bessel window. To quantify the changes in Co-0 and Co-Co coordination 
number, fitting of the spectra in k space was carried out using FEFFIT. The k-range 
used was from 2.5 to 10 A“'. Theoretical EXAFS were generated using FEFF for 
model cobalt metal and CoO crystal parameters generated by ATOMS.In order 
to use the coordination number as a fitting parameter, was assumed to be 0.9 by 
the zeroth-order approximation. The other fitting parameters utilized by TEFFIT^^ 
included the overall Eg shift eg applied to each path, an isotropic expansion coeffi¬ 
cient a that is multiplied by the nominal length of each path, and the Debye-Waller 
factor, (T^. Scattering paths were generated using the EEFF program.^^ 

6.2.7 Catalytic Activity Testing 

FTS reaction tests were conducted using a 1 L continuously stirred-tank reactor 
(CSTR) equipped with a magnetically driven stirrer with turbine impeller, a gas 
inlet line, and a vapor outlet line with a stainless steel (SS) fritted filter (7 pm) 
placed external to the reactor. A tube fitted with a SS fritted filter (2 pm opening) 
extends below the liquid level of the reactor for withdrawing reactor wax to maintain 
a nearly constant liquid level in the reactor. Separate mass flow controllers were 
used to control the flows of hydrogen and carbon monoxide at the desired rates. The 
reactant gases were premixed in a vessel before entering the reactor. Carbon mon¬ 
oxide was passed through a vessel containing lead oxide-alumina to remove traces 
of iron carbonyls. The mixed gases entered the CSTR below the stirrer, which was 
operated at 750 rpm. The reactor slurry temperature was maintained constant by a 
temperature controller. 

Prior to performing the reaction test, the catalyst (-12.0 g) was ground and 
sieved to 45-100 pm and then loaded into a fixed-bed reactor for ex situ reduction at 
350°C under atmospheric pressure for 12 h using a gas mixture of Hj/He (30 NL/h) 
with a molar ratio of 1:3. The reduced catalyst was then transferred to a 1 L CSTR 
containing 310 g of melted Poly wax 3000, by pneumatic transfer under the protec¬ 
tion of inert N 2 gas. Weighing the reduction reactor before and after the transfer of 
catalyst was done to ensure that all catalyst powder was successfully transferred to 
the CSTR. The transferred catalyst was further exposed to pure hydrogen (20 NL/h) 
for another 24 h at 230°C as a precautionary measure, before commencing the FTS 
reaction. 

In this study, the FTS conditions used were 220°C, 2.0 MPa, and H 2 /CO = 2. For 
making selectivity comparisons, the space velocity was adjusted such that compari¬ 
sons could be made at comparable conversion levels. The reaction products were 
continuously removed from the vapor space of the reactor and passed through two 
traps, a warm trap maintained at 100°C and a cold trap held at 0°C. The pressure 
of the uncondensed vapor stream was reduced to atmospheric pressure. The gas 
flow was measured using a wet test meter and analyzed by online gas chromatog¬ 
raphy (GC). The accumulated reactor liquid products were removed every 24 h by 
passing through a 2 pm sintered metal filter located below the liquid level in the 
CSTR. Conversions of CO were obtained by GC analysis (micro-GC equipped with 
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TCDs) of the outlet gas product. Wax, oil, and aqueous products were collected peri¬ 
odically (usually daily); they were analyzed by three different GCs. 

6.3 RESULTS AND DISCUSSION 

BET and porosity results are tabulated in Table 6.1. A weight percentage loading 
of 25% Co is equivalent to a weight percentage of 33% for C 03 O 4 . If AljOj is the 
primary contributor to the surface area and there is no pore blocking, then the sur¬ 
face area should be (1 - 0.33)*150 m2/g= 100 mVg. The results of the catalysts indi¬ 
cate that pore blocking was not a significant factor with the AI 2 O 3 -supported Pt/Co 
catalysts. For the Pt-Co/TiOj catalysts, if Ti 02 is the sole contribution to surface 
area, then the surface area should be (1 - 0.132)*47.5 = 41.2 m^/g. Again, no apparent 
pore blocking was observed. There is a striking difference between the average pore 
volumes and pore radii. The pore volume and pore radius of the IWI catalyst were 
significantly lower than those of the CVD catalyst, the latter of which exhibited a 
pore radius similar to the support. This may suggest nonuniform pore blocking for 
the IWI catalyst in favor of wider pores, while in the case of the CVD catalyst, pore 
filling may have been more uniform. 

TPR profiles of Ti 02 -supported Co and Pt/Co catalysts are reported in 
Figure 6.1. The prohle of the catalyst prepared by the standard IWI method exhib¬ 
its the typical two-step reduction process of Co 304 .^’’^^ Reduction of C 03 O 4 occurs 
in two steps: Co 304 H-H 2 = 3 CoOh-H 20 and 3 CoOh- 3 H 2 = 3 Co‘’h- 3 H 20 . The second 
step consumes three times the amount of hydrogen as the first step and Pt addi¬ 
tion facilitates the reduction of both steps. The TPR profile of the CVD catalyst is 
somewhat different. The peak for C 03 O 4 to CoO reduction is smaller than one-third 
of the area of the primary peak for CoO reduction to Co metal, indicating that a 
fraction of Co clusters is likely deposited in a state that favors CoO upon calcina¬ 
tion rather than C 03 O 4 . Moreover, an additional broad high-temperature peak is 
observed (500°C-700°C) that is due to the reduction of CoO in strong interaction 
with the support. This fraction of cobalt oxide is presumably of a very small size, 
and the coordination of CoO with the support is likely on the atomic scale—for 
example, (CoO)x-(Ti 02 )Y. The TPR profile of the 0 . 5 %Pt(IWI)- 10 %Co(CVD)/TiO 2 
catalyst is intermediary between that of the 0 . 5 %Pt(IWI)- 10 %Co(IWI)/TiO 2 and 
0 . 5 %Pt(CVD)- 10 %Co(CVD)/TiO 2 catalysts. 

TPR prohles of Al 203 -supported Co and Pt/Co catalysts are provided in 
Figure 6.2. Again, the prohle of the catalyst prepared by aqueous impregnation (i.e., 
in this case, SIM) exhibits the typical two-step reduction process of Co 304 ,'’'^^ with 
the second step consuming three times the amount of hydrogen as the hrst step 
and Pt facilitating reduction of both steps. The TPR prohle of the CVD catalyst is 
also different for the case of Al 203 -supported Pt/Co. As with Ti 02 -supported Pt/Co 
catalysts, the peak for C 03 O 4 to CoO reduction is smaller than one-third of the area 
of the primary peak for CoO reduction to Co metal, indicating that a fraction of 
Co clusters is likely deposited in a state that favors CoO upon calcination rather 
than C 03 O 4 . Moreover, two additional broad high-temperature peaks are observed 
(400°C-675°C and 675°C-900°C) that are due to the reduction of CoO in strong 
interaction with the support. This fraction of cobalt oxide is presumably of a very 
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FIGURE 6.1 Temperature-programmed reduction profiles of Co/Ti02 and Pt-Co/Ti02 
catalysts prepared by incipient wetness impregnation and chemical vapor deposition. 



TCO 


FIGURE 6.2 Temperature-programmed reduction profiles of 0.5%Pt-25%Co/Al2O3 cata¬ 
lysts prepared by slurry impregnation method and chemical vapor deposition. 
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FIGURE 6.3 Scanning transmission electron micrographs of the (left) Ti02-supported and 
(right) Al 203 -supported Pt-Co catalysts prepared hy (top) chemical vapor deposition (CVD) 
of Co and Pt, (middle) aqueous impregnation of Co (incipient wetness impregnation [IWI] or 
slurry impregnation method) and Pt (IWI), and (bottom) CVD of Co and IWI of Pt. 


small size and the coordination of CoO with the support is likely on the atomic 
scale—for example, (CoO)x'(A 1203 )y. 

STEM images are reported in Figure 6.3 for (left) TiOj-supported and (right) 
AljOj-supported Pt-Co catalysts prepared by (top) CVD of Co and Pt, (middle) 
aqueous impregnation of Co (IWI or SIM) and Pt (IWI), and (bottom) CVD of Co 
and IWI of Pt. CVD of cobalt (top left, top right, and bottom left) led to both isolated 
and fused domains (~2 to 3 nm) that formed larger clusters for both TiOj- and AljOj- 
supported Pt-Co catalysts that did not grow larger than ~15 nm. On the other hand, 
the aqueous impregnation methods (middle left and middle right) resulted in larger 
clusters, and fused domains (grapelike clusters) were readily discernible with the 
AljOj-supported Pt-Co catalyst prepared by SIM of Co. Smaller isolated domains 
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were also present for both of the aqueous impregnated catalysts. Numerous research¬ 
ers have shown using EXAFS that a significant fraction of Pt is in atomic coordina¬ 
tion with Co for catalysts prepared by aqueous methods^^"^®; however, the presence 
of ultrasmall Pt crystallites (i.e., with low Pt-Pt coordination) was also speculated. 
The STEM images of both CVD and IWI catalysts reveal that isolated ultrasmall 
Pt crystallites (~1 nm) are indeed present on the catalyst surface. In a recent inves¬ 
tigation, Chonco et al.^’ demonstrated using physical mixtures of Pt/AljOj and Co/ 
AljOj that atomic coordination of the promoter to cobalt is not necessarily required 
to facilitate reduction of cobalt oxides. The isolated Pt may serve as Hj dissociation 
and spillover sites for facilitating Co oxide reduction during activation. We have 
recently compared the effect of different promoters on catalyst selectivity,^^ and 
Pt was one element identified to slightly increase light gas selectivity. At the time, 
we speculated on the existence of isolated Pt sites (i.e., in addition to Pt-Co) for 
promoting H-transfer through dissociation and spillover, and the results of STEM 
are consistent with this earlier suggestion. There appears to be less isolated Pt for 
the catalysts prepared by CVD of Co and IWI of Pt, indicating a greater uptake of 
Pt by Co. This is consistent with the results of TPR, which display a greater shift in 
reduction peaks to lower temperature as compared to the catalyst prepared by CVD 
of both Co and Pt. 

The results of hydrogen chemisorption and pulse Oj titration are reported in 
Table 6.2. In general, the extent of reduction of the catalysts prepared with aque¬ 
ous impregnation of Co was higher as measured by pulse Oj titration. Figure 6.4a 
shows that a slightly higher extent of reduction was observed in XANES spectra for 
the IWI Pt/Co-titania catalyst relative to the CVD catalyst. The metallic feature at 
7.71 keV is slightly higher and the oxide feature at 7.725 keV is lower in intensity 
for the case of the IWI catalyst. LC fitting results reported in Table 6.2 are con¬ 
sistent with this. A very different picture emerges once the catalysts are exposed 
to FTS conditions. In the case of the 0.5%Pt(IWI)-10%Co(IWI)/TiO2 catalyst, the 
catalyst undergoes significant net reduction during the run. On the other hand, the 
0.5%Pt(CVD)-10%Co(CVD)/TiO2 catalyst exhibits a lower extent of reduction than 
that of the freshly activated catalyst, indicating that a fraction of cobalt was unstable 
when subjected to FTS reaction conditions. This presumably occurred at the onset 
of the reaction, as a result of the PCHjO) present during FTS. To shed light on why 
such a sharp difference was observed in stability between the two catalysts, analysis 
of the EXAFS results was carried out. 

Figure 6.5a shows that the predominant peaks observed following activation of 
the Pt-Co/Ti02 catalysts prepared by CVD or IWI are similar and match those of 
the Co metallic foil. The slight broadening of the peaks also indicate a contribution 
from Co-O (at lower distance than Co-Co metallic coordination). The primary 
difference is that the peak for Co-Co coordination is much smaller in the case of 
the CVD catalyst, consistent with smaller crystallites, on average, being deposited 
by the method, relative to the IWI catalyst. Following exposure to FTS conditions, 
there is an increase in Co-0 coordination for the CVD catalyst, as the lower- 
distance shoulder increases in intensity and the peak for Co-Co metal coordination 
decreases. On the other hand, in the case of the IWI catalyst, the peak for Co-Co 
metal coordination increases in intensity. Results of EXAFS fittings are reported 


TABLE 6.2 

Results of Hydrogen Chemisorption/Pulse Reoxidation Measurements 

[jmol Uncorr. Oj Uptake (pmol % Red as Co“ 

Desorbed % Disp. Uncorr. Oj Adsorbed % Corrected Corrected (LC XANES 

Catalyst per (%) Diam. (nm) per g^,,) Reduction % Disp. (%) Diam. (nm) Method) 
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FIGURE 6.4 Normalized XANES spectra (Co K-edge) for (light solid) 0.5%Pt-10%Co/ 
Ti02-incipient wetness impregnation and (light dashed) 0.5%Pt-10%Co/TiO2-CVD (a) after 
activation at 350°C for 12 h and (b) after exposure to Fischer-Tropsch synthesis. (Dark 
solid) Co“ foil reference and (dark dashed) CoO reference obtained from the temperature- 
programmed reduction-EXAFS trajectory of a 20%Co/SiO2 catalyst at the point of maxi¬ 
mum CoO content. (From Jacobs, G. et al., Appl. Catal. A Gen., 333, 177, 2007.) 
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FIGURE 6.5 EXAFS k^-weighted Fourier transform magnitude spectra (Co K-edge) for (I) 
0.5%Pt-10%Co/TiO2-incipient wetness impregnation and (II) 0.5%Pt-10%Co/TiO2-CVD 
(a) after H 2 activation at 350°C for 12 h and (b) the same after running Fischer-Tropsch synthe¬ 
sis. (Ill) (Solid) Co“ foil reference and (dashed) CoO reference obtained from the temperature- 
programmed reduction-EXAFS trajectory of a 20%Co/SiO2 catalyst at the point of maximum 
CoO content. (From Jacobs, G. et al., Appl. Catal. A Gen., 333, 177, 2007.) 


in Table 6.3 and Figure 6.6. Table 6.3 shows that Co-Co metal coordination in the 
case of the CVD catalyst is very small, 3.2. This is consistent with, on average, 
5-6 atom particles, which would necessarily either have significant interaction 
with the support or be present as independent domains within a larger Co cluster. 
The TPR results indicate that a small fraction is in significant contact with the 
support, while the chemisorption results suggest that a significant fraction may be 
present as fused domains (e.g., often described as a bunch of grapes), as observed 
previously for other supported cobalt catalysts.® The instability of Co crystallites 
below 2-4 nm is well documented,^’’’^ as such species have been reported to oxi¬ 
dize under realistic FTS conditions. The decrease in Co-Co metal coordination 
and increase in Co-0 coordination for the CVD catalyst after exposure to FTS 
conditions is consistent with oxidation and in agreement with the increase in the 
white line as observed in XANES. Oxidation is proposed to occur upon exposure 
of the freshly reduced catalyst to FTS conditions (i.e., prior to the initial decline 
and leveling off period).^® 

In contrast, Co-Co coordination is significantly higher (almost double) for the 
case of the IWI catalyst, and there is an increase in Co-Co coordination for the IWI 
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FIGURE 6.6 EXAFS results at the Co K-edge, including (a) the raw k*-weighted /(k) ver¬ 
sus k, (b) (solid line) the filtered k'-x(k) versus k and (filled circles) the result of the fitting, 
and (c) (solid line) the Fourier transform spectra with (filled circles) the result of the fitting. 
Model considered Co-O and Co-Co contributions from CoO and a Co-Co contribution from 
Co“ metal. (I) Co“ foil and (II) 0.5%Pt-10%Co/TiO2 CVD after reduction in Hj at 350°C 
for 12 h. (Ill) The same catalyst after running the Fischer-Tropsch synthesis (FTS). (IV) 
0 .5%Pt-20%Co/TiO2-incipient wetness impregnation after reduction in Hj at 350°C for 12 h. 
(V) The same catalyst after running the FTS. 


catalyst and a decrease in Co-0 coordination following exposure to FTS condi¬ 
tions. This result is also consistent with results in the literature for both commercial 
catalysts^' and research catalysts.Above the threshold (below which oxidation 
of Co occurs), Co has been found to undergo net reduction as part of a complex sin¬ 
tering mechanism.^*’ This has been suggested to occur during the initial decline and 
leveling off period observed in reaction tests. 

Results of FTS reaction testing for the Pt-Co/alumina and Pt-Co/titania catalysts 
are reported in Table 6.4 (alumina) and Figure 6.7 and Table 6.5 (titania). In the case 
of the Pt-Co/alumina CVD and aqueous impregnated catalysts, the space velocity 
was adjusted to achieve similar conversion levels. The lower SV required for the CVD 
catalyst (Table 6.4) indicates that the catalyst was less active on a per gram catalyst 





















FTS: Co/TiOj and Co/Al 203 -Aqueous vs. CVD 


101 


TABLE 6.4 

Fischer-Tropsch Synthesis Reaction Results of the 0.5%Pt-25%Co/Al2O3 
Catalysts Prepared by Slurry Impregnation Method and Chemical Vapor 


Deposition 



CO Conversion 

Space 

Catalyst 

(%) 

Velocity 

0.5%Pt(IWI)- 

44.9 

3.6 

25%Co(SIM)/Al203 



0.5%Pt(CVD)- 

44.6 

2.0 


25%Co(CVD)/Al203 


Selectivity 


c , 

C2-C4 

Q + 

CO2 

Oxygenates 

8.0 

10.7 

75.7 

0.8 

4.8 

9.1 

8.1 

76.5 

1.2 

5.1 


Note: Reaction conditions: T = 220°C, P = 2.0 MPa, and Hj/CO = 2. 



FIGURE 6.7 CO conversion against time onstream for the 0.5%Pt-10%Co/TiO2 catalysts 
prepared by incipient wetness impregnation and chemical vapor deposition. (Reaction condi¬ 
tions: T = 220°C, P = 2.0 MPa, H 2 /CO = 2.) 


basis. On the other hand, the COj, Cj, and oxygenate selectivities were similar, but 
perhaps slightly higher. As Co oxide has been suggested to be active for 
the results suggest that the CVD catalyst had slightly higher WGS activity, which is 
also probably responsible for the slightly higher Cj selectivity as well.^’ On the other 
hand, the slightly higher oxygenate selectivity may be due to slightly greater contact 
of Co metal particles with the dispersed (CoO)x(A 1203 )y phase. Pt in contact with a 
defect-laden oxide is also proposed to be a WGS site, with Pt assisting in H-transfer 
during decomposition of the associated intermediate.^* Thus, one cannot rule out 
the role played by isolated Pt sites for H-transfer in accelerating WGS or facilitating 
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TABLE 6.5 

Fischer-Tropsch Synthesis Reaction Results of the 0.5%Pt-10%Co/TiO2 
Catalysts Prepared by Incipient Wetness Impregnation and Chemical Vapor 
Deposition 



CO Conversion 

Space 

Velocity 



Selectivity (C%) 


Catalyst 

(%) 

c, 

C2—C4 

Q+ 

CO2 

Oxygenates 

0.5%Pt(IWI)- 

27.8 

5.0 

6.7 

4.7 

83.8 

1.5 

3.3 

10%Co(IWI)/TiO2 

0.5%Pt(CVD)- 

27.6 

1.5 

9.0 

00 

bo 

75.6 

1.6 

5.0 

10%Co(CVD)/TiO2 

0.5%Pt(IWI)- 

24.3 

2.0 

20.5 

13.3 

54.8 

7.4 

4.0 


10%Co(CVD)/TiO2 

Note: Reaction conditions: T = 220°C, P = 2.0 MPa, and Hj/CO = 2. 


methanation. In recent work, we showed that Pt slightly augmented methane selectiv¬ 
ity and speculated on the existence of such isolated Pt sites. 

Figure 6.7 shows that the CVD Pt-Co/Ti02 catalysts were also less active on a 
per gram basis than the IWI catalyst. The EXAFS/XANES results suggest that the 
Co crystallites were sufficiently small as to undergo oxidation upon exposure to 
FTS conditions. On the other hand, the IWI catalyst displays conventional stabil¬ 
ity behavior for Co undergoing the typical net reduction/sintering mechanism as 
described in the literature. The pattern involves an initial rapid decline prior to level¬ 
ing off and slower long-term deactivation. The results of EXAFS and XANES are 
also consistent with the involvement of such a mechanism. 

Table 6.5 reports selectivity data at similar conversion levels. The lower SV 
required to achieve a similar conversion level for the CVD catalysts is further con¬ 
firmation of the lower activity of the CVD catalysts relative to the IWI one (on a 
per gram catalyst basis). Again, as with Pt-Co/alumina, generally higher Cj, CO 2 , 
and oxygenate selectivities were observed for the CVD catalysts relative to the IWI 
catalyst. Both higher Cj and CO 2 selectivities may be linked to a higher WGS rate 
(e.g., involving oxidized Co species, as previously described); however, one cannot 
rule out a particle size effect. 

A number of competing proposals have been put forth to describe the formation 
of oxygenates during FTS. One view is that CO adsorbs molecularly on specific 
sites that can then terminate growing hydrocarbon chains by insertion.Another 
perspective is that, if reduced defect sites are present to activate H 2 O, CO may react 
with the defect-associated OH groups to form an oxygenate species that can insert 
into the hydrocarbon chain. It is well known that species such as formates are formed 
by such a reaction.'^^ Finally, it cannot currently be ruled out that labile OH groups 
resulting from H 2 O dissociation at vacancies may directly terminate the chain; such 
defect-associated bridging OH groups have been identified in the past by infrared 
spectroscopy in partially reducible oxides.'*^ The prevailing theme in each of these 
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proposals is that the catalysis for oxygenate formation may occur at the periphery 
between the metal particle and the defect-laden metal oxide support (or other defect- 
containing species); this may alter the selectivity away from aliphatic hydrocarbons 
and toward oxygenates and/or olefins. 

With all of the CVD catalysts examined, there is a fraction of (CoO)x(support)Y 
species where the interaction is strong enough to hinder reduction. These species 
may provide the source of defect sites for oxygenate production. On the other hand, 
in the case of Ti 02 , the support itself may provide defect sites, as has been proposed 
for Pt-Co/ceria catalysts.'^'* In the latter case, oxygenate selectivities of up to 14.8% 
were realized depending on the extent of perimeter contact of Co particles with the 
defect-laden support. 

6.4 CONCLUSIONS 

In this contribution, catalysts were prepared by aqueous impregnation or CVD of 
cobalt and platinum promoter on a relatively inactive support (y-AljOj) and a par¬ 
tially reducible oxide (TiOj) for the purpose of comparison. In both cases, the CVD 
method deposited a fraction of cobalt that was small enough to be in strong inter¬ 
action with the support, despite the presence of a Pt promoter. This resulted in a 
somewhat lower site density for the case of Pt-Co/alumina prepared by CVD rela¬ 
tive to the aqueous impregnation method; on the other hand, although initial site 
densities were quite similar for the case of Pt-Co/TiOj prepared by IWI and CVD 
methods, the tiny Co crystallites (as measured by EXAFS spectroscopy) were suf¬ 
ficiently unstable after exposure to FTS conditions, and some oxidation occurred (as 
measured by XANES). In contrast, in the case of the larger Co crystallites of the 
Pt-Co/Ti02 IWI catalyst, the extent of reduction increased after exposure to FTS. 

The catalysts prepared by aqueous impregnation were more productive for both 
catalyst systems. The selectivities were comparable for the Pt-Co/Al 203 aqueous 
impregnated and CVD catalysts at similar conversion levels, and the fact that the 
oxygenate selectivity was -5% in both cases may indicate a role played by metallic 
Co in interfacial contact with defect sites in residual (CoO)x-(A 1203 )y. The light gas 
selectivity and oxygenate selectivities were higher for the Pt-Co/Ti 02 catalysts pre¬ 
pared by CVD of Co (and either CVD or IWI of Pt) relative to the catalyst prepared 
by IWI of cobalt and Pt. The latter result suggests a role played by either Co in inter¬ 
facial contact with defect sites in (CoO)x-(Ti 02 )Y or titania itself at the metal-support 
boundary that alters the selectivity toward oxygenates. In addition to Pt that has pre¬ 
viously been detected by EXAFS to be in contact with Co, Pt was also detected by 
STEM as isolated sites. These sites may facilitate H-transfer reactions that promote 
WGS and/or methanation. One proposed WGS site is Pt in contact with defect sites 
located on partially reducible oxide carriers. 
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The selectivity in Fischer-Tropsch synthesis on iron and cohalt catalysts is studied 
and the fundamental principles of this process are determined. 

With precipitated alkalized iron catalysts (at 250°C), 70% primary a-olefin 
selectivity, together with 30% primary paraffin selectivity at a steady state, is 
observed—after a self-organization time during which the metallic iron phase 
reacts to iron carbides. The rate and selectivity are influenced by potassium promo¬ 
tion, which controls “carbon-on-site” formation, followed by competing reactions 
of the formation of CII 2 as a monomer, the formation of iron carbides, and the 
formation of a carbon phase. 

With cobalt catalysts, it is observed that secondary olefin reactions proceed 
together with the primary formation of a-olefins. Self-organization is seen as cobalt 
surface segregation, leading to different kinds of active sites. Secondary olefin 
reactions include a-olefin adsorption on chain growth sites for further growth and 
a-olefin reactions on Co sites of a metallic kind for hydrogenation and isomerization, 
which strongly depend on the partial pressure of CO. Secondary reactions decline 
during self-organization. The interrelation of olefin hydrogenation and isomerization 
depends on the reaction time (during self-organization), on the olefin carbon number, 
and strongly on the CO partial pressure. Co feeding of olefins provides insight about 
secondary a-olefin reactions. 

Keywords: Self-organization iron and cobalt catalysts. Secondary olefin reactions 
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7.1 INTRODUCTION 

Olefins—together with paraffins—are the main product compounds of Fischer- 
Tropsch synthesis with cohalt and iron catalysts. In technical FT operation, olefins 
used as chemicals may be desired and are achieved at high selectivity with alkalized 
iron catalysts at high temperature. At lower temperatures and low alkalization, iron 
catalysts behave similar to cobalt catalysts, producing mixtures of paraffins and ole¬ 
fins, mainly used as high-quality fuels. 

Understanding the interrelations of paraffin and olefin selectivities is challenging, 
because of the mechanistic complications involved in secondary olefin reactions. 
A principal problem concerns the difference between iron and cobalt as catalysts, 
both attaining a steady state in the composition, structure, and activity after some 
time in the reaction along with changes in the rate and product composition. A com¬ 
prehensive view on the principles of olefin selectivity is developed. 

7.2 EXPERIMENTAL 

Experimental details about the presented results have been published before [1-9], 
but essential information is noted along with results. 

7.3 RESULTS AND DISCUSSION 

7.3.1 Olefin Selectivity with Iron Catalysts 

Iron catalysts in FT synthesis need to be promoted with an alkali [10]. In Figure 7.1, 
the olefin content in C 4 —a product fraction representing a general trend of prod¬ 
uct composition—is shown as a function of the reaction time for runs with three 
catalysts, these being differently alkalized. It is seen that generally olefin selectivity 
increases with time. 

This is explained by catalyst structuring via the reaction of iron with CO to 
form an iron carbide. At sufficiently high alkalization, metallic iron is converted 
completely—no a-iron being left—and the steady-state olefin selectivity (ca. 75%) 
is attained. FT synthesis now proceeds with iron carbide [1,3,4]. It is shown in 
Figure 7.2, as a typical result, how with increasing reaction time all originally pres¬ 
ent metallic iron of the catalyst disappears and iron carbide is being formed until 
steady-state activity is reached [1,3]. 

Figure 7.3 shows the related olefin composition as a function of the reaction time 
(presented for the Cj-fraction). It is noted that the olefin-(l)-isomer is obtained very 
exclusively at steady state (more than 95% selectivity) with the sufficiently alkalized 
catalyst. It is concluded that primary olefin selectivity—as obtained on iron carbide 
in the absence of metallic iron—concerns a-olefins only. Furthermore, olefins are 
only formed via isomerization on the iron metallic surface—if this is present. The 
proposed mechanisms of reactions are presented in Figures 7.4 and 7.5. 

In relation to self-organization. Figure 7.6 shows the development of FT synthesis 
activity with increasing reaction time for the three differently potassium-promoted 
iron catalysts. 
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100Fe-13Al203-10Cu-K(precipitated), fixed bed, 250°C,10 bar 


FIGURE 7.1 Olefin content in the C 4 product fraction during self-organization of iron as a 
catalyst at varied alkali promotion. Note: Olefin hydrogenation declines as iron disappears 
and iron carbide is formed ca. 80% (primary), and olefin selectivity is ultimately observed. 
(Data adapted from Schulz, Ff., Catal. Today, 228, 113, 2014; Riedel, T. et ah. Top. Catal., 41, 
2003; Schulz, H. et al., Appl. Catal. A: Gen., 186, 215, 1999; Claeys, M., Elementarschritte 
der Fischer-Tropsch CO-Hydrierung mit Eisen- und Kobaltkatalysatoren, Dissertation, 
Karlsruhe, Germany, 1997; for catalyst preparation, see Ref. [1]). 



100Fe-13Al2O3-10Cu-25K (precipitated), fixed bed, 250°C, 10 bar,H2/C02= 3 


FIGURE 7.2 Self-organization of the Fischer-Tropsch synthesis regime with an alkalized 
iron catalyst. Note: When steady state is attained, metallic iron disappears, whereas iron car¬ 
bide (Fe 5 C 2 ) forms; FT synthesis now proceeds with iron carbide in the absence of a metallic 
iron phase. 
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100 Fe- 13 Al 203 - 10 Cu-K (precipitated), fixed bed, 250°C, 10 bar 


FIGURE 7.3 Olefin-1 content in the C 5 -olefin fraction during Fischer-Tropsch synthesis 
self-organization on iron depends on alkali promotion. Note: With sufficient alkali promo¬ 
tion, all olefins are olefins-1 at steady state. Conclusion: Olefins-1 are isomerized on metal¬ 
lic iron (if present). (Data from Schulz, H., Catal. Today, 228, 113, 2014; Riedel, T. et al.. 
Top. Catal, 41, 2003; Schulz, H. et al., Appl Catal A.- Gen., 186, 215, 1999; Claeys, M., 
Elementarschritte der Fischer-Tropsch CO-Hydrierung mit Eisen- und Kohaltkatalysatoren, 
Dissertation, Karlsruhe, Germany, 1997.) 


Olefin and paraffin formation on “iron carbide growth sites”: 

R-CH = CH 2 70%-80% 

R-CH 2 -CH 3 20%-30% 

FIGURE 7.4 Proposed mechanism of the primary olefin and paraffin formation. Note: 
Olefins-1 and paraffins are the Fischer-Tropsch synthesis (primary) products; reversibility of 
olefin-1 desorption causes with-Nc-increasing growth prohahility. 



Olefins-1 react (secondarily) on metallic iron sites: 


R-CH2-CH=CH2 


R-CH=CH-CH3 



R-CH2-CH2-CH2 


R-CH 2 -CH-CH 3 


rdj_ 

4 R-CH 2 -CH 2 -CH 3 



FIGURE 7.5 Proposed mechanism of olefin secondary reactions. Note: Reversible FI addi¬ 
tion (reactions 1-3) explains olefin isomerization; associative desorption of alkyl with Ft 
(reactions 4-5) explains hydrogenation. 
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lOOFe-lSAljOg-lOCu-fzero K, 5K, 25 K), 
precipitated, fixed bed, 250°C,10 bar, H 2 /CO = 2 


FIGURE 7.6 Iron catalyst activity (Fischer-Tropsch synthesis yield) as a function of reac¬ 
tion time for three amounts of catalyst potassium promotion. Zero K, poor performance, poor 
carbiding; 25 K, deactivation by deposited carbon; 5 K, right C-formation rate for FT syn¬ 
thesis. (Data from Schulz, H., Catal. Today, 228, 113, 2014; Riedel, T. et ah. Top. Catal., 41, 
2003; Schulz, H. et ah, Appl. Catal. A: Gen., 186, 215, 1999; Claeys, M., Elementarschritte 
der Fischer-Tropsch CO-Hydrierung mit Eisen- und Kobaltkatalysatoren, Dissertation, 
Karlsruhe, Germany, 1997.) 

It is concluded that the role of potassium in promoting FT synthesis on iron cata¬ 
lysts concerns the rate of Cj species (carbon on site) formation from carbon monoxide, 
which must be adjusted to the competing consumption reactions of carbon on site 
with hydrogen to form the FT synthesis monomer, with iron to form iron carbide 
phases or with surface carbon to produce a deactivating carbon phase (see Figure 7.7) 
[1]. During self-organization, metallic iron reacts with carbon on site to form active 
iron carbide. At steady state (almost), only the FT synthesis monomer is formed. 
At too high alkali promotion, the catalyst deactivates by a carbon phase formation. 


Controlled by K promoting 


+H 


>H20 


OH 




R-CH2 


FIGURE 7.7 Proposed mechanism of alkali promotion in Fischer-Tropsch synthesis on iron 
catalysts. 
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7.3.2 Olefin Selectivity with Cobalt Catalysts 

As concluded for iron catalysts, it is similarly proposed for cobalt catalysts that 
olefins in the FT synthesis are primarily olehn a-isomers, obtained on growth sites, 
and the secondary reactions of these olefins (hydrogenation and isomerization) pro¬ 
ceed on different sites of metallic character. Figure 7.8 shows the olehn content in 
product carhon number fractions for different reaction times. The curved shape 
rehects the carbon number dependence of olehn hydrogenation (simultaneously 
proceeding a double-hond shift): At C 2 (ethene), hydrogenation is specihcally fast. 
With increasing carbon number (from C 3 upward), hydrogenation rates increase. 
At C3, no double-bond shift interferes, because the two olehn isomers are identical 
a-olehns—in contrast to the higher olehns, where internal olehns are formed— 
these being less reactive for hydrogenation than terminal olehns. Thus the olehn 
content at C 3 at a short reaction time is observed to be lower than at C 4 (where 
also isomerization to internal olehns proceeds—these olehns being less reactive 
for hydrogenation). 

With increasing reaction time and proceeding self-organization (as thought to 
proceed via surface restructuring [ 11 ], increasing the number of sites on the surface 
and modifying sites, through disproportionation for higher and lower coordination), 
the secondary reaction of olehn hydrogenation is being suppressed. 

As can be seen in Figure 7.9, the product olehn composition indicates a fast 
double-bond shift; only a few a-olehns are left. A double-bond shift declines during 
self-organization. 

The kinetic schemes shown in Figures 7.4 and 7.5 for iron catalysts also apply for 
cobalt catalysts. 



100Co-4Zr-100Aerosil-0.4Pt (precipitated), 190°C, 5 bar, H 2 /CO = 2 

FIGURE 7.8 Olefins in product carbon number fractions during self-organization of Fischer- 
Tropsch synthesis on a cobalt catalyst. Note: Curves characterize (secondary) olefin hydro¬ 
genation (decreasing during self-organization). (Adapted from Schulz, H., Catal. Today, 228, 
113, 2014; Nie, Zh., Anfangsaktivitaet und -selectivitaet der Fischer-Tropsch Synthese mit 
modifizierten Kobalt- und Nickelkatalysatoren, Dissertation, Karlsruhe, Germany, 1996.) 
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100Co-4Zr-100Aerosil-0.4Pt (precipitated), 190°C, 5 bar, H 2 /CO = 2 


FIGURE 7.9 Olefins-1 in ;t-olefin product carbon number fractions. Temporal changes dur¬ 
ing Fischer-Tropsch synthesis on a cobalt catalyst. Note: Only a few a-olefins among u-olefins 
are left: extensive double-bond shift and declining isomerization with time. (Adapted from 
Schulz, H., Catal. Today, 228, 113, 2014; Nie, Zh., Anfangsaktivitaet und -selectivitaet der 
Fischer-Tropsch Synthese mit modifizierten Kobalt- und Nickelkatalysatoren, Dissertation, 
Karlsruhe, Germany, 1996.) 

The actual FT synthesis regime is dominated by the CO partial pressure as can be 
seen in Figure 7.10, showing the selectivity of conversion of cofed n-octene-(l). At 
low CO partial pressure, exhaustive olefin hydrogenation proceeds (on well available 
metallic sites). With increasing CO partial pressure (deeper surface restructuring and 
stronger inhibition of olefin reaction by competitive CO adsorption), hydrogenation 


Readsorption 

Hydrogenation Isomerization for growth 




FIGURE 7.10 Selectivity of cofed u-octene-(l) conversion depending on the CO partial 
pressure. Co catalysts, pjj^ = 5 har, p^^o = 2 har, and well-mixed slurry reactor. (From 
Claeys, M., Dissertation, Karlsruhe, Germany, 1997; van Steen, E., Dissertation, Karlsruhe, 
Germany, 1993.) 
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TABLE 7.1 

Reactions of Cofed o-Hexadecene-1 (l-’^'C) during Fischer-Tropsch 
Synthesis on Cobalt 
'“C-Distribution in Reaction Products 

80% of “C in hexadecane 

6.3% of '“'C in n-paraffins at constant molar radioactivity 

10 % of *“*0 in hydrocarbons C 2 —C 15 with carbon number linearly increasing molar radioactivity 
3.7% of '“'C in methane 

Note: Catalyst, 100Co-18Th02-100 kieselgubr (precipitated); 190°C, 1 bar, H 2 /CO = 2, 75 h"', 
CO conversion 70%, 0.1 vol.% hexadecane-fl-'^C) in syngas, radio gas chromatography 


is suppressed, whereas isomerization (double-bond shift) is still possible. Olefin 
incorporation proceeds (reversibly to primary olefin formation) on growth sites not 
being suppressed by increasing CO partial pressure. Again the kinetic schemes of 
olefin selectivity presented in Figures 7.4 and 7.5 apply consistently. 

Black symbols refer to the catalyst CoRe-Si 02 and empty symbols to catalyst 
CoZrRu-Si 02 . The two catalysts exhibited similar performance, justifying a com¬ 
mon trend line for both experiments. 

The curve of olefin readsorption, depending on the CO partial pressure, reflects 
the influence of the competing reactions of hydrogenation and isomerization. In the 
range of relatively low CO partial pressure (0.5-5 bar), the decrease of hydrogenation 
allows an increase of olefin readsorption. In the range of higher CO partial pressure 
(5-10 bar), isomerization of olefins (double-bond shift) dominates; however, read¬ 
sorption on growth sites, being only possible with terminal olefins and respectively 
olefin readsorption, declines as a double-bond shift proceeds. 

The results of cofeeding ''^C-labeled hexadecene-(l) during FT synthesis on cobalt 
[8,9] are shown in Table 7.1. 

The particularly interesting result concerns the observed radioactivity in com¬ 
pounds with carbon numbers smaller than that of the cofed Ci 5 -olefin. It is proposed 
that this refers to the reversibility of the chain growth with CHj as the monomer. 

The CII 2 reaction possibilities then react to chain growth with any of the avail¬ 
able growth species C 1 -C 15 , which causes the observed linear increase of molar 
radioactivity in the range C 1 -C 15 and reaction to methane on nonspecific hydroge¬ 
nation sites. 

7.4 CONCLUSIONS 

Mechanistic interrelations of primary olefin formation and secondary reactions on 
cobalt and iron catalysts have been investigated. Olefin selectivity can be used to 
characterize catalyst performance, being a powerful tool for catalyst design on the 
basis of advanced understanding of the cooperation of different kinds of catalyst 
sites for primary and secondary reactions. 
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The effect of CO conversion, resulting either from deactivation or from adjust¬ 
ing contact time, on selectivities (CH 4 , 051 -, CO 2 , paraffin and olefin content, and 
1 -olefin and 2 -olefin in the C 2 -C 4 and C 5 -C 10 ranges) of Ru-promoted and unpro¬ 
moted 25%Co/Al203 catalysts was studied using a 1 L continuously stirred tank 
reactor (CSTR) at typical Fischer-Tropsch synthesis (FTS) conditions. The freshly 
activated and used unpromoted 25 %Co/Al 203 catalysts were characterized by BET, 
hydrogen chemisorption with O 2 titration, extended x-ray absorption fine structure/ 
x-ray absorption near-edge structure (EXAFS/XANES), and scanning transmission 
electron microscope-electron energy loss spectroscopy (STEM-EELS) in order to 
elucidate the possible deactivation mechanisms of the catalyst during kinetic test¬ 
ing over a long period of time. Decreasing CO conversion in the range 66%-10%, 
regardless of whether it was caused by deactivation or by changing contact time at 
steady-state conditions, resulted in marked increases in CH 4 selectivity and 1 -olefin 
content and in decreases in Cs-t selectivity and 2-olefin contents. However, the deac¬ 
tivation of the cobalt catalyst after 320 h (i.e., X^o from 40% to 20%) did not result 
in substantial changes in the content of total olefins, total paraffins, and CO 2 selec¬ 
tivity; in contrast, decreasing CO conversion without deactivation by changing the 
contact time for a Ru-promoted 25 %Co/Al 203 catalyst led to pronounced decreases 
in total paraffin contents and CO 2 selectivity and in a marked increase in total olefin 
content. Different mechanisms for selectivity trends obtained during deactivation 
or by changing space velocity were proposed. The data verified enhanced second¬ 
ary reactions (i.e., hydrogenation, methanation reaction, and water-gas shift reac¬ 
tion) on cobalt oxide species that were derived from cobalt metals with deactivation, 
and the phase changes were primarily responsible for the selectivity changes; in 
contrast, the intrinsic relationship between the selectivity and CO conversion on 
cobalt catalyst was ascribed primarily to contact time and variation of partial pres¬ 
sures of reactants. Results of STEM-EELS, XANES, and EXAFS of the freshly 
reduced 25 %Co/Al 203 catalyst consistently showed that a significant fraction of 
cobalt metal was oxidized to cobalt oxide species such as CoO and C 0 AI 2 O 4 dur¬ 
ing kinetic testing over a long period of time, which was likely a major deactiva¬ 
tion path of the cobalt catalyst. Meanwhile, the STEM images revealed that small 
amounts of amorphous carbon are also present on the cobalt surface; however, this 
is not thought to be a dominant deactivation mechanism in the current context. 
Therefore, it was not likely responsible for the observed changes in hydrocarbon 
selectivities for the cobalt catalyst studied. 
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8.1 INTRODUCTION 

Supported Co-based catalysts in Fischer-Tropsch synthesis (FTS) have been the sub¬ 
ject of a large number of studies in the past decades due to their high activity, high 
selectivity to waxy hydrocarbons, long life, and low inherent water-gas shift (WGS) 
activity. These merits favor the use of cobalt-based catalyst in commercial plants for 
conversion of natural gas to liquid (GTE) fuels. To date, cobalt-based catalysts have 
been successfully used in the Oryx GTL and Pearl GTE plants in Qatar,' PetroSA 
Mbssgas GTL plant in South Africa, and Shell Bintulu GTL plant in Malaysia.^ 

Recently, efforts have been devoted to understanding the effect of water on the 
activity and selectivities of cobalt catalysts in FTS, which were reported to depend 
on support types, that is, Si 02 , AI 2 O 3 , Ti 02 ,^“’’ cobalt particle size,’“^ and process 
conditions.Meanwhile, a number of studies were carried out to understand the 
effect of promoters (e.g., Pd, Pt, Re, Ru, and Zr) on Co catalyst performance and Co 
atomic structure.The support effect on cobalt catalyst performance has been 
attributed to a support-Co interaction.'' ® A strong interaction between the support 
and cobalt (e.g., C 0 -AI 2 O 3 ) results in a higher Co dispersion (i.e., smaller Co cluster 
size). Commercial catalysts are prepared with high Co loadings'® in part to stabilize 
the catalyst against oxidation, as it is well known that Co crystallites below the range 
of 2-5 nm are sensitive to oxidation.'^ In some research catalysts, a negative water 
effect on cobalt catalyst activity was attributed to rapid oxidation of small cobalt par¬ 
ticles'®; in contrast, a weak support-Co interaction (e.g., Co-Si 02 ) results in lower 
Co dispersion and a positive water effect on catalyst activity.® '® In both cases, water 
was observed to decrease CH 4 selectivity.® '® Recent studies of the effect of water and 
process conditions on hydrocarbon selectivities of Co catalysts have provided useful 
insights."'"'®® At conversion levels below 70%, where small extents of deactivation 
have been observed, the increase in CO conversion by decreasing feed flow rate 
leads to increases in partial pressure of water and causes decreases in CH 4 selectiv¬ 
ity and corresponding increases in CsH- selectivity. At conversion levels higher than 
about 70%, an increase in CO conversion resulted in significant deactivation due to 
oxidation of cobalt crystallites'® and was accompanied by a significant increase in 
methane selectivity and the WGS rate. However, the impact of CO conversion on 
catalyst selectivity, an important topic for process optimization, still needs to be bet¬ 
ter defined. For example, there are questions regarding how CO conversion impacts 
hydrocarbon selectivity (especially, olefin and paraffin contents) and secondary reac¬ 
tions during catalyst deactivation. Also, the models of deactivation responsible for 
changes in selectivity need to be elucidated. 

A number of studies on cobalt catalyst deactivation, including the kinetics and 
mechanism, have been conducted recently.®'"'' Researchers employed advanced char¬ 
acterization techniques (e.g., EXAFS/XANES,®'"®®®-®® STEM-EELS,®' operando- 
XRD and operando-Raman,®® ®® EETEM, and HS-LEIS®®) to investigate deactivation 
mechanisms of cobalt-based catalysts. Sintering of small cobalt particles®''®® ®® ®''; 
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poisoning of cobalt by compounds such as sulfur, ammonia, and alkali com- 
pounds^^"^’; oxidation of small cobalt metals'^'^°; reconstruction^^"^*; and carbon 
deposition^^-^'’ have been proposed as prevailing mechanisms of deactivation depend¬ 
ing on catalyst type and reaction conditions. When a freshly activated catalyst is ini¬ 
tially exposed to FTS conditions at commercially relevant conversions, if very small 
Co crystallites are present, some oxidation has been reported.^^"^^ Sintering was also 
reported to occur during the initial rapid decline in conversion during FTS prior to 
longer-term leveling off (i.e., where slower deactivation is observed).^''"^® During this 
period, XANES studies have revealed a net reduction of Co with both research^^-^*"'’” 
and commerciaF^"^’ cobalt catalysts. It could be that cobalt deactivation is caused 
by several parallel mechanisms. However, deactivation studies over long periods of 
time on stream have been very limited. A few studies explored deactivation mecha¬ 
nisms of cobalt catalysts over a long period of FTS reaction, that is, >30 days.^^“^’ It 
was observed using EFTEM and HS-LEIS that polymeric carbon interacting with 
cobalt or alumina surface was one of the deactivation mechanisms over a commercial 
Pt-Co/AljOj catalyst that plays a part in the long-term catalyst deactivation.^^'^® In 
contrast, the study of Saib et al.^’ using XANES ruled out cobalt oxidation (>6 nm) 
as the deactivation of a Pt-Co/Al 203 catalyst during a run over a long period of time. 
This finding is consistent with our work on deactivation with time on stream for a 
Re-promoted Co catalyst.^^'^^-'*® 

Recently, a novel calcination method employing nitric oxide (NO) in lieu of air 
was used by Sietsma et al.'" ''^ to prepare Co/SiOj catalysts. It was found to be an 
effective approach to decrease the average Co cluster size of SiOj-supported cata¬ 
lysts. In one application of the method, higher initial activity but faster deactivation 
rates were observed with NO-calcined 15%-25%Co/Si02 catalysts.'*^-''^ In TPR- 
EXAES/XANES testing, the smaller Co crystallites formed after reducing the cata¬ 
lysts pretreated with the NO calcination method had stronger interactions with SiOj 
and a lower extent of reduction.'^^ Recently, we prepared cobalt/alumina catalysts 
having close to commercial loadings (i.e., 25%Co) and pretreated by either the novel 
NO calcination or the standard air calcination in order to determine if the calcination 
environment also greatly changed cobalt dispersion and therefore the performance of 
the cobalt catalysts. In that case, only a small decrease in average Co cluster size was 
obtained in hydrogen chemisorption/pulse reoxidation measurements (Table 8.1), 
suggesting that the strong interaction of Co with the alumina support is the main 
factor in controlling Co particle size in Al 203 -supported Co catalysts. 

The objectives of the current effort cover the following two aspects. The effect 
of CO conversion resulting from deactivation of cobalt and from changes in process 
conditions on various gas and liquid hydrocarbon selectivities during a long period of 
ETS kinetic testing was comparatively investigated. An unpromoted 25%Co/Al203 
catalyst calcined under NO was selected to examine its kinetic behavior at below 
60% CO conversion, and the product selectivities and conversion data obtained at 
a set of baseline conditions at different times were used to study the relationship 
between the product selectivities and CO conversion under deactivation. On the other 
hand, in order to obtain different conversion and selectivity data with up to 70% CO 
conversion level without deactivation, a Ru-promoted 25%Co/Al203 was tested at 
higher temperatures prior to collecting data at different conversion levels at a very 
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stable cobalt state by changing contact time. By carefully examining the two groups 
of data, distinctive differences regarding changes in selectivities with CO conversion 
were identihed, and different reaction mechanisms responsible for the selectivity 
changes were proposed. In this study, the deactivation mechanism of the 25%Co/ 
AljOj catalysts over a long period of FTS kinetic testing, that is, 1200 h, was studied 
as well. To accomplish this task, XANES, EXAFS, and STEM-EELS were used to 
evaluate the differences in oxidation state and local atomic structure between the 
freshly reduced and used 25 %Co/Al 203 catalysts. The freshly reduced 25 %Co/Al 203 
catalyst sample was obtained in a separate run, where the ex situ reduced sample 
was transferred and further reduced in situ in the continuously stirred tank reactor 
(CSTR) before being sealed in wax for the purpose of characterization. 

8.2 EXPERIMENTAL 

8.2.1 Catalyst Preparation 

Catalox SBA 200 Y-AI 2 O 3 was the support, and cobalt nitrate was used as the 
precursor for the preparation of unsupported 25 %Co/Al 203 catalysts. A 0.27% 
Ru-promoted 25 %Co/Al 203 catalyst was prepared using Sasol Catalox-150 Y-AI 2 O 3 
catalyst. A slurry impregnation method was employed. The volume of the cobalt 
nitrate loading solution was controlled by adjusting the ratio of the volume of solu¬ 
tion to the weight of alumina to 1:1, such that approximately 2.5 times the pore 
volume of the solution was used to prepare the catalysts. Due to the solubility limit 
of cobalt nitrate in water, two slurry impregnation steps were required. After each 
impregnation, the catalyst was dried under vacuum in a rotary evaporator from 80°C 
to 100°C. The final dried catalysts were calcined in either fiowing air or flowing 5% 
nitric oxide in nitrogen at a rate of 1 L/min for 4 h at 350°C. 

8.2.2 Catalyst Characterization 

8.2.2.1 BET Measurement 

BET measurements for the catalysts were conducted using a Micromeritics Tri-Star 
system to determine the surface area and porosity of the supports and catalysts. Prior 
to the measurement, samples were slowly ramped to 160°C and evacuated for 24 h 
to approximately 50 mTorr. 

8.2.2.2 Hydrogen Chemisorption with Pulse Reoxidation 

Hydrogen chemisorption measurements were performed using a Zeton Altamira 
AMI-200 unit, which utilizes a thermal conductivity detector (TCD). The sample 
weight was always 0.220 g. The catalyst was activated at 350°C for 10 h using a flow 
of pure hydrogen and then cooled under flowing hydrogen to 100°C. The sample was 
then held at 100°C under flowing argon to prevent physisorption of weakly bound 
species prior to increasing the temperature slowly to the activation temperature. At 
that temperature, the catalyst was held under flowing argon to desorb the remaining 
chemisorbed hydrogen so that the TCD signal returned to the baseline. The TPD 
spectrum was integrated and the number of moles of desorbed hydrogen determined 


Fischer-Tropsch Synthesis; Effect of CO Conversion on Product Selectivities 123 


by comparing to the areas of calibrated hydrogen pulses. Prior to experiments, the 
sample loop was calibrated with pulses of nitrogen in helium flow and compared 
against a calibration line produced from gaslight syringe injections of nitrogen under 
helium flow. 

After TPD of hydrogen, the sample was reoxidized at the activation temperature 
by injecting pulses of pure oxygen in helium referenced to helium gas. After oxi¬ 
dation of the cobalt metal clusters, the number of moles of oxygen consumed was 
determined and the percentage reduction calculated assuming that the Co° reoxi¬ 
dized to C 03 O 4 . While the uncorrected dispersions (uc) are based on the assumption 
of complete reduction, the corrected dispersions (c), which are reported in this work, 
include the percentage of reduced cobalt as follows: 

(# of Co° atoms on surface x 100%) 

%D„c = ^- 1 - 0 - r -^ 

(^Total#Co° atoms) 


%Dc 


[# of Co° atoms on surface x 100%j 
[(Total #Co atoms) (Fraction reduced)] 


8.2.2.3 EXAFS and XANES Spectroscopies 

Freshly Hj-activated 25 %Co/Al 203 catalysts and used catalysts after being tested 
under kinetic conditions (H 2 /CO= 1-2.5, 10%-60% X^o) for the FTS in the CSTR 
for a long period of time were removed from the reactor and sealed in the wax 
product in their in-situ-like state for analysis by EXAFS/XANES spectroscopies 
at Brookhaven National Laboratory (beamline X-18b), Upton, New York. EXAES/ 
XANES spectra were recorded in transmission mode at liquid nitrogen temperatures. 

Beamline X-18b was equipped with a Si(lll) channel cut monochromator. A crys¬ 
tal detuning procedure was used to help minimize glitches arising from harmon¬ 
ics. The spectra were recorded near the boiling temperature of liquid nitrogen to 
minimize contributions to the dynamic Debye-Waller factor. Sample thickness was 
determined by calculating the amount in grams per square centimeter of sample, w^, 
by utilizing the following thickness equation: 

ln(Io/I,) 

Wd =-f-1- 

sum|(m/r)jWj j 


where 

m/r is the total cross section (absorption coefficient/density) of element “j” in the 
sample at the absorption edge of the EXAFS element under study in cm^/g 
Wj is the weight fraction of element j in the sample 
ln(I„/It) was taken over a typical range of 1-2.5 

An average value of Wj, from inputting both values was employed. Based on the 
calculation for w^, and the cross-sectional area of the pellet, the amount in grams 
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was calculated. Smooth self-supporting pellets of catalyst and wax, free of pinholes, 
were pressed and loaded into the in situ XAS flow cell, and helium gas was directed 
right to the sample area. 

EXAFS data reduction and fitting were carried out using the WinXAS,'^'’ Atoms,'*"' 
FEFF,'*® and FEFFIT** programs. The k and r ranges were approximately 3-15 A“' 
and 1.0-3.0 A. Details of the analysis procedures are reported elsewhere.'*'* 

8.2.2.4 STEM and EELS 

Freshly reduced (H 2 ex situ and in situ activated) 25%Co/Al203 catalyst and used 
catalyst after being tested at different kinetic conditions in the CSTR for a long 
period of time were removed from the reactor and extracted using hot o-xylene under 
N 2 protection. After extraction, the catalyst samples were passivated using 1%02/N2 
at room temperature overnight for the STEM-EELS investigation. 

The morphology and size of the Co catalyst particles before and after FTS were 
analyzed with TEM and STEM imaging using a JEOL 2010F field-emission gun 
transmission electron microscope with an accelerating voltage of 200 keV and mag¬ 
nification ranging from 50 to 1000 K. For the high-resolution imaging, we applied a 
symmetrical multibeam illumination with a beam resolution of 0.5 nm. All images 
were recorded with the Gatan Ultrascan 4kx4k CCD camera and submitted to 
data processing and analyzed using Gatan Digital Micrograph software. Powdered 
catalyst samples were fixed onto lacey carbon copper grids (200 mesh, Ted Pella 
Inc., Redding, CA). STEM with a high-angle annular dark field (HAADF) detector 
was also used. The STEM was outfitted with a URP pole piece, GATAN 2000 GIF 
filter for energy filtered imaging, GATAN DigiScan II, Fischion HAADF STEM 
detector, and EMiSpec ESVision software. All STEM images were acquired using 
both a high-resolution probe and an analytical probe with 1 nm resolution. EELS 
trace lines were obtained using the 1 nm probe, alpha of 20 mrad, and a beta of 
6 mrad. Elemental intensity maps were obtained from core-edge intensity obtained 
after background subtraction using an integration window ranging from 10 to 30 eV 
depending on the edge of interest. 

8.2.3 Fischer-Tropsch Synthesis Reaction 

The unpromoted 25%Co/Al203 and 0.27% Ru-promoted 25%Co/Al203 catalysts 
(10-15 g) were ground and sieved to 45-90 pm before loading into a fixed-bed reac¬ 
tor for 10 h of ex situ reduction at 350°C and atmospheric pressure using a gas mix¬ 
ture of H 2 /He with a molar ratio of 1:3. The reduced catalyst was then cooled and 
transferred to a 1 L CSTR, under the protection of N 2 inert gas, which was previously 
charged with 315 g of melted polywax 3000. The transferred catalyst was further 
reduced in situ at 230°C at atmospheric pressure using pure hydrogen for another 
10 h before starting the FTS reaction. 

The unpromoted 25%Co/Al203 catalyst calcined under NO was examined under 
several sets of kinetic conditions: 2.0 MPa, H 2 /CO= LO-2.5, and X|-.o= 10%-60%. 
A set of baseline conditions of 220°C, 1.5 MPa, H 2 /CO = 2.5, and 10 Nl/g-cat/h 
was used from the beginning and during the kinetic periods (i.e., >200 h) to assess 
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catalyst deactivation. Total reaction time of the test was 1200 h. The conversion and 
various selectivity data obtained at baseline conditions at different times were used 
to investigate the relationships between product selectivities and CO conversion with 
catalyst deactivation. To obtain a set of intrinsic data (without deactivation) over a 
0.27% Ru-promoted 25 %Co/Al 203 catalyst, the catalyst was first tested at a higher 
temperature of 220°C and 1.5 MPa, H 2 /CO = 2.1, and Xj,q< 70% for a long period of 
time, that is, 1185 h. These conditions stabilized cobalt phases and structure, allow¬ 
ing for analysis of intrinsic activity and selectivity data of the catalyst at a lower 
temperature, 205°C. The selectivities to CH 4 , Cj-t, and CO 2 , total paraffin and total 
olefin contents, and 1 -olefin and 2 -olefin selectivities are defined as follows: 

Sch4,% = 10QX/ ^ 

(Fco “ rco2 j 


Sc5+,% = 100x 


(tco “rco2) 


Ci,parafrin^t)ntent,% 100 X r(2j paj-affjn j ^r(2ppajaffin "F Ri.olefin ) 
Ci,oief.nContent,% = 100 x rc,/ (rci,p 3 ,a,r.„ +rci,„,ef.„) 
Ci,i-oiefinSelectivity,% = 100 x rc./(rcp,.*f.. -F rci,,^,a,-,„) 
Ci,2-oiefmSelectivity,% = 100 x rc, ) 


8.3 RESULTS AND DISCUSSION 
8.3.1 BET AND Chemisorption Results 

For the purpose of comparison, BET and chemisorption results of SBA 200 support 
and NO and air-treated 25 %Co/Al 203 catalysts are summarized in Table 8.1. The 
air-calcined catalyst (127.5 m^/g) had a somewhat lower surface area relative to the 
NO-calcined one (152.1 mVg), suggesting that a fraction of the C 03 O 4 particles in 
the air-calcined catalyst was large enough to cause some pore blocking. The results 
of H 2 chemisorption/pulse reoxidation showed that, for the catalysts reduced for 
10 h in H 2 , the corrected Co cluster size was -11.4 nm for the NO-calcined cata¬ 
lyst, slightly smaller than the air-calcined one (-13.3 nm). Therefore, NO and air 
calcination resulted in a slightly different Co size on AI 2 O 3 support, but compared 
to the Co/Si 02 catalyst, the impact of NO pretreatment on particle size was much 
less pronounced for the 25 %Co/Al 203 catalyst, presumably due to the much stronger 
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interaction between Co and the AljOj support.'^^ Table 8.1 shows that the extent 
of reduction due to the increased surface interaction of smaller particles with the 
support resulted in a lower extent of reduction of cobalt for the NO-calcined cata¬ 
lyst (-54%) relative to the air-calcined one (-60%). Previous TPR-EXAFS/XANES 
results were in agreement with the hydrogen chemisorption and oxygen consump¬ 
tion data.'^^ Following activation to near-complete (-95%) reduction at 500°C and 
cooling the catalysts, the degree of Co-Co coordination in the first coordination 
shell was somewhat lower (8.0) relative to the air-calcined catalyst (8.5). In the 
previous TPR-EXAFS/XANES study, reduction of the NO-calcined catalyst was 
slower, with 50% conversion of CoO to the metal occurring at 78 min of holding at 
500°C, relative to the 132 min of holding time required to achieve 50% conversion 
of CoO to Co° for the air-calcined catalyst. 

8.3.2 Effect of CO Conversion on Selectivities oe 25%Co/Al203 

8.3.2.1 Effect of Deactivation on Catalyst Selectivity 

The NO-calcined 25 %Co/Al 203 catalyst was tested under baseline conditions of 
220°C, H 2 /C 0 /N 2 = 62.5/25.0/12.5, 2.0 MPa, and 10 Nl/g-cat/h for approximately 
1200 h in order to complete a kinetic test. The kinetic conditions (i.e., 2.0 MPa, 
H 2 /C 0 = 1.0-2.0, N 2 = 12.5%-50%, and 10%-60% CO conversion) were applied 
between each of the two adjacent baseline conditions after 200 h. The changes in 
CO conversion; selectivities to CH 4 , C 5 -F, and CO 2 ; total C 2 -C 4 and C 5 -C 10 paraf¬ 
fin contents; total C 2 -C 4 and Q-Cjo olefin contents; and C 5 -C 10 1 -olefin selectivity 
and C 5 -C 10 2-olefin selectivity with time are shown in Figure 8.1a through h. The 
cobalt catalyst displayed an initial CO conversion of 57%. After that, it deactivated 
with time at an average CO conversion loss rate of 0.74%/day. By the end of the run 
at 1200 h, the CO conversion was only 20% (Figure 8.1a). As the CO conversion 
decreased with time, CH 4 selectivity for the catalyst increased from 10% to 16.5% 
before 900 h, and then it leveled off, while Cj-F selectivity of the cobalt catalyst 
gradually decreased from 81% to 70% (Figure 8.1b and c). Interestingly, CO 2 selec¬ 
tivity, total paraffin contents, and olefin contents at C 2 -C 4 and Cs-Cjo did not change 
significantly during the entire test; they remained nearly constant after 320 h even 
though the CO conversion kept decreasing (Figure 8 .Id through f). CO 2 selectivity 
was 0.5% ± 0.3%, C 2 -C 4 and C 5 -C 10 total paraffin contents were -59% and -70%, 
and C 2 -C 4 and olefin contents were -41% and -30%. Regarding 1-olefin 

and 2 -olefin selectivities, pronounced changes were observed only in the 
range but were almost unchanged in the C 2 -C 4 range. 1-Olefin selectivity in the 
C 5 -C 10 range increased from 42% to 80% and 2-olefin selectivity decreased from 
56% to 17% during the test period. The results indicate that secondary reactions of 
1 -olefins were more pronounced in the higher-molecular-weight hydrocarbons and 
were enhanced significantly at higher CO conversions. Changes in selectivity includ¬ 
ing CH 4 and total olefin and total paraffin contents observed during the deactivation 
indicate that the extent of secondary reactions of 1 -olefins changed with deactiva¬ 
tion, probably due to structural changes of the catalyst. This is discussed in detail in 
the following section. 
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FIGURE 8.1 Change of (a) CO conversion, (b) CH 4 selectivity, (c) C 5 + selectivity, (d) CO 2 
selectivity, (e) total C 2 -C 4 and C5-Ci„ paraffin contents, (f) total C 2 -C 4 and C 5 -C 10 olefin 
contents, (g) C 2 -C 4 and C 5 -C 10 1 -olefin selectivities, and (h) C 2 -C 4 and C 5 -C 10 2 -olefin 
selectivities over 25 %Co/Al 203 catalyst. FTS: 220“C, 2.0 MPa, H 2 /CO = 2.5, N 2 = 12.5%, and 
8 % Nl/g-cat/h. 
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8.3.2.2 Effect of CO Conversion by Changing Contact 
Time on Catalyst Selectivity 

To compare differences in selectivity trends with CO conversion resulting from natu¬ 
ral deactivation of the cobalt catalysts, a separate run with a 0.27% Ru-promoted 
25 %Co/Al 203 catalyst was made, aimed at obtaining an intrinsic relationship between 
the CO conversion and various selectivities under nearly zero deactivation condi¬ 
tions. This will also provide for a comparison with results obtained in our previous 
studies regarding the influence of CO conversion on CH 4 selectivity on unpromoted 
and Ru- and Re-promoted C 0 /AI 2 O 3 catalysts,'® "’^® where a certain extent of deacti¬ 
vation occurred during the experiment. To achieve this goal, the 0.27% Ru-promoted 
25 %Co/Al 203 catalyst was pretested and deactivated at 220°C over 1180 h. After 
that, the catalyst was tested at different CO conversions (10-66), without deactiva¬ 
tion, by changing space velocity at a lower temperature, that is, 205°C. The catalyst 
stability was examined by returning to the original conditions (220°C, 1.5 MPa, 8.0 
Nl/g-cat/h) after completing an examination of the catalyst at different CO conver¬ 
sions at 205°C. The CO conversion and various selectivities (i.e., CH 4 , 051 -, CO 2 , C 2 - 
C 4 /C 5 -C 10 total paraffin contents, C 2 -C 4 /C 5 -C 10 total olefin contents, C 5 -C 10 1 -olefin 
selectivity, C 5 -C 10 2-olefin selectivity) obtained at the baseline conditions at 220°C 
are summarized in Table 8.2. The CO conversion and all selectivity data at 1185 and 
1368 h are essentially the same (i.e., within experimental error), which shows that the 
cobalt catalyst phases had been stabilized after a 1180 h run at 220°C. Data obtained 
at different CO conversions at 205°C between 1180 and 1360 h reflect a true relation¬ 
ship between CO conversion and various selectivities on the cobalt-based catalyst in 
the absence of deactivation. 

Figure 8.2a through h shows changes in CO conversion with time and corre¬ 
sponding changes in selectivities to CH 4 , € 51 -, and CO 2 , C 2 -C 4 /C 5 -C 10 total paraf¬ 
fin contents, C 2 -C 4 /C 5 -C 10 total olefin contents, C 2 -C 4 /C 5 -C 10 1 -olefins, and C 5 -C 10 
2-olefins at 205°C. Figure 8.2a indicates that 10%, 43%, and 66 % CO conversions 
were obtained at 1207, 1232, and 1260 h, respectively, by adjusting SV between 0.73 
and 7.0 Nl/g-cat/h. According to Figure 8.2b, c, g, and h, CH 4 and C 5 -C 10 1-olefin 
selectivities increased from 6.1% to 10% and 79% to 92%, respectively, whereas C5-1- 
and C 5 -C 10 2-olefin selectivities of the catalyst decreased from 86.3% to 82.7% and 
21% to 4%, respectively, when CO conversion decreased from 66 % to 10%. These 
selectivity trends are the same as observed in Figure 8.1b, c, g, and h. However, 
CO 2 selectivity, C 2 -C 4 /C 5 -C 10 total paraffin contents, and C 2 -C 4 /C 5 -C 10 total olefin 
contents of the cobalt catalysts shown in Figure 8 .2d through f, respectively, exhibit 
different trends compared with those depicted in Figure 8.1 (deactivating conditions) 
that showed small variations in these selectivities with CO conversion (-320 h). It can 
be seen from Figure 8.2 that CO 2 selectivity and C 2 -C 4 and paraffin contents 

decreased from 1.1% to 0.67%, 63% to 42%, and 75% to 59%, respectively, accom¬ 
panied by the increases in C 2 -C 4 and olefin contents from 36% to 58% and 

25% to 41%, respectively, as CO conversion decreased from 66 % to 10%. The trends 
obtained at 205°C are consistent with the earlier results obtained at 220°C,'''’'' but 
more accurately reflect the relationship between selectivities and CO conversion of 
cobalt catalysts due to the data being obtained at nearly zero deactivation conditions. 
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FIGURE 8.2 Change of (a) CO conversion, (b) CH 4 selectivity, (c) C 5 + selectivity, (d) CO 2 
selectivity, (e) total C 2 -C 4 and C5-Ci„ paraffin contents, (f) total C 2 -C 4 and C 5 -C 10 olefin 
contents, (g) C 2 -C 4 and C 5 -C 10 1 -olefin selectivities, and (h) C 2 -C 4 and C 5 -C 10 2 -olefin selec- 
tivities with time or CO conversion over 0.27% Ru-promoted 25 %Co/Al 203 catalyst. FTS: 
205°C, 1.5 MPa, H 2 /CO = 2.1, and 0.73-7.0 Nl/g-cat/h. 
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Note that the conversion and selectivity data discussed earlier were obtained over 
unpromoted and Ru-promoted C0/AI2O3 catalysts. Even though the Ru promoter 
was found to slightly change the hydrocarbon selectivity of the cobalt catalyst (i.e., 
increase C 5 + selectivity),''* it would not affect the inherent relationship between the 
various selectivities and CO conversion and, consequently, the conclusions drawn 
under deactivating and stable conditions. 

Differences in selectivity trends with changes in CO conversion obtained in the 
absence and in the presence of deactivation are indicative of different influenc¬ 
ing mechanisms. Increasing CH4 selectivity with decreasing CO conversion by 
adjusting gas space velocity has been partially ascribed to decreases in the partial 
pressure of water, which has a negative effect on CH4 formation.^"" Meanwhile, 
the partial pressures of CO and Hj increased almost linearly with decreases in 
CO conversion in the range of 66%-10%, but the partial pressure of Hj increased 
more rapidly than that of CO, which resulted in increasing surface Hj/CO ratio 
(or decreasing CO/Hj) with decreasing CO conversion (Figure 8.3). The increasing 
surface Hj/CO ratio was certainly a main factor that caused higher CH4 selectiv¬ 
ity. However, the increase in CH4 selectivity with deactivation (Figure 8.1a) may 
also be ascribed to other reasons. Even though the water partial pressure decreased 
and the partial pressures of CO and Hj increased with deactivation (Figure 8.3), 
it was found that the Hj/CO ratio as the main factor to affect CH4 formation also 
decreased, which is the opposite trend compared to the data obtained under stable 
conditions (Figure 8.4). Therefore, the increased CH4 selectivity during deactiva¬ 
tion of the NO-calcined Co/AljOj catalyst was not due to the increasing Hj/CO 
ratio; instead, it is caused by a change in cobalt structure (i.e., Co oxidation, as 
was evident in the XANES/EXAFS and STEM data [Sections 8.3.3 and 8.3.4]). 
Therefore, these results demonstrate that the presence of cobalt oxide species in the 
cobalt catalysts enhanced the formation of methane and may be due to enhanced 
WGS, as previously proposed.'" 

The formation of cobalt oxides during catalyst deactivation might also be respon¬ 
sible for the unusual selectivity trends toward COj, total olefin, and paraffin, as 
observed in Figure 8.Id through f. According to Figure 8.2, decreasing CO con¬ 
version intrinsically resulted in decreasing COj selectivity on the cobalt catalyst 
(positive effect of contact time). Thus, a nearly constant value of CO2 selectivity 
with decreasing CO conversion under the deactivation conditions indicates that the 
actual WGS reaction was relatively enhanced with deactivation. This certainly can 
be ascribed to increasing the amount of cobalt-oxidized species during the deactiva¬ 
tion. Likewise, with decreasing CO conversion from 66% to 10% without catalyst 
deactivation by reducing contact time resulted in significantly increased total ole¬ 
fin contents and decreased paraffin contents (Figure 8.2e and f) due to relatively 
decreased secondary reaction of 1-olefins to paraffins or readsorption of 1-olefins 
with decreasing contact time. In terms of this intrinsic relationship, the negligible 
changes in total olefin and paraffin selectivities with decreasing CO conversion from 
40% to 20% after 320 h over the NO-calcined cobalt catalyst clearly suggest that 
total olefin formation was suppressed and the formation of paraffin was enhanced 
with deactivation. Considering that the surface Hj/CO ratio decreased during cata¬ 
lyst deactivation (Figure 8.4), hydrogenation of olefins or the chain growth unit. 
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(b) CO conversion, % 

FIGURE 8.3 Change of partial pressures of Hj and CO with CO conversion under (a) deac¬ 
tivation conditions over an unpromoted 25%Co/Al203 catalyst (FTS: 220°C, 2.0 MPa and Hj/ 
CO = 2.5 andN 2 = 12.5%, 8 Nl/g-cat/h) and (b) nondeactivation conditions over a Ru-promoted 
25%Co/Al203 catalyst (FTS: 205°C, 1.5 MPa and H 2 /CO = 2.1, 0.73-7Nl/g-cat/h). 


CnHjn+rS, to form paraffins may not be enhanced by varying partial pressures with 
deactivation. Therefore, the formation of cobalt oxide species during the deactiva¬ 
tion must be the main cause for the enhancement in the hydrogenation activity of 
the catalyst. Decreasing contact time or CO conversion decreased the secondary 
reactions (isomerization) of 1 -olefins under both the deactivating and stable condi¬ 
tions (Figures 8.1g and 8.2g). The 2-olefin selectivity in the C 5 -C 10 range increased 
almost linearly with CO conversion under both conditions (Figures 8.2h and 8.5). 
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FIGURE 8.4 Change of Phj/Pco ratio in reactor with CO conversion under deactivation or 
nondeactivation conditions over unpromoted or Ru-promoted 25 %Co/Al 203 catalysts (FTS: 
220°C, 2.0 MPa, and H 2 /CO = 2.5 and N 2 = 12.5%, 8 Nl/g-cat/h for the unpromoted the cata¬ 
lyst, and 205°C, 1.5 MPa, and H 2 /CO = 2.1, 0.73-7Nl/g-cat/h for the Ru-promoted catalyst). 



FIGURE 8.5 Change of C 5 -C 10 2-olefin selectivity with CO conversion during deactivation 
over 25 %Co/Al 203 catalyst. FTS: 220°C, 2.0 MPa, H 2 /CO = 2.5, N 2 = 12.5%, and 8 Nl/g-cat/h. 
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This suggests that the secondary isomerization of 1-olefins is mainly governed by 
the partial pressure of CO. Deactivation should not significantly alter the surface 
acidity of the cobalt catalyst, and thus it would not have a significant effect on 
1 -olefin isomerization rate constants. 

8.3.3 EXAFS/XANES Analysis of Freshly Reduced 
AND Used C0/AL2O3 Catalyst Samples 

As addressed before, one of the objectives of this study is to investigate if oxidation 
of small Co particles occurred when the Co catalyst deactivated during the kinetic 
tests that occurred over a long period of time. Accordingly, the XANES and EXAFS 
were performed over the freshly reduced and used 25%Co/Al203 catalysts, which 
were previously sealed in the wax products to avoid air oxidation of the samples 
during sample preparation and analysis. Figure 8.6 displays the normalized spectra 
of the freshly reduced and used cobalt catalysts, respectively. Solid lines and dashed 
line in the plots represent the samples after only Hj reduction, and after FTS kinet¬ 
ics testing in the CSTR. The feature at 7.709 keV in the spectra demonstrates the 
presence of a considerable fraction of cobalt metal,^' while the white line feature at 
7.715 keV indicates the presence of CoO. The normalized XANES spectra for both 
catalysts after long-term usage changed slightly. The white line intensity increased, 
and the onset energy shifted to higher energy, indicative of oxidation of a fraction of 
cobalt. Moreover, the amplitude of the chi function decreased suggesting, on aver¬ 
age, less metallic cobalt in the local atomic environment of the cobalt absorber atom, 
probably due to oxidation. 



FIGURE 8.6 Normalized spectra of used catalysts activated in Hj and tested for Fischer- 
Tropsch synthesis in the continuously stirred tank reactor, removed, and sealed in the wax 
product, including (solid) fresh 25%Co/Al203 calcined with nitric oxide, (dashed) the same 
catalyst after long-term testing. Note higher white line intensity and shift in onset energy to 
higher energy in the catalysts after long-term testing, indicative of oxidation. 
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FIGURE 8.7 X-ray absorption near-edge structure derivative spectra of reference com¬ 
pounds, including (solid) Co metal foil, (dashed) CoO oxide, and (dash dotted) C 0 AI 2 O 4 . 
Note sharp feature at 7.717 keV for cohalt aluminate. 

Figure 8.7 shows the XANES derivative spectra of cobalt reference compounds 
(e.g., Co metal, CoO, and C 0 AI 2 O 4 ). For the sake of brevity, the reference of C 03 O 4 
is not shown, since it is completely converted to Co° and CoO after hydrogen reduc- 
tion'*^'^^'^^ and any oxidation likely involves either CoO or cobalt support compound 
formation. The spectra of both oxide references (CoO and C 0 AI 2 O 4 ) exhibit pre-edge 
features due to octahedral and tetrahedral symmetry, respectively. Pre-edge features 
are associated with symmetry effects in the environment of cobalt and are due to 
Is to 3d transitions. As described by Moen et al.,^^’^'* the transition is mostly intense 
when the first coordination shell lacks inversion symmetry and is mostly intense for 
tetrahedral symmetry (e.g., C 0 AI 2 O 4 ) but should not be permitted for octahedral 
symmetry (e.g., CoO). The striking blue color of cobalt aluminate is due to its spinel 
structure whereby Co^+ is surrounded by a tetrahedral arrangement of 0^“. Note that 
Co metal, CoO, and cobalt aluminate are characterized by intense XANES peaks at 
7.709, 7.715, and 7.717 keV, respectively. In the case of CoO, a very weak pre-edge 
feature is actually still visible, despite being forbidden. Figure 8.8 shows the XANES 
derivative spectra of the freshly Hj-reduced and the used catalyst after FTS testing 
for the 25 %Co/Al 203 catalyst (precalcined in NO), which were removed and sealed 
in the wax product. As shown in Eigure 8 . 8 , the spectrum of the fresh catalysts 
resembles a combination of CoO and Co metal, while the used cobalt catalyst has a 
significant XANES peak at 7.717 keV suggesting the formation of a cobalt support 
compound (i.e., not unlike cobalt aluminate). These results provide evidence for oxi¬ 
dation of at least a fraction of Co during the FTS kinetic run and can explain the loss 
of a fraction of Co® surface active sites. Note that the same feature (i.e., 7.717 keV) 
was observed to form during water cofeeding experiments at high volume percent¬ 
ages of added water, especially in the case of catalysts having lower loadings (e.g., 
15%Co) and not containing a Pt reduction promoter,'*'^^-^® which displayed smaller 
Co cluster sizes than the 25 %Co/Al 203 catalysts, the latter deemed more resistant.^® 
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FIGURE 8.8 X-ray absorption near-edge structure derivative spectra of used catalysts acti¬ 
vated in Hj and tested for Fischer-Tropsch synthesis in the continuously stirred tank reactor, 
removed, and sealed in the wax product, including (solid) the Hj-reduced fresh 25%Co/Al203 
catalyst precalcined with nitric oxide, and (dashed) the same catalyst after long-term testing. 
Note the growth of the feature at 7.717 keV, in agreement with cobalt aluminate formation. 


EXAFS was also employed to analyze the freshly reduced and used 25 %Co/Al 203 
catalyst samples to assess the degree of Co-Co coordination in cobalt metal: Co-0 
and Co-Co coordination in CoO and Co-0, Co-Co, and Co-Al coordination in 
C 0 AI 2 O 4 . EXAFS reference spectra are provided in Figure 8.9. While the intense 
first peak of the metal foil corresponds to -12 nearest neighbors of cobalt, the spectra 
of the oxides reveal the two main first coordination shell peaks for Co-0 (low R) and 
Co-Co (higher R). Cobalt aluminate also has a Co-Al component at a similar posi¬ 
tion to Co-Co. The cobalt aluminate Co-O peak (see arrow) is at a shorter distance 
than that of the Co-0 peak in CoO oxide. Correspondingly, the kj-weighted radial 
EXAFS spectra (i.e., /(k) versus k) along with the Fourier transform magnitude 
spectra in r-space for these three references are provided in Figure 8.10. The spectra 
for the references were fitted by FEFFIT, and the results are shown in Figure 8.10 as 
well (dotted line) in order to obtain fitting parameters (Table 8.3) that were then used 
to analyze the catalyst samples. 

Figure 8.11 displays the EXAFS spectra for the freshly reduced and used cata¬ 
lysts, along with their EXAFS fittings. The fitting data are summarized in Table 8.4, 
where a simultaneous fitting procedure was used to constrain the fitting. A very good 
fitting was obtained, as characterized by the low r-factor. Comparing the spectra of 
the catalysts shown in Figure 8.11 with the reference spectra shown in Figure 8.10, 
the spectra of both the fresh and used C 0 /AI 2 O 3 catalysts resemble the spectrum 
of the cobalt foil at R close to 2 A. A smaller peak at lower R (<2 A) and a peak 
between 2 and 3 A were also observed for the fresh samples, suggesting contribu¬ 
tions from Co-0 and Co-Co in CoO in the catalysts after Hj reduction. 
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Radius, A 


FIGURE 8.9 Extended x-ray absorption fine structure results at the Co K-edge of reference 
compounds. Arrow points to the short Co-O bond characteristic of C 0 AI 2 O 4 . 


There are clear and measurable differences in the spectrum of the used C 0 /AI 2 O 3 
catalyst in comparison with its freshly reduced counterparts. The most impor¬ 
tant finding is that the peak for Co-Co coordination in the Co metal decreases. 
Furthermore, although we were able to obtain good fittings of the freshly reduced 
catalysts using only Co-Co coordination in the metal and Co-0 and Co-Co coor¬ 
dination in CoO oxide, the same was not true of the used catalysts. In that case, 
excellent fittings were obtained only when Co-O, Co-Co, and Co-Al coordinations 
in C 0 AI 2 O 4 were included in the fitting. Thus, in agreement with the XANES treat¬ 
ment, the results suggest that a fraction of the cobalt is converted to irreducible Co 
support compounds (i.e., CoAl 204 -like species). 

Table 8.4 displays the best fit parameters and confirms that the Co-Co metal peak 
decreases significantly (4.55 to 3.35) after long-term testing. This was accompanied 
by changes in both type and degree of Co-0 coordination (1.58 in CoO to 2.59 in 
C 0 AI 2 O 4 ) in the oxidized cobalt compounds. 

Deactivation of Co catalysts supported on AI 2 O 3 has been investigated by sev¬ 
eral researchers using XANES and EXAFS techniques. Saib et al.^^ proposed 
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FIGURE 8.10 Extended x-ray absorption fine structure results at the Co K-edge for cobalt 
reference materials, including (top) cobalt metal foil, (middle) CoO powder, and (bottom) 
C 0 AI 2 O 4 , with spectra of (left) the raw k' weighted x(k) versus k, (middle) the filtered x(k) 
versus k and (dotted) the fitting, and (right) the raw Fourier transform magnitude spectrum 
and the filtered spectrum and (dotted) result of the fitting. 


three possible reasons to account for the deactivation of a 20 %Co- 0 . 5 %Pt/Al 203 
catalyst, including Co sintering, Co reconstruction, and carbon deposition based 
on XANES and EXAFS observations. Oxidation of Co above 6 nm was not 
observed in their study. In a recent investigation with the same catalyst by the 
team^^ using multiple techniques such as temperature-programmed hydrogenation 
and oxidation, EFTEM and HS-LEIS, inactive carbon accumulation was reported 
to be a major reason for the deactivation of the catalyst, which had been operated 
at 230°C for about 1320 h. In the current study, the reaction conditions varied (e.g., 
CO conversion changed between 10% and 60%) during a long period of time of 
the kinetic test (-1200 h). This is different from the constant reaction conditions 
used over a commercial Pt-Co/AljOj catalyst.Therefore, high partial pressures 
of water produced at high CO conversions was most likely a factor in oxidizing 
the cobalt catalyst in addition to time on stream. Moreover, the Co particles may 
have been composed of smaller crystallite domains as a result of the NO calcina¬ 
tion method. 

Das et al.^® investigated the deactivation of 0 . 2 %- 1 . 0 %Re- 15 %Co/Al 203 cata¬ 
lysts during a long period of time of the run, -2000 h. Co sintering was suggested 
by EXAFS spectra data, which indicated increased Co-Co coordination for the Co 
metal by the end of run. Jacobs et al.^® studied the effect of water on the deactiva¬ 
tion of 15%-25% C 0 /AI 2 O 3 with and without promoters (Pt and Ru) at 220°C. The 
presence of a small, but measurable feature in the XANES spectra consistent with a 
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FIGURE 8.11 Extended x-ray absorption fine structure results at the Co K-edge for used 
catalysts activated in Hj and tested for Fischer-Tropsch synthesis in the continuously stirred 
tank reactor, removed, and sealed in the wax product, including (top) fresh 25%Co/Al203 
calcined with nitric oxide and (bottom) the same catalyst after long-term testing, with spectra 
of (left) the raw k' weighted x(k) versus k, (middle) the filtered x(k) versus k and (dotted) the 
fitting, and (right) the raw Fourier transform magnitude spectrum and the filtered spectrum 
and (dotted) result of the fitting. 

CoAl 204 -like species was also observed,^®’^^ suggesting perhaps the reoxidation of a 
small fraction (e.g., very tiny Co particles) of Co by water during FTS further con¬ 
tributed to catalyst deactivation. If so, more recent results suggest this occurred at the 
onset of exposure of a reduced catalyst to FTS conditions.^^ Exxon Mobil research¬ 
ers^* showed by TEM evidence for simultaneous cobalt support complex formation 
of the tiny cobalt particles as well as coalescence and/or ripening of cobalt particles 
as a function of time on stream, in good agreement with our data. Differences in 
the extent of each deactivation mechanism (sintering, reoxidation, or carbon deposi¬ 
tion) may stem from differences in catalyst structure (e.g., degree of interaction of 
cobalt with the support, cobalt particle size, etc.) and reaction conditions (e.g., H 2 O 
partial pressure [high/low conversion or cofeeding], reaction temperature, reactor 
type). We discussed earlier the observation that cobalt support complex formation in 
water cofeeding investigations was exacerbated at high volume percentages of added 
water.In the current case where the catalysts were subjected to CO conversion 
levels up to -70% (i.e., and thus, high H 2 O partial pressures), oxidation of a fraction 
of cobalt appears to be a significant mode of deactivation. 


8.3.4 TEM-STEM-EELS Analysis of Freshly Reduced 
AND Used C0/AL2O3 Catalyst Samples 

In order to determine if the Co metal oxidized to form cobalt oxide species during 
deactivation of the 25 %Co/Al 203 catalyst in the long FTS kinetic runs, TEM-STEM- 
EELS analyses of cobalt and oxygen were performed in both the selected freshly 
reduced and the used C 0 /AI 2 O 3 catalyst samples (NO calcined). The TEM results 
are summarized in Figure 8.12 for the freshly reduced catalyst and Figure 8.13 for 
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FIGURE 8.12 (a) Transmission electron microscope and (b) scanning transmission electron microscope-electron energy loss spectroscopy images/ 

spectrum of freshly reduced 25%Co/Al203 catalyst calcined under NO environment. 
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FIGURE 8.13 (a) Transmission electron microscope and (b) scanning transmission electron 

microscope-electron energy loss spectroscopy images and Co and O profiles of used 25%Co/ 
AI 2 O 3 catalyst calcined under NO environment. 


the used catalyst, respectively, to compare the size, morphology, and presence of 
any zonation within the catalyst grains. In the freshly reduced ( 25 %Co/Al 203 ) cata¬ 
lyst, TEM reveals that the NO-calcined sample has cobalt metal nanoparticles (dark 
grains) throughout the support with relatively uniform size, that is, ~15 to 25 nm 
range with the majority of cobalt grains ~20 nm. Smaller (i.e., 5 nm) and larger 
(i.e., 50 nm) cobalt particles after reduction were also detected, but they are not 
shown in Figure 8.12. The metal cobalt particles formed after the standard Hj/He 
reduction step at 350°C are shown (top right and left TEM images in Figure 8.12). 
STEM analysis and a corresponding energy filtered GIF map of one representative 
metal cobalt particle are also depicted in Figure 8.12 (right lower image), and the 
metal interior and outer zone are emphasized with dotted lines. The GIF image 
shows the cobalt metal grains represented in orange and the oxygen from the AI 2 O 3 
support represented in bright blue color. Importantly, the cobalt particles are clearly 
zoned with an inner metal core (bright orange) and a thin outer oxidized zone that 
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represents overlapping colors of orange and blue. The core region is depicted as 
A and the same particle’s outer oxide layer as zone B. The corresponding EELS 
analyses for the core (A) and Rim (B) are also shown in Eigure 8.12. The EELS 
spot analysis from zone A (metal core) has only the Co L 2 and L 3 lines (Lj occurs 
at the higher eV), while the EELS spot analysis from the outer zone B has a strong 
oxygen peak present confirming that the catalyst’s outer layer was oxidized. Zone 
B in the freshly reduced catalyst grains is only a narrowband representing a thin 
Co-oxygen layer that may have formed on the catalyst’s surfaces during extraction 
of the samples. 

After the ETS reaction (over 1200 h), the extracted samples were also pre¬ 
pared for TEM analyses, and representative images of the used 25 %Co/Al 203 are 
shown in Eigure 8.13 (top left). TEM indicates that the cobalt catalyst particles 
still have a narrow particle size and are rather similar to that of the freshly pre¬ 
pared catalyst (~20 nm). However, we noticed a significant change in the width of 
the outer oxidized zone A when compared to the fresh catalyst grains as indicated 
in Figure 8.13. 

It can be clearly seen in the GIF image (Figure 8.13, lower left) that the cobalt 
core shown in bright orange (zone A) contracted significantly compared with those 
of the freshly reduced cobalt catalyst particles shown in Figure 8.12. Furthermore, 
the width of the outer Co-oxygen zone (zone B) increased dramatically as indicated 
by the much wider dark-orange zone that represents a composite color in the energy- 
filtered GIF image due to the overlapping of bright orange from the Co signal and 
the blue color contribution from the oxygen signal. The EELS trace line that spans 
the entire catalyst grain (dotted yellow line in Figure 8.13) clearly demonstrates the 
increase in O signal toward the grain exterior and a Co-rich core (oxygen intensity 
increased sharply while the cobalt intensity decreased linearly from the core to outer 
zone). The results confirm that during the long ETS runs (1200 h on-stream), cobalt 
metal catalyst grains were transformed to cobalt oxide species, that is, CoO at the 
grain exteriors, which likely is a dominant deactivation path of the cobalt catalyst. 
The energy filtered GIF image in Figure 8.13 also depicts, in green color, the pres¬ 
ence of carbon deposits, which occurs at the outside of the catalyst grain. The carbon 
deposits may contribute in part to the deactivation of the cobalt catalyst; however, it 
may not be a leading deactivating mechanism in the present catalyst model since we 
also observed that the WGS activity and hydrogenation activity of the used catalyst 
increased during the long ETS runs as discussed before (Figure 8.1) and carbon 
deposition would not be expected to affect these changes. 

8.4 CONCLUSIONS 

The effects of CO conversion on hydrocarbon and CO 2 selectivities were studied 
under both natural deactivation and periods of stability but with changes in con¬ 
tact time. Essentially identical trends in changes of selectivities to CH 4 (negative), 
C5-1- (positive), 1-olefin (negative), and 2-olefin (positive) with CO conversion were 
observed regardless of whether a decrease in CO conversion was caused by catalyst 
deactivation or by an increase in gas space velocity (stable conditions). However, 
selectivities to COj, total paraffins, and total olefins in the C 2 -C 4 and C 5 Cjo ranges 
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did not change significantly during the marked deactivation from 320 h (X^q- 40%- 
20 %) for a cobalt catalyst, whereas different trends were observed under stable con¬ 
ditions with changing contact time (i.e., COj selectivity and total paraffin content 
increased almost linearly, and total olefin content decreased almost linearly with 
increasing CO conversion). 

Different mechanisms were responsible for the observed relationships between 
CO conversion and various selectivities under deactivating and stable conditions. 
According to the XANES/EXAFS, STEM-EELS characterization results, and the 
FTS results, it was evident that the formation of cobalt oxide species, formed dur¬ 
ing catalyst deactivation, enhanced the WGS reaction pathway, as well as promoted 
methane formation and the hydrogenation reaction of olefins or S species to 

paraffins. Therefore, changes in the product selectivities with CO conversion on the 
cobalt catalyst under deactivating conditions was a combination of the effect of con¬ 
tact time and changes in cobalt structure, but the latter factor became dominant in the 
later portion of deactivation in the long kinetic test run. In contrast, the intrinsic rela¬ 
tionship between CO conversion and various selectivities of the Co catalyst obtained 
under stable conditions with changing contact time mainly resulted from the changes 
in partial pressures of reactants and/or products with changes in contact time. 

Under natural deactivation conditions, isomerization of 1-olefins was not observed 
to be enhanced on cobalt-oxidized species; thus the isomerization of 1 -olefins to 
internal olefins was mainly governed by partial pressure of CO. 

The deactivation mechanism of a NO-calcined 25 %Co/Al 203 catalyst during a 
long FTS kinetic test was studied using STEM-EELS and XANES/EXAFS tech¬ 
niques by comparing the changes in cobalt phases between the freshly reduced cata¬ 
lyst and the used catalyst at the end of the run. The STEM-EELS and XANES/ 
EXAFS results consistently revealed that the cobalt metal surface experienced 
severe oxidation, and cobalt oxide species (i.e., CoO and C 0 AI 2 O 4 ) were formed 
during the long FTS kinetic test. Therefore, the formation of oxidized cobalt species, 
which could be partly or primarily due to a high partial pressure of water in the reac¬ 
tor at kinetic conditions, was responsible for the deactivation. The finding is different 
from the sintering mechanism^^ and carbon deposition mechanism^^ proposed on 
the cobalt catalysts operating at constant reaction conditions as during kinetic tests, 
excursions to high conversion are made. In this study, some amorphous carbon on 
the cobalt particle surface was also evident in the STEM images; therefore, minor 
deactivation by carbon cannot be excluded. 
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9.1 INTRODUCTION 

Fischer-Tropsch synthesis (FTS) is a process for hydrocarbon production from car¬ 
bon monoxide and hydrogen. This process plays an important role in alleviating 
the depletion of oil resources in the near future. Cobalt-supported catalysts have 
been proven to be the most suitable for higher hydrocarbon production achieving 
high yields in FTS.*-^ Owing to their well-dehned ordered mesopores, high surface 
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areas, narrow pore size distributions and large pore volume, and highly ordered 
mesoporous silica such as Santa Barbara amorphous (SBA-IS),^ '* mobile crystalline 
materials (MCM-41),^ and hexagonal mesoporous silica (HMS)'’’’ have attracted 
great interest as supports in FTS, especially with SBA-15; the physicochemical 
properties of these mesostructured supports help in attaining higher activity than 
commercial silica. 

The porous structure of the support has a significant effect on the dispersion, reduc- 
ibility, and diffusion behavior in FTS.*“'° Compared to commercial silica, ordered 
mesoporous structured silicas have higher surface areas and larger pore size and pore 
volume. These features not only enhance the dispersion of active metal but could also 
enable higher loading to achieve higher concentrations of active sites. On the other 
hand, the large pore size of supports is beneficial for FTS activity and C 5 + selectiv¬ 
ity due to the facile reducibility of cobalt species.^ '' '^ Khodakov et reported that 
wide-pore silicas exhibit much higher activity and lower methane selectivity than 
narrow-pore supports. Flowever, high surface area is usually contributed by a large 
number of small pores, which leads to poor diffusion of reactants and products,'^ as 
dictated by the inverse relationship between the surface area and the pore size; thus, 
high activity and high CjH- selectivity are difficult to be obtained simultaneously. 
Therefore, mesostructured support with high surface areas and large and multilevel 
pore sizes to increase activity and stability and to enhance facile mass transports for 
high CjH- selectivity is very attractive. Tsubaki et al.'^* developed a bimodal silica by 
introducing Si 02 sol into large-pore SiOj gel pellets. A cobalt catalyst prepared using 
the material as support exhibited high activity and selectivity for heavy hydrocar¬ 
bons. The result can be attributed to the large pore size that improved reducibility 
and diffusion characteristics of the material. In our previous work,'^'''’ it was observed 
that high FTS activity and stability were observed on catalyst supported on SBA-16 
with bimodal and 3D structure with the cobalt particles confined in the cages. 

Mesostructured cellular silica foams (MCF) represent a new class of aerogel-like, 
continuous 3D mesoporous materials with uniform large spherical cells intercon¬ 
nected with uniformly small windows. The surface areas of this material are hardly 
affected by increasing the pore sizes.'’-'® Owing to these above mentioned special 
textural properties, MCF have been applied as catalyst supports for a variety of reac¬ 
tions including esterification of alcohol,'^ hydrogenation,’" COj adsorption,’' and syn¬ 
thesis of hydrogen peroxide”. For instance, Liu et al.” demonstrated that chromium 
catalysts supported on MCF exhibited much higher catalytic activity for propane con¬ 
version and propylene yield than over chromium supported on mesoporous SBA-15 
or MCM-41 catalysts during the oxidative dehydrogenation of propane. However, 
there is no report on the utilization of MCF as a support for cobalt catalyst in FTS. 

Herein, we report the synthesis of mesostructured cellular silica foams with large 
bimodal pore sizes and 3D mesostructure using benzene as a microemulsion medium 
and used as a support for cobalt catalyst. The effect of cobalt loading on the cata¬ 
lytic performance of cobalt-based FTS catalyst was investigated. The catalysts were 
characterized by x-ray diffraction (XRD), nitrogen adsorption-desorption, transmis¬ 
sion electron microscopy (TEM), temperature-programmed reduction (TPR), and 
hydrogen temperature-programmed desorption (Hj-TPD) followed by pulse oxygen 
titration. The catalytic properties for FTS were tested in a fixed-bed reactor. 
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9.2 EXPERIMENTAL 

9.2.1 Preparation of Support and Catalysts 

Mesostructured cellular silica foams with large pore sizes and 3D structure were 
prepared using benzene as microemulsion medium according to the method using 
trimethylbenzene as the microemulsion medium reported previously.'^ The detailed 
synthesis was as follows: 12.0 g P123 and 420 mL HCl (2 mol-L“') were mixed at 
308 K to obtain a clear solution. Subsequently, 24.0 g benzene was added into the 
solution. After stirring for 1 h, 25.2 g tetraethoxysilane was gradually added and 
stirred further for 24 h. The milky solution was transferred into an autoclave and 
aged in an oven at 373 K for 24 h. The white precipitates were filtered, washed with 
deionized water, and dried at room temperature overnight and then at 398 K for 12 h. 
Finally, the obtained materials were transferred to a muffle furnace and calcined at 
823 K for 6 h to obtain the MCF materials. Without the addition of benzene during the 
synthesis, SBA-15 was obtained. 

All the catalysts were prepared by incipient wetness impregnation, using an aque¬ 
ous solution of hexahydrate cobalt nitrate as precursor salt. Before the cobalt loading, 
the calcined MCF was first dried at 398 K for 12 h to remove absorbed water. After 
the cobalt loading, the precursor was dried at 398 K for 12 h, followed by calcination 
at 723 K for 5 h. The series of catalysts with 15, 20, 30, and 40 wt% cobalt loading 
are denoted as 15CSBA-15, 15CMCF, 20CMCF, 30CMCF, and 40CMCF. 

9.2.2 Characterization of Supports and Catalysts 

The XRD analysis was done on a Bruker Advance D 8 diffractometer with mono- 
chromatized Cu-Ka radiation (k= 1.54056 A, 40 kV, 40 mA) and collected by a 
Vantec-1 detector. The average C 03 O 4 crystallite size was calculated by using the 
Scherrer equation (d = (0.89k/Bcos 0)(18O70)) from the C 03 O 4 diffraction peak at 
20 = 36.9°, where d is the average crystallite diameter, X is the x-ray wavelength, and 
B is the full width at half maximum. The surface area, average pore size, and total 
pore volume were determined in nitrogen adsorption-desorption experiment on a 
Quantachrome Autosorb-l-C-MS instrument conducted at 77 K and outgassed at 
473 K for 6 h before analysis. TEM images of the samples were obtained with a FEI 
Tecnai 20 instrument. The samples were prepared by dipping a copper microscope 
grid covered with perforated carbon into an ethanol suspension of the powder with 
ultrasonic treatment. The hydrogen temperature-programmed reduction experiments 
were performed with a Zeton Altamira AMI-200 unit. The catalysts (ca. 0.05 g) were 
placed in a U-shaped quartz reactor, with a thermocouple for continuous temperature 
measurement. The samples were first pretreated with high-purity argon at 423 K 
before being cooled down to 323 K. Afterward, an Ar gas stream containing 10% Hj 
(30 cm^ min“') was switched on, and the temperature was raised from 323 to 1073 K 
at a rate of 10 K min“' and held at 1073 K for 30 min. Hj-TPD measurements were 
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also performed using the Zeton Altamira AMI-200 unit. The catalyst was reduced at 
723 K for 12 h using Hj and then cooled to 373 K under flowing Ar to remove weakly 
bound physisorbed species. Then, the temperature was slowly increased to 723 K at 
a ramp rate of 10 K min, the catalyst was held at this temperature under flowing Ar 
to desorb the remaining chemisorbed Hj, and the TCD began to record the signal 
until it returned to the baseline. The TPD spectra were integrated, and the amount 
of desorbed H 2 was determined in comparison with the mean area of calibrated Hj 
pulses. O 2 titrations were also performed using the Zeton Altamira AMI-200 unit. 
After reduction, the catalyst was kept in flowing Ar at 723 K and was reoxidized by 
injecting pulses of pure oxygen in argon. The flow rate was set at 30 cm^ min“'. 

9.2.3 FTS 

The activity of catalyst in FTS was conducted in a fixed-bed reactor. The catalyst 
(ca. 0.5 g) was mixed with carborundum (ca. 5.0 g) and reduced under high-purity 
hydrogen (99.999%, 6 NL h“* g“') at atmospheric pressure and 723 K for 10 h. After 
reducing, the temperature was decreased to 373 K, the syngas (H 2 /CO = 2, 4 SL h“' 
g“') was switched on, and the pressure was increased to 1.0 MPa. After that, the tem¬ 
perature was raised to 483 K. The products were collected in a hot trap and a cold 
trap. The wax product was analyzed with an Agilent 7890A GC and the oil product 
with an Agilent 6890N GC. The outlet gases were analyzed online by an Agilent 
Micro3000A GC. 

9.3 RESULTS AND DISCUSSION 
9.3.1 N2 Physisorption 

The porosity of the samples has been investigated by nitrogen adsorption-desorp¬ 
tion analysis. The nitrogen adsorption-desorption isotherms are shown in Figure 9.1; 
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FIGURE 9.1 Nj physisorption isotherms of the supports and catalysts. 
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TABLE 9.1 

Physical Property of the Supports and Catalysts 



Surface 

Window 

Cell Pore 

Average 

Pore 

C 03 O 4 


Area 

Pore Size® 

Size'’ 

Pore Size 

Volume 

Crystallite 

Samples 

(m^ g-') 

(nm) 

(nm) 

(nm) 

(cm" g-') 

Size” (nm) 

SBA-15 

653.8 

— 

— 

9.1 

1.23 

— 

MCF 

645.6 

11.9 

42.1 

— 

2.38 

— 

15CSBA-15 

546.2 

— 

— 

8.3 

1.08 

12.8 

15CMCF 

495.9 

11.9 

34.5 

— 

1.23 

15.4 

20CMCF 

431.5 

11.9 

32.2 

— 

1.19 

16.2 

30CMCF 

382.7 

11.4 

29.4 

— 

0.94 

19.4 

40CMCF 

266.6 

9.3 

24.8 

— 

0.55 

21.7 


^ Determined from the desoiption branches of the nitrogen sorption isotherms. 
^ Determined from the adsorption branches of the nitrogen sorption isotherms. 
Determined from x-ray diffraction. 


all the samples exhibit an irreversible type IV isotherm with HI hysteresis loop, typi¬ 
cal for mesoporous materials that exhibit capillary condensation and evaporation.'’ It 
is obviously seen that the hysteresis loop of the MCF is significantly larger than that 
of SBA-15 and the relative pressures are also higher than SBA-15; these demonstrate 
that MCF materials have much larger pore sizes and volume than SBA-15, as reported 
in the literature.'’ ’^' After cobalt loading, the hysteresis loop of CMCF catalysts drop 
sharply, leading to smaller hysteresis loop, while the effect on CSBA-15 was much 
less significant. However, the unique pore characteristics of MCF remain intact. 

The physical properties of the prepared samples are listed in Table 9.1. The sizes 
of the cells and windows have been determined from the adsorption and desorption 
branches of the nitrogen sorption isotherms, respectively.’^ It is shown that the MCF 
exhibit a bimodal pore sizes with the diameters of the cell pore of 42.1 nm and the 
window pore of 11.9 nm, with pore volume of 2.38 cm’ g“', while that of SBA-15 
is only 1.27 cm’ g“'. Both the MCF and SBA-15 have similar surface area of about 
650 m’ g“', but the pore volume of MCF is much larger than that of SBA-15. The 
surface area and pore volume of the catalysts decrease remarkably after impregna¬ 
tion of cobalt on both MCF and SBA-15, and especially, the volume of MCF has 
almost fallen by half, from 2.38 to 1.23 cm’ g“', likely due to the partial blockage of 
pores by cobalt oxide, which are similar in size to the pore and the partial collapse 
of the mesoporous structure as reported by Martinez.’ Similar results were obtained 
on increasing the cobalt content from 15 to 40 wt%.’ On the other hand, the window 
pore sizes decreased in cobalt loading from 30% to 40% owing to the fact that more 
cobalt species were located in the cell pores and window pores.'’ 

9.3.2 X-Ray Diffraction 

The XRD patterns of catalysts are shown in Figure 9.2. For all the catalysts, only the 
cobalt diffraction peaks at 20 = 31.3°, 36.9°, 45.1°, 59.4°, and 65.4° of spinel C 03 O 4 
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FIGURE 9.2 X-ray diffraction patterns of catalysts. 


are present after calcination at 623 K.''' The 15CMCF peak at 20 = 36.9° is stronger 
and narrower than the 15CSBA-15 peak, suggesting that the cobalt oxide particles 
are large enough to be detected. Similarly, on increasing the cobalt loading, the 
intensity of the peaks at 20 = 36.9° increased and further sharpen suggesting an 
increase in the cobalt particle size. The average C 03 O 4 crystallite sizes (Table 9.1), 
calculated from the most intense reflection at 20 = 36.9° using the Scherrer equa¬ 
tion,^® indicate that the crystallite sizes on CMCF catalysts are smaller than the 
cell pore sizes, even at cobalt loading of up to 40 wt%. Thus, the structure of MCF 
traps the particles in the cells'® so that the particles were not enlarged when cal¬ 
cined at 623 K. Furthermore, the average C 03 O 4 crystallite sizes of the 15CSBA-15 
is larger than the corresponding pore sizes, indicating that some C 03 O 4 clusters 
are located outside the pores,whereas some of cobalt oxide can be held inside 
the pores because the surface area and pore volume of the 15CSBA-15 catalyst 
decrease obviously.^* 

9.3.3 Transmission Electron Microscope 

TEM analysis was performed to investigate the shape and structure as well as the 
C 03 O 4 particles on the supports. The TEM image of the MCF structure is shown in 
Figure 9.3a; the structure is reminiscent of aerogels. The large cell pores connect 
with smaller window pores with 3D structure. The cell pore is estimated from TEM 
images to be approximately 45 nm, which is in good agreement with that calculated 
from the nitrogen adsorption-desorption analysis. The structure of SBA-15 was 2D 
hexagonal (Eigure 9.3b). 

The structures of the SBA-15 and MCE supports were retained after the cobalt 
impregnation and reduction by Hj at 823 K for 10 h (Eigure 9.4). On the MCF 
catalyst, the cobalt particles exist as clusters consisting of many small cobalt 
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FIGURE 9.3 Transmission electron microscopy images of the support: (a) MCF and 
(b) SBA-15. 
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FIGURE 9.4 Transmission electron microscopy images of the catalysts after reduction by 
at 823 K for 10 h: (a) 15CMCF and (b) 15CSBA-15. 
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particles.'* These particles are uniformly distributed inside the interconnected cell 
pores. On the other hand, some particles that are larger than the support pore sizes 
are seen on the 15CSBA-15 catalyst. It is probable that the C 03 O 4 particles that 
held on the outside of the pores were easy to agglomerate during the calcination 
or reduction.^* 


9.3.4 Temperature-Programmed Reduction 

The TPR of various catalysts were determined and shown in Figure 9.5. The a peak 
at the range of about 470-590 K can be assigned to the first reduction of C 03 O 4 - 
CoO, and the p and y peaks at the ranges of about 590-850 K can be attributed to the 
second reduction of CoO-Co°.^ The 6 peak at the temperature range of 850-1050 K 
might be assigned to the reduction of cobalt silicate species formed during the cata¬ 
lysts preparation.^® The reduced peak position of 15CMCF catalyst (967 K) is lower 
than 15CSBA-15 catalyst (985 K), indicating the more facile reduction of the larger 
cobalt oxide particles in 15CMCF catalyst.'* On the other hand, there is an obvious 
6 peak at the temperature range of 850-1050 K on the 15CSBA-15 catalyst but very 
weak in 15CMCF. This is perhaps due to the weaker interaction between cobalt 
species and support on the 15CMCF than on 15CSBA-15 catalyst. With increas¬ 
ing cobalt loading, no high-temperature 6 peak was observed on the 20CMCF, but 
this peak appeared and became stronger with increasing cobalt content from 30 to 
40 wt%, indicating more cobalt oxide entered the cell pores and window pores per¬ 
haps resulting in stronger interaction between cobalt and MCF.*^ 



Temperature (K) 


FIGURE 9.5 Temperature-programmed reduction profiles of the catalysts. 
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9.3.5 Hydrogen Temperature-Programmed Desorption 

The Hj-TPD and O 2 titration data of the catalysts are shown in Table 9.2. The dis¬ 
persion on 15CMCF catalysts is 11.7% and the reduction is 67.5%, which are higher 
than CSBA-15 catalysts at 9.5% and 63.3%, respectively. The lower dispersion and 
reduction on CSBA-15 may be attributed to the sintering of the cobalt particles dur¬ 
ing the programmed desorption. This is consistent with the result of TEM. When 
the cobalt content was increased from 15 to 20 wt%, the reduction increased from 
67.5% to 70.3% while the dispersion decreased from 11.7% to 7.8%. In general, 
larger cobalt oxide particles led to lower dispersion and were easier to reduce than 
smaller ones.^° However, with further increase of cobalt loading from 20% to 40%, 
not only the dispersion but also reduction decreased, this may be attributed to the 
larger cobalt oxide particles that are not easily reduced at higher cobalt loading. 
On the other hand, with the increase in cobalt loading, more small particles in the 
cell pores and window pores will be formed, as a result of the interaction between 
cobalt and silica, which maybe decreases the reduction. This is consistent with the 
result of TPR. 

9.3.6 Catalytic Properties oe Catalysts in FTS 

The catalysts activity and product selectivity in FTS are shown in Table 9.3. The CO 
conversion and product selectivity were measured after 20 h on stream. As can be 
seen, at 15 wt% cobalt loading the MCF supported catalysts is a much better cata¬ 
lyst than with SBA-15 as support with both higher CO conversion and C 5 - 1 - selectiv¬ 
ity. The methane on 15CMCF is only 8.9%, much lower than 15CSBA-15 catalyst 
of 14.6%. With the cobalt loading increased from 15 to 20 wt%, CO conversion 
increased significantly from 36.4% to 49.6%. No effect in the catalytic activity was 
observed on further increasing the cobalt loading from 30 to 40 wt%. 

The primary effect on the catalytic performance is the degree of cobalt dispersion 
and its reducibility. As is shown in Table 9.3, the 15CMCF catalyst has much higher 


TABLE 9.2 

Reducibility and Dispersion of Catalysts 





Extent of 




Desorbed 

O2 Uptaked 

Reduction 



Catalysts 

(mol g-’) 

(pmol g-') 

(%) 

D“ (%) 

d*" (nm) 

15CSBA-15 

91.6 

1129.9 

63.3 

9.5 

10.9 

15CMCF 

100.5 

1151.1 

67.5 

11.7 

9.8 

20CMCF 

121.3 

1598.3 

70.3 

7.8 

13.1 

30CMCF 

127.1 

2232.9 

65.5 

6.6 

15.6 

40CMCF 

128.0 

2941.2 

64.7 

6.0 

17.1 


® Corrected catalyst dispersion. 

^ Corrected metal cluster diameter. 
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TABLE 9.3 

CO Conversion and Product Distribution of the Catalysts® 


Products Selectivity (mol%) 


Catalysts 

CO Conversion (%) 

CH4 

C, 

C3 

C4 

Q+ 

15CSBA-15 

28.7 

14.6 

1.7 

4.7 

5.3 

73.7 

15CMCF 

36.4 

8.9 

0.6 

2.3 

2.6 

85.6 

20CMCF 

49.6 

7.8 

0.4 

2.1 

2.2 

87.5 

30CMCF 

53.6 

9.3 

0.8 

2.2 

2.3 

85.4 

40CMCF 

54.1 

11.6 

0.9 

2.4 

2.5 

82.6 


Note: Reaction conditions: 1.0 MPa, 483 K, H 2 /CO = 2, and 4 SL h"^ g"^ 
^ Measured after 20 h. 


activity than 15CSBA-15; this is due to the fact that higher reducibility and disper¬ 
sion are present on 15CMCF catalyst. On 15CMCF catalyst, large and bimodal pore 
sizes as well as large surface areas are beneficial for cobalt dispersion; furthermore, 
it is known that larger C 03 O 4 particles are easy to be reduced and active in FTS.^' 
In addition, agglomeration may occur in 15CSBA-15 catalyst during the reaction 
because of some cobalt oxide outside the channel, as shown in the TEM image of the 
catalysts after the reaction in Figure 9.6, which shows aggregation of the particles on 
15CSBA-15 catalyst due to sintering but not on 15CMCF catalyst. The cobalt par¬ 
ticles on 15CMCF catalyst were trapped in the cell pores individually and uniformly 
so that no aggregation occurred during the programmed reduction and reaction, indi¬ 
cating its remarkable stability against sintering.^^ 

The MCF framework does not impose any limitations on the movement of mass 
diffusion because of the large bimodal and interconnected pore sizes.The access to 
the active sites and the transport of higher hydrocarbon products away from the cata¬ 
lyst were also enhanced, resulting in higher catalytic performance and C 5 H- selectiv¬ 
ity in 15CMCF catalyst.^’^^’^^ Methane selectivity of the MCF catalyst was also lower 
than that of the SBA-15 catalyst. This can perhaps be attributed to fewer linearly 
adsorbed CO and lower diffusion limitation of CO.^"^ 

9.4 CONCLUSIONS 

MCF with 3D pores has been successfully synthesized using benzene as microemul¬ 
sion medium. The diameter of the large cell pores is about 42 nm with smaller win¬ 
dow pores at about 11 nm. Compared to SBA-15 with 2D hexagonal structure, the 
average pore size and pore volume of MCF were much larger. The 15CMCF catalyst 
show much better catalytic performance than the 15CSBA-15 catalyst on FTS, with 
high activity, low methane selectivity, and high C 5 H- selectivity. Moreover, the study 
on the effect of cobalt loading shows that the 20CMCF catalyst was the best catalyst 
because of its high activity and low methane selectivity and high Cs-t selectivity 
attributed to its high reduction and high dispersion as well as the high surface area, 
the unique bimodal pore distribution, and interconnected structure. 
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FIGURE 9.6 Transmission electron microscopy images of the catalysts after reaction: 
(a) 15CMCF and (b) 15CSBA-15. 
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The formation of products of iron-catalyzed Fischer-Tropsch (FT) reactions was 
explained by the modified alkylidene mechanism. According to this mechanism, 
straight-chain 1-alkenes and alkanes were produced from the growing-chain 

1 - alkylidene, while branched hydrocarbons were formed from the growth of 

2- alkylidene that was produced from the readsorbed 1-alkenes. The H 2 /D 2 switch¬ 
ing experiments showed that unlike 1-alkenes, 2-alkenes were not formed from the 
growing chain, and therefore they are the secondary products of the FT reactions. 
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The primary alcohols could be formed directly from the growing-chain 1-alkylidene, 
and hence they are the true primary products of the FT reactions. 

Keywords: Fischer-Tropsch synthesis, Alkylidene mechanism, Deuterium tracer. 
Isotope effects 


10.1 INTRODUCTION 

Fischer-Tropsch synthesis (FTS) is a process that can produce a complex array of 
organic chemicals from CO and H 2 , two of the simplest chemicals. The organic 
compounds produced by FT reaction include straight and branched alkenes, alkanes, 
alcohols, and other oxygenates with various carbon lengths. Since Hj and CO can 
be produced from coal, natural gas, biomass, or any organic wastes, this reaction 
is a very attractive industrial process to produce alternative fuel and chemicals in 
countries that are poor in petroleum but rich in coal or biomass. Furthermore, since 
Hj and CO are as old as planet Earth, it was postulated that they were the starting 
materials for producing organic compounds in early Earth and the nebula, pos¬ 
sibly through FT-type reactions.' Therefore, the understanding of how the organic 
compounds are produced by FT reaction is of importance both practically and 
fundamentally. 

Many different mechanisms have been proposed for FTS since the discovery of 
this reaction. A mini review on the mechanisms for iron-catalyzed FT reactions 
by Davis illustrated the difficulties in mechanistic studies in FTS.^ Immediately 
after the discovery of the FT reaction, Fischer proposed the carbide mechanism.^ 
Since then, the hydroxymethylene mechanism^'; CO insertion^; alkyl,®-’ alkenyl,* and 
alkylidene mechanism^; and various modifications of these mechanisms have been 
proposed. It is fair to say that the FT reaction is one of the most difficult reactions in 
scientific history that have challenged the scientists in many research areas. 

The very first step in mechanistic study for any reaction is to identify and quan¬ 
titatively determine the products and possible by-products. The detailed analysis of 
FTS products was accomplished in the 1970s when capillary gas chromatography 
(GC) and GC-MS were readily available. After 1-alkenes and part of the alkanes 
were identified as the primary products through the changes in selectivity of 2-olefin 
and 1-olefin with an increase in gas hourly space velocity (GHSV)'® and with differ¬ 
ent syngas feed compositions," the attempts to explain the formation of the primary 
FTS products were made. While the alkyl mechanism®-’ explained the formation of 
1-alkenes and alkanes as the primary products of FT reactions, the alkenyl mecha¬ 
nism* suggested that 1-alkenes, and possibly 2-alkenes, are the primary products 
that produced from the growing chain. On the other hand, the hydroxymethylene 
mechanism^' can explain the formation of alcohols as the primary products. As for 
the formation of branched hydrocarbons, different pathways were proposed. 

To explain the inverse isotope effect and the deuterium enrichment in hydrocar¬ 
bons during Co-catalyzed FT reactions, we proposed a modified alkylidene mech¬ 
anism.'’ According to this mechanism, the 1-alkenes and part of alkanes are the 
primary products of the FT reactions. We also explained the formation of branched 
hydrocarbons'* and 2-alkenes'‘' by this mechanism. 
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The iron-catalyzed FT reactions produce a complex mixture of products. These 
products include, but are not limited to, 1-alkenes, alkanes, 2-alkenes, branched 
hydrocarbons, and oxygenates. It would be desirable to have a mechanism to explain 
the formation of all of these products. In this report, we attempt to explain the for¬ 
mation of the primary and secondary products of iron-catalyzed FT reactions by 
the modified alkylidene mechanism. Some of these explanations are based on our 
deuterium tracer data. 


10.2 EXPERIMENTAL 

The iron catalyst (Fe/Si/K= 100:4.6:1.4) was synthesized based on a procedure 
reported in the literature without modification.^^ The FTS procedure is the same as 
described previously.'^ In a typical run, 1.5 g of iron catalyst (Fe/Si/K= 100:4.6:1.4) 
is used. A mixture of H 2 (60%), CO (30%), and Nj (10%) was used as the syngas feed. 
The reactions were conducted at 1.3 MPa and 270°C. It usually takes about 24 h in 
order to have constant CO conversion after the synthesis begins. The liquid samples 
were collected every 24 h, and the gas samples were measured four times every day. 
The liquid samples were analyzed by GC and GC-MS. 

Hj/Dj switching experiments were conducted by switching the syngas feeds to a 
mixture of Dj (60%), CO (30%), and Nj (10%), usually after 3 days of CO/Hj runs. 
The reaction conditions are the same as CO/Hj runs, and the samples were analyzed 
by GC and GC-MS. 

10.3 RESULTS AND DISCUSSIONS 

10.3.1 Methane: Products oe Methanation and ET Reactions 

Table 10.1 lists the CO conversion, the formations of COj, methane, Cj, and C 2 '', and 
the a values in different runs. Clearly, the percentage of methane is more than pre¬ 
dicted from the chain growth probability a. These results are similar to the reported 
data in literature for Fe/Si02/K (100:4.6:1.4) catalyst. Since the amount of methane 
always deviates from the Anderson-Schulz-Flory (ASF) kinetics, a question has 
been raised regarding the eligibility of methane being an FTS product. 

The FT reaction can be considered as a “polymerization” process that produces 
hydrocarbons and oxygenates with different carbon length through the coupling of 


TABLE 10.1 

Methane Formation and Product Distribution during Iron- 
Catalyzed Fischer-Tropsch Reactions at 270°C 


Run # 

CO Conversion (%) 

CO2 (%) 

CH4 (%) 

C, (%) 

C,* (%) 

0 

1 

8.6 

2.4 

2.1 

0.5 

3.6 

0.76 

2 

14.6 

3.7 

1.7 

0.3 

8.9 

0.80 

3 

77.8 

11.0 

6.7 

0.9 

59.2 

0.80 
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growing chains with monomer. However, unlike the normal polymerization reac¬ 
tions, the monomer of the FT reaction can only be produced in vivo from CO and 
Hj in the presence of FTS catalysts such as iron, cobalt, and ruthenium. The exact 
structure of the “monomer” of an FT reaction is still a topic of debate, but the pos¬ 
sible Cj structures that can be considered as the monomer were proposed as shown 
in Figure 10.1a. Figure 10.1b shows the formation of some of the Cj monomers and 
the final product methane. 

Depending on which of the Cj structures was considered as the monomer, differ¬ 
ent mechanisms were proposed over the years. The alkyl, hydroxymethylene, alke¬ 
nyl, and alkylidene mechanisms were proposed by assuming that ]VI=CH 2 was the 
monomer while the ]VI=CH was the monomer in the modified alkylidene mechanism 
and ]VI=CHOH is the monomer of the hydroxymethylene mechanism. The FT reac¬ 
tion to produce Cj and products and the methanation reaction to form methane 
can be schematically represented in Figure 10.2, where rj is the rate of formation of 
methane and r^ is the rate of formation of FTS products. According to Figure 10.2, 
the methanation reaction and the FT reaction can be considered as parallel reactions 
with M=CH as the common intermediate. This explanation suggests that methane 
is the side product during FT reaction conditions. If the rj»r^, the process should be 
considered as methanation reaction rather than FTS. 

One of the equations that represent the ASF kinetics is r^ = rja''“i, where q is the 
rate of formation of methane, r„ is the rate of formation of FTS product if n > 1, 


CO* 

CHOH 

II 

M 

M 

CH 

III 

M 

( 1 ) 

(II) 

(III) 

(IV) 


(a) 



(b) 


FIGURE 10.1 (a) Possible Ci monomers and (b) the formation of methane during Fischer- 

Tropsch synthesis. 
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FIGURE 10.2 Fischer-Tropsch synthesis and methanation. 
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and a is the growth possibility. If methane is the side product of the FT reaction, 
it would be better to consider rj as the rate of formation of Cj monomer. Thus, the 
ASF equation can be modified as r„ = Cia‘’“h In the case of the modified alkylidene 
mechanism, Cj is the rate of formation of M=CH. 

For simplicity’s sake, methane can be considered as the product of methanation— 
a parallel reaction to FT reaction. Thus, we can treat the formations of methane 
and other hydrocarbons separately. The physical evidence for supporting this idea 
was from deactivation studies during FTS.'*’ This study showed that the formation 
of heavier hydrocarbons decreased when the FTS catalyst was deactivated, but the 
formation of methane was not affected.'^ This result means that methane could be 
produced from different active sites that could not initiate the chain growth. 

10.3.2 Primary Products of FT Reactions: Straight-Chain 
1-Alkene and Alkane 

One of the aims of all of the mechanisms proposed so far is to explain the for¬ 
mation of the primary products 1-alkenes and alkanes. Even though there is no 
direct evidence to prove that the 1 -alkenes and alkane are the primary products, 
the straight-chain 1 -alkenes and alkanes are assumed to be produced directly from 
the growing chains. 

According to alkyl mechanism, the growing-chain RCHjCHj-M can undergo 
hydrogenation to produce alkane RCHjCHj, and p-elimination to produce 
RCI 1 =CH 2 as shown in Figure 10.3a. This mechanism clearly explained the forma¬ 
tion of l-alkene and alkane. On the other hand, the formation of 1-alkene according 
to alkenyl mechanism, as shown in Figure 10.3b, is through the hydrogenation of 
growing-chain RCH=CH-M. This mechanism predicts that l-alkenes and 2-alkenes 
are the products directly produced from the growing chain; the alkanes are the prod¬ 
ucts of the secondary reactions. 

According to the modified alkylidene mechanism as shown in Figure 10.4, 
the termination of the growing-chain RCH 2 CI 1 =M generates the intermediate 
RCHjCHj-M, the further hydrogenation of which produces alkane RCH 2 CH 3 and 
P-elimination of which produces the 1-alkene RCH=CH 2 . Similar to alkyl mecha¬ 
nism, the modified alkylidene mechanism predicts that 1 -alkenes and alkanes are the 
primary products of FT reactions. 

Table 10.2 lists relative amounts of products in each carbon number during an 
iron-catalyzed FT reaction. If 1-alkene is one of the primary products, the amount of 

1 - alkene measured in each carbon number must be much less than initially produced 
since 1 -alkenes can be hydrogenated to the corresponding alkanes or isomerized to 

2- alkenes. The amount of alkane in each carbon number increases from 19% in C 7 to 
38% in Cjg alkanes. This suggests that some of the alkanes were produced from the 
secondary reactions. The possibility of hydrogenation of 1-alkenes to alkanes raises 
a question: could all of the alkanes be produced from 1-alkenes? The answer to this 
question is it is possible but unlikely. Figure 10.5 is the paraffin (normal alkane) 
to olefin (1-alkene + 2-alkenes) (P/0) ratios of the hydrocarbons from C 7 to Cjg for 
Fe-catalyzed FT reactions at different CO conversion levels. The amount of hydro¬ 
carbons was determined by II 2 /D 2 switching method so that the possible product 
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FIGURE 10.3 Formation of the primary products according to (a) alkyl mechanism and 
(b) alkenyl mechanism. 
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FIGURE 10.4 Formation of the primary products according to the alkylidene mechanism. 


accumulation factors were kept to minimum'^ '* and the products can be considered 
as “freshly produced” by the FT reactions. As displayed in Figure 10.5, the P/0 ratios 
increase exponentially as the carbon number increases by a factor e'’ °®5-o.o95 xhese 
values are much smaller than the values reported in literature determined by the con¬ 
ventional method'^ and even smaller than the value determined by Hj/Dj switching 
method in a continuous stirring tank reactor (CSTR).2° 

The product accumulation effect cannot be completely removed even using 
Hj/Dj switching method.'’ The increase of the rate of P/0 ratios as the CO conver¬ 
sion increases from 17% to 78% suggests the presence of the accumulation effect. 
Thus, the smaller value is closer to the “true” increase of the rate of P/0 

ratios. Thus, for Cj hydrocarbons, the P/0 ratio is extrapolated to 0.268. Since the 
P/0 ratio at Cj is not zero, part of the alkanes should be the primary product of 
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TABLE 10.2 

Product Distribution of an Iron-Catalyzed Fischer-Tropsch 
Synthesis at 270°C® 


Carbon # 

Branched% 

1-Alkene% 

Alkane% 

rrans-2-Alkene% 

C/s-2-Alkene% 

7 

33.2 

40.8 

19.0 

3.4 

3.5 

8 

33.5 

39.0 

19.6 

3.9 

4.0 

9 

29.8 

39.0 

21.2 

4.9 

5.0 

10 

30.0 

36.4 

21.9 

5.9 

5.8 

11 

29.3 

33.6 

23.4 

7.2 

6.5 

12 

27.7 

31.0 

25.8 

8.4 

7.1 

13 

26.9 

27.7 

27.9 

9.5 

8.0 

14 

24.9 

24.6 

31.0 

11.0 

8.6 

15 

22.7 

22.3 

33.3 

12.3 

9.5 

16 

22.5 

18.7 

34.9 

14.2 

9.7 

17 

21.7 

16.0 

36.4 

16.3 

9.6 

18 

19.7 

13.5 

38.0 

18.6 

10.2 


For this run, CO/Hj is 1:2, and the CO conversion is 17%. 
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FIGURE 10.5 The paraffin-to-olefin (P/O) ratios change as the carhon number increases 
during Fe-catalyzed Fischer-Tropsch reactions at different CO conversion levels. 
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the FT reaction. If the “true” P/0 ratio for all hydrocarbons is 0.268, about 50% 
of the alkane in each carbon number listed in Table 10.2 is the product of the 
secondary reactions. 

10.3.3 Methyl-Branched Hydrocarbons: Products 
EROM Parallel Reactions with FTS 

During the development of ASF kinetics for FT reactions, the early schemes involved 
one-carbon addition usually at one end of the growing chain, and the formation of 
branched hydrocarbons were not considered, usually assumed to be equal to zero.^' 
Therefore, unlike the straight hydrocarbons, the branched hydrocarbons cannot 
be predicted by the ASF kinetics. However, detailed analysis of the FTS products 
showed that the amounts of branched hydrocarbons cannot be assumed as zero, 
especially in Fe-catalyzed reactions. 

The formation of branched hydrocarbons during FT reactions was explained 
by the modified alkylidene mechanism^^ as shown in Figure 10.6. This explana¬ 
tion was based on the following experimental facts: ( 1 ) from C 7 to C 12 hydrocar¬ 
bons, the branched hydrocarbons are 2-methyl-branched, 3-methyl-branched, 
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FIGURE 10.6 Formation of branched hydrocarbons according to the alkylidene mechanism. 
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4-methyl-branched, and 5-methyl-branched hydrocarbons'^; (2) ethyl-branched 
hydrocarbons could be present based on GC-MS analysis but at trace level; and 
(3) the completely hydrogenated FTS products indicated that the total number of 
branched hydrocarbon peaks on GC in each carbon number is limited to 2-5 from C 7 
to Ci 4 .^^ To explain the aforementioned experimental facts, a process of the regrowth 
of the readsorbed 1-alkene through 2-alkylidene was proposed. The formation of 
2 -methyl-branched hydrocarbons was interpreted by the readsorption and regrowth 
of propene. The readsorption of propene on the surface of the FTS catalyst gener¬ 
ated CH 3 CH(M)CH 3 , the a-elimination of which produces 2-propylidene. Similar 
to the growing-chain 1 -alkylidene, the 2 -propylidene coupling with the monomer 
M=CH produces 2-methylpropylidene. The termination of 2-methylpropylidene 
will generate 2-methylpropane and 2-methyl-1-propene. In the same manner, the 
propagations of 2 -methylpropylidene will produce 2 -methylalkanes and corre¬ 
sponding methyl-l-alkenes. 

The 3-methyl-branched alkanes can be generated from the readsorption of 

1- butene through the formation of 2-butylidene. The propagations of 2-butylidene 
by reacting with monomer M=CH and followed by termination will produce 

2- methylbutane, 3-methylpentane, 3-methylhexane, 3-methylalkanes, and corres¬ 
ponding 3-methyl-l-alkenes. Thus, the readsorption of 1-pentene can produce 
2-methyl-branched (Cg), 3-methyl-branched (C7), and 4-methyl-branched (>€7) 
hydrocarbons; and the readsorption of 1 -hexene can produce 2 -methyl-branched 
(C7), 3-methyl-branched (Cg), 4-methyl-branched (Cg), and 5-methyl-branched (>Cg) 
hydrocarbons; and so on. 

According to the previous analysis, the branched hydrocarbons are the secondary 
products of the FT reactions since they were produced from the readsorption and 
regrowth of the primary product 1-alkenes. However, since the 2-alkylidene propa¬ 
gates in the same way as the propagation of the growing-chain 1 -alkylidene, the 
formation of branched hydrocarbons is also a parallel process with the FT reaction 
that produces the primary products. Therefore, the true ASF plot of an FT reaction 
should be the Ln (mol% of the straight-chain hydrocarbons) versus carbon num¬ 
ber. However, the ASF plot for total hydrocarbons (straight-chain hydrocarbons - 1 - 
branched hydrocarbons) should be close to the true ASF distribution of the reaction 
within experimental error. Figure 10.7 is the ASF plot of the total hydrocarbons and 
the straight-chain hydrocarbons in an iron-catalyzed FT reaction. The nearly parallel 
plots support our previous discussions. 

10.3.4 Dimethyl-Branched Hydrocarbons 

The analysis by GC-MS indicates that there are dimethyl-branched hydrocarbons 
in the liquid samples of iron-catalyzed FT reactions. We did not determine the 
exact structures of the dimethyl-branched hydrocarbons due to the lack of authentic 
samples. However, based on the discussions about the formation of monomethyl- 
branched hydrocarbons, the dimethyl-branched could be formed from the readsorp¬ 
tion of methyl-l-alkenes that were produced from the readsorption and regrowth of 
1-alkenes. For example, the 2,3-dimethyl-branched hydrocarbons can be formed from 
the readsorption of 3-methyl-1-butene as shown in Figure 10.8. After the formation 
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FIGURE 10.7 Anderson-Schulz-Flory plots of total products and the straight-chain 
products. 
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FIGURE 10.8 Formation of dimethyl-branched hydrocarbons during Fischer-Tropsch 
synthesis. 

of compound 1, the a-elimination produces 3-methyl-2-butylidene and propagations 
of which generate 3,4-dimethyl-l-pentylidene, 4,5-dimethyl-l-hexylidene, and so on. 
Terminations of the growing chains will result in 2,3-dimethylalkanes and the cor¬ 
responding dimethyl alkenes. 

Similarly, the 2,4-dimethyl-branched hydrocarbons can be formed from the 
readsorption of 4-methyl-l-pentene, the 2,5-dimethyl-branched hydrocarbons can 
be formed from the readsorption of 5-methyl-l-hexene, and 3,4-dimethyl-branched 
hydrocarbons can be formed from the readsorption of 3-methyl-l-pentene. Accor¬ 
ding to the alkylidene mechanism, 4-methyl-l-pentene, 3-methyl-l-pentene, and 
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5-methyl- 1 -hexene are produced from the readsorption and regrowth of 1 -alkenes. 
Thus, the amounts of these alkenes are small compared with the 1-alkenes. Therefore, 
the amounts of dimethyl-branched hydrocarbons in FT reactions are insignificant. 

10.3.5 Trans- and C/s-2-Alkenes: Secondary Products oe the FTS 

As listed in Table 10.2, significant amount of trans- and cw-2-alkenes were pro¬ 
duced during iron-catalyzed FT reactions. For a long period of time, the formation 
of 2-alkenes is a topic of debate. Some research groups concluded that the internal 
alkenes are the primary products that are produced through surface reaction of alkyl 
group on the metal surface.^^’^'* The scheme of the alkenyl mechanism also implied 
that the 2-alkenes could be produced from the growing chains.* However, experi¬ 
ments showed that the selectivity of 2-olehn decreased with an increase in GHSV'® 
or with different syngas feed compositions." These results suggest that 2-alkenes 
must be the products of the secondary reactions. 

Recently, we demonstrated that the pathway for the formation of 2-alkenes is 
different from the pathway that produces 1-alkenes.When the FT reactions were 
conducted using CO/Hj or CO/Dj as the syngas feeds under the same reaction condi¬ 
tions, the ratios of [ 2 -alkenes]"/[ 2 -alkenes]" in each carbon number are greater than 1 , 
while the ratios of [l-alkene]"/[l-alkene]" are less than 1 as shown in Figure 10.9. 
These results clearly indicated that the formation of 2-alkenes must be formed from 
a pathway that differs from the pathway that produces 1 -alkene. 

The formation of 2-alkenes was explained by the alkylidene mechanism.'^ 
The adsorbed 1-alkene RCH 2 CH=CH 2 is converted to a secondary alkyl spec¬ 
ies RCH 2 CH(M)CH 3 , the a-elimination of which produces 2 -alkylidene 
RCH 2 C(CH 3 )=M, the propagation of which will produce methyl-branched hydrocar¬ 
bons, the hydrogenation of which produces the corresponding alkane RCH 2 CH 2 CH 3 , 
and the p-elimination of which will produce trans- and cw- 2 -alkenes RCH=CHCH 3 . 
Since the C-H or C-D bond cleavage was involved during the formation of 2-alkenes, a 
normal isotope effect was observed, leading to the ratios of [ 2 -alkene]"/[ 2 -alkene]" = 
1.2-1.4. According to these explanations, all of the 2-alkenes are formed from the 
corresponding 1-alkenes. Therefore, when considering the total amount of the pri¬ 
mary product 1 -alkene, the amount of 2 -alkenes should be included. 

10.3.6 Other Internal Alkenes 

The amounts of other internal alkenes such as 3-alkenes are small. According to the 
pathway that produces the 2-alkenes, 3-alkenes can be formed from the readsorp¬ 
tion of the corresponding 2-alkenes. Figure 10.10 is an example of the formation of 
3-hexene, the simplest 3-alkene that FT reaction can produce. After the 2-hexene 
was adsorbed on the surface of catalyst, intermediates 2 and 3 can be formed with 
approximately equal amounts. The reactions of 3 will be the same as the reactions 
of 1 in Figure 10.8, which produce hexane, 2-alkenes, and methyl-branched hydro¬ 
carbons. The hydrogenation of 2 produces hexane, and the p-eliminations of 2 pro¬ 
duce equal amounts of 2-hexenes and 3-hexenes. Furthermore, the a-elimination of 
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H 2 /D 2 switching runs of iron-catalyzed Fischer-Tropsch synthesis: from 14% CO conversion 
(a), from 75% CO conversion (b), and from 60% CO conversion (c). 
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FIGURE 10.10 Formation of 3-alkenes during Fischer-Tropsch synthesis. 
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2 can produce 3-hexylidene, which should produce ethyl-branched hydrocarbons 
when it propagates. Since there is no preference in producing 2 and 3 and no prefer¬ 
ence in producing 2-hexenes and 3-hexenes from 2, the amounts of 3-alkenes are 
small compared with 2-alkenes. For the same reason, the amounts of ethyl-branched 
hydrocarbons are much smaller than methyl-branched hydrocarbons. 

10.3.7 Alkanes Produced by the Secondary Reactions (AP) 

As shown in Figures 10.8 and 10.10, the hydrogenations of 1, 2, and 3 produce the 
corresponding alkanes. The alkanes thus produced are the secondary or tertiary 
products (AP) of the FT reaction. As described in Section 10.3.2, significant amounts 
of alkanes measured are AP. 

The chain growth probability a is independent of the carbon number, which 
means that the rate constant of termination k; is also independent of the carbon num¬ 
ber. Thus, the ratio of the primary products 1-alkene and alkane should be the same 
in the products with different chain length. However, the constant values have not 
been obtained for FT reactions due to the secondary reactions. 

The presence of AP in each carbon number was proven by the deuterium tracer 
studies. It was reported^^ that 1-alkenes can be hydrogenated to the corresponding 
alkane under FT reaction conditions. The deuterated octene experiment showed that 
the added 1-octene-djg during FT reaction can produce trans- and cfj'-2-octene and 
significant amount of octane as shown in Figure 10.11. However, the amounts of AP 
during an FT reaction cannot be directly determined. 

10.3.8 Oxygenates: Primary or Secondary Products oe the FT Reaction? 

During iron-catalyzed FT reactions, oxygenates, mainly the primary alcohols, 
were produced in significant amount along with hydrocarbons. It was reported that 
about 3% of the primary alcohols were produced at initial stages of the reaction 
and the amount of alcohols increases with the time onstream.^® The importance 


1-Octene 



Time —> 


FIGURE 10.11 Chromatogram of deuterated products using l-octene-djg as the probe dur¬ 
ing Fischer-Tropsch synthesis. (From Shi, B. et al., J. CataL, 199, 202, 2001.) 
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of alcohols produced in FT reactions is obvious: they are not only fuels but also 
starting materials of many important chemical processes. Furthermore, if chemi¬ 
cals produced by FT-type reaction during the early Earth were indeed the procur¬ 
ers of life, the alcohols produced by the reaction would certainly have played an 
important role. 

Whether the alcohols are the primary or secondary products of the FT reac¬ 
tions is a topic of debate even today. Since 1-alkenes are the primary products and 
they can undergo hydroxylation to form alcohols, the alcohols thus produced cer¬ 
tainly would be considered as the products of the secondary reactions. This view 
was abandoned because the majority of the alcohols produced by the FT reactions 
are the primary rather than the secondary alcohols. Based on the data available and 
information from the allies’ interviews of the Germans who worked on FTS project 
during World War II, the British workers concluded that alcohols are the true pri¬ 
mary products of FTS.^ 

The hydroxymethylene mechanism described the formation of alcohols nicely 
as shown in Figure 10.12a. According to this mechanism, the growing chain of the 
FT reaction is RC(OH)=M, which can be reduced to the corresponding alcohols or 
reduced to alkyl species RCHjM. The latter can be terminated to 1-alkene and alkane 
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FIGURE 10.12 Formation of alcohol as the primary product (a) according to the hydroxy¬ 
methylene mechanism and (b) according to the alkylidene mechanism. 
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or propagated to a new growing-chain RCH 2 C(OH)=M. The modified alkylidene 
mechanism can also explain the formation of 1-alkanol as the primary product as 
shown in Figure 10.12h. The addition of HjO to growing-chain 1-alkylidene will 
produce 1-alkanol. In a similar manner, the addition of HjO to 2-alkylidene will pro¬ 
duce 2-alkanols as the secondary products. This mechanism can also explain why the 
amount of the straight-chain primary alcohols is much more than the corresponding 
2 -alkanols. 

At present, we do not have data to support the formation of alcohols through the 
alkylidene mechanism; additional research is needed. However, there is difference 
between the two mechanisms. According to the hydroxymethylene mechanism, the 
oxygen atom in the alcohols must come from CO. On the other hand, the oxygen 
atom should come from HjO or other surface species such as M-OH if the alcohols 
are indeed produced through the alkylidene mechanism. 

10.4 CONCLUSIONS 

During FT reactions, methane is produced in proportionally large amount. The for¬ 
mation of methane is through hydrogenation of the Cj monomer, which involves 
C-H bond formation. On the other hand, the formations of other FTS products 
involve C-C bond formation. Therefore, it would be better to consider methane and 
other FTS products separately when studying the mechanism of the FT reactions. 

The formation of the products of iron-catalyzed FT reactions can be explained 
by the modified alkylidene mechanism or pathways related to the alkylidene mecha¬ 
nism. The 1-alkenes, 1-alkanols, and part of alkanes are produced from the growing- 
chain 1-alkylidenes, and therefore, they are the primary products of the FT reactions. 

The branched hydrocarbons are produced through 2-alkylidenes, which can 
be formed through a-elimination of the readsorbed 1-alkenes. Thus, the branched 
hydrocarbons are the products of parallel reactions with the FT reaction that pro¬ 
duces the straight-chain primary products. Therefore, it would be better to consider 
the straight-chain products as the “true” FTS products when considering the ASF 
product distribution of an FT reaction. However, the inclusion of the branched hydro¬ 
carbon in the total FTS products in ASF product distribution will not make much 
difference since the distribution of branched products obeys the ASF kinetics of the 
reaction within experimental error. 

The other products, 2-alkenes and part of alkanes, are products of the secondary 
reactions through the readsorption of 1-alkenes. 
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11.1 INTRODUCTION 

Fischer-Tropsch (FT) synthesis is part of a feed-to-liquid process, which involves the 
conversion of a carbonaceous feed (such as coal, natural gas, or biomass) to syngas 
(CO + H 2 ), which then undergoes simultaneous polymerization and hydrogenation 
steps to form a hydrocarbon- and oxygenate-rich product that is known as synthetic 
crude oil or syncrude. Similar to crude oil, syncrude can be refined to naphtha and dis¬ 
tillate fractions to obtain gasoline, jet fuel, and diesel fuel, along with a variety of valu¬ 
able petrochemical products. The process is generally carried out over cobalt and iron 
catalysts, though nickel and ruthenium catalysts also exhibit FT synthesis behavior. 

The FT synthesis process was developed by Franz Fischer and Hans Tropsch in 
the 1920s^’^ at the Kaiser Wilhelm Institute for Coal Research in Germany. The pro¬ 
cess has since been successfully commercialized with a number of plants operating 
globally. The two largest industrial facilities are the Sasol Synfuels plant in South 
Africa and the Shell Pearl GTL plant in Qatar. 

The production of liquid syncrude by the FT synthesis process is accompanied 
by the production of gaseous by-products, such as CO 2 and C 1 -C 4 hydrocarbons, and 
heavy waxes in the C 30 -C 100 range. Waxes are only produced during low-temperature 
FT synthesis. The selectivity of the specific product fractions depends on the nature of 
the catalyst used and the operating conditions employed. For instance, iron catalysts 
generally exhibit higher selectivity for CO 2 , olefins, and oxygenates, whereas cobalt 
catalysts exhibit a very low selectivity for CO 2 , but higher CH 4 selectivity than iron cat¬ 
alysts at the same operating conditions. Also, higher temperatures and lower pressures 
shift the product spectrum toward shorter-chain hydrocarbons for all types of catalysts. 

The composition of the syncrude produced determines the profitability of the 
final refined products. An ideal syncrude composition for straight-run fuel blend¬ 
ing material would have a high concentration of C 5 -C 22 hydrocarbons (naphtha and 
distillate), and low production of wax and gaseous products, so that downstream 
upgrading can be simplified. However, if effort is expended in downstream refin¬ 
ing, wax, gaseous products, and even oxygenates can be converted to naphtha and 
distillate or to final on-specification transportation fuels, lubricant base oils, and 
chemicals. The FT synthesis process holds the potential to manipulate the syncrude 
composition by increasing specific product fractions based on final product require¬ 
ments. Over the years, significant progress has been made in improving catalyst 
and reactor design and reactor operation to manipulate the syncrude composition. 
However, to exploit the full potential of the FT synthesis process, an understanding 
of the reaction mechanism is crucial. 

Keywords: Fischer-Tropsch, Reaction mechanism. Reaction intermediate. 
Secondary pathways. Branching, Product deviations. Methane, Methanol 

11.2 PROPERTIES OE ET SYNTHESIS SYNCRUDE 
11.2.1 Carbon Number Distribution 

The carbon number distribution of hydrocarbons in the FT synthesis product can be 
described by the Anderson-Schulz-Flory (ASF) distribution. The ASF distribution 
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is given by the following equation, where a is the chain growth probability and W„ is 
the mole fraction of the hydrocarbon of carbon number n:^ 

iy„ = n-(l + af-(a)"' (11.1) 

For ideal FT synthesis operation, the product distribution would follow a constant 
chain growth probability, independent of the carbon number of the product species. 
The carbon number distribution from high-temperature FT synthesis is adequately 
described by the ASF distribution.'* However, it is generally found that a single value 
for a is not sufficient to describe the entire product spectrum for low-temperature 
FT synthesis. 

There have been numerous studies performed on low-temperature FT synthesis 
systems for iron^ ® and cobalt catalysts to look at carbon number distribution trends.’ 
It was noted that the carbon number distributions from the low-temperature FT syn¬ 
thesis performed by a number of research groups exhibited three regions of chain 
growth probability.^ The chain growth probability shows an increase for hydrocarbon 
products from around Cg to C 12 , followed by a decrease of the chain growth prob¬ 
ability for heavier products than C 25 -C 30 (Figure 11.1). More often, the latter change 
in chain growth probability, which is around C 25 , is minor and neglected. It has been 
pointed out that the product distribution from low-temperature FT synthesis could be 
characterized as the sum of two different ASF distributions, each having a constant 
value of chain growth probability, with the transition being observed between Cg and 
This was referred to as the two-a distribution.'®"*^ The lighter hydrocarbon 
fractions have a lower chain growth probability aj, while the heavier hydrocarbon 
fractions follow a higher chain growth probability a 2 . 

The variation of the chain growth probability is found to be influenced by numer¬ 
ous parameters. Various studies reported the impact of promoters on the carbon num¬ 
ber dependence of chain growth probability on an iron catalyst system.^ '^ ''* Konig 
and Gaube'^ reported a product distribution with species from C 3 to C 20 following a 



FIGURE 11.1 Product distribution trend for a low-temperature Fischer-Tropsch synthesis 
system. (From Raje, A.P. and Davis, B.H., Energy Fuels, 10(3), 552, 1996.) 
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constant chain growth prohahility on unpromoted iron catalysts. Patzaff and Gauhe^ 
have also shown that on increasing the potassium promotion on iron catalysts, the 
deviation in a increases. 

It has also been reported'’ that a single chain growth probability can describe the 
product distribution from C 3 to C 25 when operating with Hj/CO ratio of 0.7:2 but 
that the product distribution followed a two-a distribution for a H 2 /CO ratio of 0.36. 
Matsumoto and Satterfield'^ found aj to be comparatively insensitive to iron catalyst 
composition and operating variables for syngas compositions with H 2 /CO ratio of up 
to 10 , while a 2 was found to decrease with temperature and increase with catalyst 
promotion with potassium. 

Huff and Satterfield" found the transition in chain growth probabilities to occur 
for paraffins and olefins at Cjq, but oxygenates were observed to follow a constant 
chain growth probability. They also reported the transition in chain growth prob¬ 
ability of hydrocarbons to occur at Cg-Cjo for slurry reactors, but at C 20 -C 25 for 
fixed bed reactors. In the case of cobalt catalysts, Satterfield^ found that paraffins 
and alcohols followed the two-a distribution for chain growth, while olefins followed 
a single chain growth probability. However, this was not observed in the results of 
Zhang et ah'" 

It has been observed that temperature affects the variation in the values of the 
two chain growth probabilities. It was found that on increasing the temperature, the 
increase in the second chain growth probability decreases." Similar behavior was 
observed in the product distributions by Zhang et ah'" on cobalt catalysts. 

Numerous explanations have been forwarded to explain the two-a distribution of 
the FT synthesis products. Some have explained it as being the result of two inde¬ 
pendent reaction mechanisms operating on independent active sites. For instance, 
Huyser et al.'"“'^ have discussed the two-a distribution on iron catalysts and consid¬ 
ered two different types of reaction sites—a polar active site with oxidized iron and 
a nonpolar active site with metallic iron. They considered the polar active site to be 
responsible for water-gas shift, with the lighter hydrocarbons following the lower 
chain growth probability (aj) and oxygenate formation, and the nonpolar active site 
being responsible for the hydrocarbons following a higher chain growth probability 
(a 2 ) and leading to the formation of branched hydrocarbons and internal olefins. 

Snel'"' demonstrated a very different type of deviation on a ZSM-5-supported 
iron catalyst, where the chain growth probability decreased from € 7 ^. species, which 
they deduced to be indicative of superposition of two independent chain growth 
mechanisms. 

The roles of minor reactions such as olefin reinsertion (Figure 11.2a) and hydro- 
genolysis (Figure 11.2b) have also been considered as contributors to the observed 
deviations from the ASF distribution. These reactions are based on hydrocarbon 
readsorption studies on metal surfaces.'*"^" 

Deviations from the ASF carbon number distribution on iron-based FT synthesis 
catalysts have been observed, despite the lack of hydrogenolysis activity on iron- 
based catalysts.^' This indicates that hydrogenolysis cannot be employed to explain 
the two-a distribution. 

A popular view on the cause of the higher chain growth probability of heavier 
hydrocarbons is the increased probability of readsorption of heavier olefins, assisted 
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FIGURE 11.2 (a) Secondary reaction: olefin readsorption pathway, (b) Secondary reaction: 

a possible hydrogenolysis pathway based on the mechanism of hydrocarbon adsorption. (From 
Bond, G.C., Exchange reactions of saturated hydrocarbons with deuterium, in: Catalysis by 
Metals, London, Academic Press, 1962, pp. 183-216.) 






























188 


Fischer-Tropsch Synthesis, Catalysts, and Catalysis 


by their lower volatility.Olefin reinsertion behavior has been reported in cobalt 
catalyst systems. Eidus^^ found cobalt catalysts to incorporate alkenes as chain initia¬ 
tors. Further studies were performed to study olefin incorporation by Schulz et al.^'* 
Schulz studied incorporation of olefins ranging from Cj to C 9 on cobalt catalysts. 
Schulz and Gaube deduced that the reinsertion of olefins increased with carbon num¬ 
ber^'* based on the difference in the olefins in the feed and the hydrogenated, isomer- 
ized, and shorter-chain products were apparently formed by hydrogenolysis of the 
cofed olefins. However, as Puskas and HurlbuE^ have pointed out, the longer reten¬ 
tion time of the heavier alkenes was not accounted for in their study, which would 
definitely contribute to the missing material in the material balance. 

The work of Patzlaff et al.® on cobalt catalysts showed that chain growth from 
reinsertion of alkenes had an insignificant effect on product distributions of heavy 
hydrocarbons. The reinserted olefins have been found to increase chain growth by 
at most 2-3 carbon numbers, instead of establishing a product distribution running 
parallel to the original product trend. As a result, the chain growth from reinserted 
alkenes must proceed via a different mechanism than the chain growth from the 
actual FT synthesis reaction. Patzlaff and Gaube® however deduced that the FT syn¬ 
thesis system follows the two-a distribution of chain growth, in which the aj pathway 
allows olefin reinsertion and incorporation into the chain growth, whereas the aj 
pathway is independent of the olefin incorporation behavior. In the case of iron cata¬ 
lysts, the superposition of the two chain growths is distinct because of lower read¬ 
sorption and incorporation of olefins.^® The reinsertion of olefins in the hydrocarbon 
formation reactions has however been found to be insignificant in iron catalysts. The 
reinsertion of olefins would thus not be an effective explanation for the two-a distri¬ 
bution observed in the low-temperature FT synthesis systems. 

Puskas and Hurlbut^^ gave a completely different view on this aspect. They rea¬ 
soned it to be the result of difference in the gas composition in bubbles interacting 
with catalyst sites caused by the depletion of reactants from the gas bubbles along 
with the difference between the usage and feed ratios of Hj/CO. These effects could 
be compounded by pore diffusion limitations and heat transfer effects. They con¬ 
cluded that reaction at each active site takes place with a different value of a and 
deduced that there is a continuous variation of chain growth probability through 
the reactor. Using the study of Stenger,^’ Puskas and Hurlbut^^ showed that such 
a model could effectively explain the product trends as satisfactorily as the two-a 
model. They further showed that the range of values of a would determine the devi¬ 
ation in the product distribution. With respect to the effect of the promoters, there 
would be an increase in the rate of FT synthesis reaction and the water-gas shift 
reaction in proportion to the extent of promotion. The faster the rate of reaction, 
the wider would be the expected range of a values, and thus the deviation would be 
more significant. 

The physical properties of the system itself could potentially explain the product 
deviations. In a laboratory setup, the products collected for analysis are basically the 
products existing in the vapor phase inside the reactor, which are condensed in the 
warm and cold traps (Figure 11.3). In such a scenario, the vapor-liquid equilibrium 
between the liquid slurry and vapor phase inside the reactor system would play a very 
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FIGURE11.3 A typical laboratory continuous stirred-tank reactor setup for a low-temperature 
Fischer-Tropsch synthesis reaction. 

significant role in determining the composition of the products collected for analysis. 
Davis et al.^* demonstrated that heavier hydrocarbons have higher residence times 
in the reactor system and this can be attributed to their lower vapor pressures. The 
low percentage of heavier hydrocarbons in the vapor phase due to the vapor-liquid 
equilibrium along with product accumulation has on earlier occasions found to suf¬ 
ficiently explain the negative deviations in the heavy hydrocarbons. 

Using an iron catalyst in a continuous stirred-tank reactor, Raje and Davis* found 
that under a constant rate of consumption of syngas, the product did not exhibit the 
positive deviations at Cg-Ci 2 , but once the catalyst deactivation started, the positive 
deviation was observed. They further observed that the deviation increased with 
time on stream. They also observed a negative deviation occurring at all times for 
the heavier hydrocarbon species. 

As has been explained, the products collected in the hot and cold traps are the 
hydrocarbons present in the vapor phase inside the reactor system. The composition 
of this vapor phase would be determined by the composition of the liquid slurry 
because of the vapor-liquid equilibrium established with the slurry. The deactivation 
of the catalyst is accompanied by an increase in the exit molar gas flow rate, resulting 
in flashing off of the lighter hydrocarbons accumulated in the liquid phase. This phe¬ 
nomenon resulted in the positive deviation that was observed in the products during 
catalyst deactivation by Raje and Davis.* 

However, Zhan and Davis^® showed that for a system operating at constant cata¬ 
lyst activity, the phenomenon of vapor-liquid equilibrium along with accumulation 
of products would not be sufficient to explain the positive deviations in the product 
trend and demonstrated that a change in the catalyst activity resulting in a change in 
chain growth probability would cause the deviations observed. 

Subsequent studies*® by the same group demonstrated that vapor-liquid equilib¬ 
rium did exist inside the FT synthesis system, but the negative deviation in chain 
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growth probability of heavy hydrocarbons was caused due to diffusion limitations 
rather than the liquid holdup. 

Shi and Davis^ performed H 2 -D 2 -H 2 switching experiments and demonstrated 
that the product distribution in an iron catalyst system from a particular time 
step could be defined by a single value of a. This gave impetus to the explana¬ 
tion that vapor-liquid equilibrium is responsible for the deviations from the ASF 
distribution. 

11.2.2 Deviation of Q and C2 Products from ASF Product Profile 

It is found that the Cj and C 2 products show a distinct deviation from the typical 
ASF curve. Methane is generally found to follow different mechanistic behavior, 
whereas the C 2 products appear to have a lower selectivity than expected by the ASF 
distribution profile. In fact, it is found that the C 2 products may have a chain growth 
probability almost twice the value of the Cj products. 

It is generally observed that methane formation follows very different trends from 
other hydrocarbon formation. Yang et al.^' presented a very detailed review on the 
methane selectivity trends on various catalysts. On cobalt catalysts, the methane 
selectivity is found to decrease gradually initially with CO conversion up to around 
70%, after which it rapidly increases. On iron catalysts, a similar rapid increase in 
methane selectivity is observed at high CO conversions, but it is found to be stable 
for CO conversion less than around 70%. They provided a range of possibilities to 
explain the behavior of methane. 

In the case of cobalt catalysts, it is found that the methane selectivity lies much 
above the ASF distribution curve. This deviation is generally attributed to a separate 
hydrogenating catalytic site, though it should be noted that mass transfer effects 
influencing thermodynamics can also be often considered responsible. 

However, on Mn02-supported iron catalysts^^ and MnO-supported cobalt^^ cata¬ 
lysts, the methane selectivity has been found to be considerably lower (even lower 
than allowed by the ASF distribution). This has been explained as the result of excep¬ 
tionally high activity of Cj surface intermediate on the particular catalyst as chain 
growth monomers for higher hydrocarbon chain intermediates. A lower than ASF 
distribution selectivity was also reported for carbon-supported iron catalysts. 

Deviations in C 2 products are often considered the result of secondary reactions 
such as ethene readsorption, hydrogenolysis, and incorporation of ethene in other 
chains.Ethene is considered to have an exceptionally high tendency to undergo 
readsorption and incorporation into reaction products. 

However, Zhang et al.^^ observed that on their Mn02-supported iron catalyst, 
when the FT synthesis product was represented as the combination of hydrocarbon 
and oxygenate products, the C 2 product selectivity did not deviate much from the 
ASF curve. 

It is of importance in the development of a credible mechanism that the deviations 
of Cj and C 2 from the ASF distribution can be explained. Although the higher pro¬ 
duction of methane can readily be explained as a side reaction, the examples of lower 
than the expected methane selectivity are more challenging to explain. 
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11.2.3 Branching in Hydrocarbons 

Despite the abundance of literature on branching in FT synthesis products, the 
analysis and differentiation of individual branched products becomes increasingly 
intractable for heavy hydrocarbons. Light linear paraffinic products can readily be 
identified, but the number of branched isomers increases rapidly with carbon num¬ 
ber. Much of the work dealing with branching is therefore focused primarily on the 
hydrogenated naphtha fraction from FT synthesis and much less is reported on the 
branching of distillate and heavier fractions. 

The primary products of the FT synthesis process consist of linear hydrocar¬ 
bon chains, but branched isomers of these hydrocarbon species are also present. 
Branched FT synthesis products contain little tertiary carbon atoms or side chains 
greater than methyl.^® On cobalt catalysts, the extent of branching is generally lower 
than that of iron. The branched products comprise mainly of monomethyl isomers 
(exhibited in Table 11.1). However, dimethyl-substituted carbon chains are detectable 
in the case of iron catalysts (exhibited in Table 11.2). The fraction of branched spe¬ 
cies are reported to increase with carbon number.However, there are also reports 


TABLE 11.1 

Extent of Branching for a Cobalt Catalyst 


Carbon 


2-Metbyl 

3-Metbyl 

4-Metbyl 

Number 

Linear 

Substituted 

Substituted 

Substituted 

c. 

95 

5 



Ce 

89.6 

5.7 

4.7 


Cj 

87.7 

4.6 

7.7 


Cs 

84.5 

3.9 

7.2 

4.4 


Source: Weller, S. and Friedel. R., J. Chem. Phys., 17(9), 801, 1949. 


TABLE 11.2 

Extent of Branching for an Iron Catalyst 


Carbon 


2-Metbyl 

3-Metbyl 

2,3-Dimethyl 

2,4-Dimethyl 

Number 

Linear 

Substituted 

Substituted 

Substituted 

Substituted 

C4 

89.4 

10.6 




C5 

81.2 

18.8 




C6 

78.8 

11.2 

9.5 

0.4 


C7 

66.0 

13.1 

19.1 

1.6 

0.3 


Source: Anderson, R.B., Catalysts for the Fischer-Tropsch synthesis, in: Catalysis, vol. 4, 
Emmett, RH., ed., Reinhold Publishing Corporation, New York, 1956, pp. 29-256. 
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of a decrease in branching with higher carbon numbers.Ultimately, the wax 
product from FT synthesis is not highly branched. The implication is that even for a 
catalyst where an increase in branching with carbon number is observed initially, the 
fraction of branched material must pass through a maximum. 

It was reported by SneF® that catalysts with low hydrogenating tendency show 
higher extent of branching at lower carbon numbers, whereas for catalysts with 
higher hydrogenation strength, the extent of branching was higher for heavier prod¬ 
ucts. Furthermore, it was found that the extent of branching was higher in olefins 
than in alkanes for high hydrogenating catalysts. 

The extent of branching on iron catalysts reportedly remained constant up to C 24 
at least.^'^ A higher fraction of 2- and 3-methyl isomers among the branched products 
was also reported, indicating a higher tendency toward chain termination for these 
isomers. 

As has been pointed out by various researchers,the branching behavior does 
not exhibit randomness. The branching tendency has been reported to be very high 
on iron catalysts in the initial stages of the reaction, and it has then been reported to 
decrease and stabilize. 

There are many views on the mechanism of branching. Some researchers believe 
that formation of branched products may be a result of secondary reactions involving 
skeletal isomerization of olefins. For example, SneF® deduced changes in branching 
selectivity to be an effect of the changing acidity of the catalyst. If an acid-catalyzed 
skeletal isomerization mechanism is indeed active, double-bond isomerization would 
also be active, since both conversions proceed through the same intermediate. Since 
branching is not necessarily associated with low a-olefin selectivity, this explanation 
is considered unlikely for FT synthesis catalysts. It is more likely that branching is 
the result of the synthesis reaction itself.'*' 

Weller and FriedeP® '*^ showed that the branching behavior on a cobalt catalyst 
could be satisfactorily defined in terms of a probabilistic distribution, considering 
chain growth to take place at the terminal or penultimate carbon of a hydrocarbon 
chain. A similar probabilistic distribution was shown on iron catalysts by consider¬ 
ing a branching parameter.'*'*“‘’® 

11.2.4 Formation OF Oxygenates 

The formation of hydrocarbons on an iron catalyst is generally found to accom¬ 
pany oxygenate formation such as alcohols, aldehyde, ketones, carboxylic acids, and 
esters. The alcohols exhibit branching in a manner similar to the hydrocarbon prod¬ 
ucts.^’ Cobalt catalysts, on the other hand, typically have a lower selectivity toward 
oxygenates, with linear alcohols comprising the majority of the oxygenate product. 

The oxygenate products show a minimum at Cj and a maximum at C 2 . From C 2 
onward, the oxygenate species also exhibit a decrease in selectivity with increase 
in carbon number in a manner similar to the hydrocarbon distribution, following 
an ASF distribution on cobalt*® and iron catalysts.The selectivity of Cj oxy¬ 
genates relative to other oxygenates appears particularly high for iron catalysts.'*’ 
Under certain conditions, methanol can become a dominant product on cobalt*® 
and iron'** catalysts. 
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Morrell et al.'*® found a relation between the C„ hydrocarbon and C„^.j oxygenates. 
From the data of Gall, Gibson, and Hall,'^’ a similar relation can observed between 
the oxygenates and hydrocarbon distribution formed over a cobalt catalyst. 

In an insightful infrared study, it was found that for C 2 + alcohols, selectivity 
increased with an increase in pressure and a decrease in temperature. A correspond¬ 
ing decrease in CH 4 and COj selectivity is also observed.^° 

It has been found in various studies that the presence of COj along with synthesis 
gas increases the methanol production in cobalt catalysts.^' Tracer studies^^ have 
indicated the existence of a secondary methanol formation pathway on cobalt via a 
rapid hydrogenation of adsorbed COj and CO. 

11.2.5 Behavior of CO2 in Reactor System 

COj plays an important role in FT synthesis. COj formation is usually considered 
the result of the water-gas shift reaction. However, the water-gas shift activity varies 
from catalyst to catalyst. As a result, the selectivity of COj also varies significantly 
for different catalysts. 

Iron catalysts are water-gas shift active. If the synthesis gas composition is not 
at water-gas shift equilibrium, the iron catalyst will perform forward or reverse 
water-gas shift conversion; usually, this leads to forward water-gas shift conversion 
to increase the Hj and COj content of the synthesis gas. Cobalt catalysts have insig¬ 
nificant water-gas shift activity and hence have low COj selectivity. It is possible that 
the CO 2 that is formed by cobalt catalysts is not formed by water-gas shift conver¬ 
sion, but a different type of conversion on the catalyst surface. 

There is considerable experimental evidence to suggest that CO 2 may undergo 
direct hydrogenation in a cobalt catalyst based FT system to produce CH 4 and not 
reverse water-gas shifts leading to CO and then CH 4 . Studies by Riedel et al.^^ found 
that CO 2 did not impact chain growth on a cobalt catalyst when cofed with CO, but 
rather increased the methane selectivity as the CO 2 gradually replaced the CO in 
the feed. However, on switching from CO to CO 2 completely, the entire product 
trend changed drastically. The product was observed to no longer follow an ASF 
distribution. Similar observations were made by other researchers^'^'^^ as well. In our 
recent work,^® we performed cofeeding studies using tracer '''CO 2 on a Pt-promoted 
alumina-supported cobalt catalyst. It was observed that even at extremely low con¬ 
centrations in the feed gas ( 0 . 2 %), CO 2 was very reactive and underwent formation 
of short-chain hydrocarbons independent of the FT synthesis reaction, though the 
majority of the product was methane. It was further observed that when CO was 
completely replaced by COj, the branching in the C 4 product increased. It was specu¬ 
lated that the reaction of CO 2 may involve the formation of an oxygen-free carbon 
intermediate. 

In iron catalyst systems, the studies by Riedel et al.^^ found cofeeding of CO 2 to 
have no impact on the chain growth behavior of the product. However, studies by 
Barrault et al.^’ found methane selectivity to increase with CO 2 in the feed. C-14 
tracer experiments^^'5® found low concentrations of COj to be capable of directly 
hydrogenating to form methane to some extent or to form a chain initiator for 
some heavier hydrocarbons. At higher concentrations in the feed, COj was seen to 
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participate directly as a chain initiator or indirectly as a chain propagator hy forming 
CO via reverse water-gas shift reaction. 

The Hj-Dj-Hj switching experiments performed by Gnanamani et al.®° found COj 
hydrogenation on iron and cobalt catalyst to follow very different behavior. For iron 
catalysts, the formation of each hydrocarbon from COj required a hydrogen-assisted 
rate-determining step. However, for cobalt catalysts, this was found not to be the 
case. For cobalt catalysts, it was found that only the Cj monomer formation reaction 
involved a hydrogen-assisted rate-determining step, but not the higher hydrocarbons. 

Other than hydrogenation to short-chain hydrocarbons, COj may also have an 
impact on methanol production in cobalt catalysts. It has been found in numerous 
studies that the presence of CO 2 along with syngas^^-®' dramatically increases the 
methanol production on various catalysts, even though feeding CO 2 and Hj without 
CO causes very slow production of the alcohol. Tracer studies using C-14-labeled 
compounds®' have revealed that the majority of the methanol production may be a 
result of direct hydrogenation of the CO 2 in the feed. Our studies®^ with '®C'®0 have 
also indicated that a direct hydrogenation reaction of CO 2 to form methanol may be 
possible on a cobalt catalyst, but that it is insignihcant on an iron catalyst. 

11.3 REACTION MECHANISMS 

Ever since the discovery of FT synthesis, numerous experimental studies have been 
performed to study various aspects of the reaction. Reaction mechanisms that were 
proposed based on the results of individual studies often failed to explain observa¬ 
tions from other experimental investigations. This has led to a plethora of opinions 
about the reaction mechanism in scientific literature, with little consensus on even 
basic aspects of the reaction. In this section, the most commonly advocated reaction 
mechanisms are outlined. 

11.3.1 Carbide/Alkyl/Alkenyl Mechanism 

Fischer is credited with the idea that a carbide mechanism is responsible for the FT 
synthesis reaction. The carbide mechanism is illustrated in Figure 11.4. The original 
carbide mechanism proposed the formation of a metal carbide on the catalyst surface 
by decomposition of the CO (Equation 11.2), which is followed by hydrogenation to a 
methylene species capable of polymerizing to longer hydrocarbon chains (Equation 
11.3).' The carbide mechanism was initially based on the observed formation of 
metal carbides on spent iron catalysts.®^ 

Subsequent studies were performed on the kinetics of carbiding and hydrogena¬ 
tion rates on the carbided catalysts. Craxford and Rideal®® ®'' reported that the iso¬ 
lated rate of hydrogenation of the carbide is much higher than the isolated rate of 
formation of the same carbide: 

2Co-f2CO^Co2C-fC02 (11.2) 


C 02 C -F H 2 —F CH 2 “F 2Co 


(11.3) 
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FIGURE 11.4 Carbide mechanism. (From Claeys, M. and van Steen, E., Basic studies, in: 
Studies in Surface Science and Catalysis, vol. 152, Steynberg, A. and Mark, D., eds., Elsevier, 
Amsterdam, the Netherlands, 2004, pp. 601-680.) 


Weller®^ '"'’ observed that the initial rate of carbiding on a cobalt-thoria-kieselguhr 
catalyst was comparable to the rate of the FT synthesis reaction but that the rate of 
bulk carbide formation at steady state was around one-tenth of the same. 

Although the accumulation of carbide has been well established for iron cata¬ 
lysts,®^ the role of simple carbiding and hydrogenation reactions cannot solely be 
held accountable for the FT synthesis activity on all catalysts. Furthermore, studies 
of precarbided iron and cobalt catalysts by Kummer et al.®’ found that there 
was negligible involvement of bulk carbide in the hydrocarbon chain formation and 
that carbides rather participated in methanation. Tracer studies by Ordomsky et al. 
found deposited carbide®* to behave as chain initiators for hydrocarbon formation 
and precursors for methanation, but not as chain growth monomers. There also was 
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little indication of a carbide phase existing on a cobalt catalyst during FT synthesis 
operation.®’ ®^ Recent studies’® found negligible presence of cobalt carbide in the FT 
synthesis system. It has been observed that the formation of bulk carbide results in 
the loss of activity of a cobalt catalyst and an increase in methane selectivity.®’™ 

Craxford and Rideal®'^ suggested the possibility of a hydrogen-assisted dissocia¬ 
tion of CO to form what they referred to as a “surface carbide” (Equation 11.4), 
which could behave as the carbon reaction intermediate: 

2Co-FCO-F H 2 ^Co 2 C(surface carbide)- fHjO (11.4) 

Eidus proposed the possibility of formation of methylene radicals without a car¬ 
bide intermediate.’' However, alcohol cofeeding studies™"’® on iron catalysts found 
cofed alcohols to behave as chain initiators but not as chain growth monomers. This 
suggested an oxygenate complex from the alcohol was capable of behaving as the 
hydrocarbon intermediate. Subsequently, with little actual distinction being made 
between a bulk carbide and the “surface carbide,” along with the results of the alco¬ 
hol cofeeding studies, the popularity of the idea of the carbide-based intermediates 
started declining in favor of oxygenate-based intermediates. 

In later years, studies revealed the reactivity of oxygen-free carbon intermediates 
in a variety of ET synthesis systems. Biloen and Sachtler’® analyzed the role of car¬ 
bides by precarbiding Ni, Co, and Ru catalysts with '®CO at lower temperatures and 
observed incorporation of multiple '®C atoms in the product hydrocarbons. Araki 
and Ponec’’ performed carbiding studies on a nickel catalyst system. The carbide 
was observed to readily participate in methane formation, whereas the carbide-free 
catalyst surfaces preferentially formed CO 2 by means of reaction (11.2). It was also 
found that the majority of the catalyst surface was covered with adsorbed CO, which 
retarded the activity of hydrogen on the system, making it potentially possible for a 
carbide intermediate to remain partially hydrogenated on the surface. The same was 
also observed by Yamasaki’* and his team on a ruthenium catalyst system. 

The role of CH 2 radicals as chain growth species has been investigated by vari¬ 
ous teams over the years. Warner’' fed a mixture of ketene (CHjCO) and hydrogen 
to a cobalt catalyst system and observed the formation of hydrocarbon species that 
was, at that time, deduced to originate from the CH 2 group of the ketene. However, 
subsequent studies with syngas and cofed ketenes containing a radioactive carbon, 
'‘'CHjCO’^ and CH 2 '''CO,*® found the methylene group to behave only as an initiator. 

Investigations by Brady and Petit*' *’ using diazomethane and by Van Barneveld 
and Ponec** using chlorinated methane compounds discovered multiple incorpora¬ 
tion of the methylene radicals, suggesting their possible involvement in the hydro¬ 
carbon chain growth step. Maitlis et al.*'* *® followed up these studies by the use of 
'*CH 2 N 2 and '*CH2N02 probes. They observed multiple incorporations of the '^CHj 
groups in hydrocarbons in a random manner, which would be expected if they were 
forming the same reaction intermediate as CO to form the hydrocarbon chains. 

CH 2 from CHjCO has been found not to participate in chain propagation, while 
the same radical from CH 2 N 2 has been observed to be a chain propagation monomer. 
There is a clear difference in the behavior of the CHj radical based on its origin. Even 
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though Maitlis et al.®^ observed the methylene radicals from diazomethane to react 
in a manner similar to the intermediates from CO, it was noted that there was a rapid 
decrease of incorporation with increasing carbon number'll-*® Hindermann*’ 
pointed out that during the normal course of FT synthesis operation, methylene radi¬ 
cals may not be as significantly present or reactive on the catalyst surface and that the 
activity of the methylene species were induced by the CHj radicals from the probes. 

However, cofeeding studies using labeled 1-hexadecene, propene, and ethene by 
Schulz^® were found to involve the removal of '"^CH 2 from the cofed species by hydro- 
genolysis over cobalt catalysts, which could then participate as chain initiators or get 
hydrogenated to methane. The transient tracer experiments by Van Dijk et al.**"^'* 
also suggested the involvement of an oxygen-free carbon intermediate for formation 
of hydrocarbons, along similar lines as the carbide mechanism. 

The formation of oxygenates could take place through termination either by 
addition of an OH“ (Figure 11.4, Scheme III) group or by insertion of a CO group 
(Figure 11.4, Scheme IV). Based on the results of their Hj-Dj-Hj switching experi¬ 
ments, Gnanamani et al.®' deduced that the alcohol formation takes place by addition 
of an OH“ group to a hydrocarbon chain intermediate. However, tracer experiments 
by Takeuchi and Katzer®^'®^ and transient tracer studies by Van Dijk et al.®* indicated 
that the alcohol formation could take place via insertion of a CO group into the 
hydrocarbon chain intermediate. 

11.3.2 Enol/Oxycenate Mechanism 

The original carbide theory as proposed by Fischer failed to explain the formation of 
oxygenates in the FT synthesis product convincingly. To explain this aspect of the FT 
synthesis reaction, Elvins and Nash' proposed the possibility of an oxygen-containing 
intermediate as the precursor to hydrocarbon formation. In the late 1940s, as the car¬ 
bide theory failed to explain a variety of experimental observations, the idea of an 
oxygen-containing complex as the reaction intermediate started to become increasingly 
popular. 

The famous series of alcohol cofeeding experiments by Kummer, Emmett, Hall, 
and Kokes found C 2 + alcohols to participate only as a chain initiator on iron catalyst 
systems.^® Radioactive methanol, when cofed into the FT synthesis system, was 
found to participate directly in chain initiation and chain propagation as an oxygen¬ 
ate complex. Some of the methanol was also found to form CO and CO 2 directly,^*'^^ 
but the radioactive CO contributed little to the formation of radioactive hydrocar¬ 
bons. However, it was found that the C 2 + alcohols were incorporated in the product 
to a much larger extent than the methanol. 

Storch et al.®'' introduced the oxygenate mechanism, which explained the obser¬ 
vations of the cofeeding experiments and the observed branching of FT synthesis 
products. In this mechanism, it was proposed that there was dissociative adsorption 
of hydrogen, associative adsorption of CO to form a carbonyl-like structure, followed 
by partial hydrogenation of the adsorbed CO to a surface enol.®'' The chain growth 
could take place at either the terminal carbon, or adjacent-to-terminal carbon atom 
of the longest chain, or between two adjacent enolic structures involving the forma¬ 
tion of water (Figure 11.5). 
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Adsorption studies by Gupta et on a cobalt catalyst at temperatures <100°C 
identified a surface compound with composition HjCO. 

Nevertheless, this mechanism was criticized due to the lack of observed spec¬ 
troscopic evidence of the enolic group and the lack of examples that this type of 
condensation reaction was involved in any other organometallic compounds.^’ 
Hindermann®^ pointed out that the two species involved in the condensation reaction 
are both electrophilic at the carbon and therefore unlikely to react with each other. 

In the transient tracer experiments performed by Van Dijk et al.*^ using '^CO, it 
was observed that there was a significantly higher presence of ' 2 CH 2 '^CH 20 H than of 
'^CH2'^CH20H in the transient response. Such an observation made it unlikely that two 
similarly formed oxygenate complexes were reacting to form a longer-chain species. 

11.3.3 CO Insertion Mechanism 

The CO insertion mechanism for the FT synthesis was first proposed by Pichler 
and Schulz^* though analogous mechanisms were proposed earlier.®^ As shown in 
Figure 11.6, the CO insertion mechanism involves the insertion of an adsorbed CO 
molecule into the metal-carbon bond of the hydrocarbon chain intermediate to form 
an oxygenate complex, followed by hydrogen-assisted cleavage of the C-0 bond, 
resulting in hydrocarbon chain growth. 

The CO insertion behavior is well established on other metals as well, such as 
Rh-Ti and Pd, leading to the formation of C 2 oxygenates from CHj/CHj species. 
The CO insertion from ligands into iron metal-C bonds has been demonstrated by 
Davies et al.'®® '®' However, as was pointed out by Hindermann,^’ these studies were 
on homogeneous systems. 

Takeuchi and Katzer performed tracer studies using a mixture of '^C'^O and 
'^C'^O on a Rh/Ti02 catalyst system. There was insignificant recombination of C 
and O atoms observed in the effluent CO gas, and thus they were able to deduce 
that methanol formation exhibited insertion of nondissociated CO.^^ This would 
imply that CO insertion may be a viable pathway for alcohol formation. However, 
there appeared to be significant rearrangement of C and O isotopes in the CH 2 OH+ 
group in the formation of ethanol.®^ Based on the results of the methanol forma¬ 
tion, they deduced that the CO insertion took place on a surface carbene group, 
rather than an alkyl group, followed by ketene-oxirene tautomerism, resulting in 
the redistribution of C and O species. Furthermore, the increased formation of 
1-pentanol on cofeeding 1-butene over an iron catalysC* suggested the prevalence 
of a CO insertion and hence made CO insertion the most likely mechanism for 
alcohol formation. 

The transient tracer experiments by Van Dijk et al.^® confirmed CO insertion for 
the formation of alcohols. They deduced from their studies that a CO insertion via 
a CH^O intermediate could explain alcohol formation but that the formation of the 
hydrocarbons involved an oxygen-free intermediate, and not a CH_jO species. 

We recently performed tracer studies®^ on a ceria-supported cobalt catalyst using 
a *3C'®0/'^C'®0 mixture. The ethanol and ethane isotopic compositions on cobalt 
catalysts indicated that the carbons on the hydrocarbon chain share the same ori¬ 
gin, that is, the ethanol just had an OH group and ethane had an H. This is possible 
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either by the addition of an OH group instead of H to the Cj intermediate species 
(Figure 11.4, Scheme III) or by insertion of a CO group to the Cj intermediate 
species (Figure 11.6, Scheme IV), which may be followed by hydrogen-assisted 
cleavage of the C-0 bond. Results indicated that the alcohols were formed by a CO 
insertion mechanism and that CO insertion could be followed by hydrogenation to 
yield a hydrocarbon. 
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During the Hj-Dj-Hj switching experiments performed on cobalt-ceria catalysts 
by Gnanamani et al.,^' it was observed that oxygenate selectivity decreased signifi¬ 
cantly when Dj was fed. It was deduced from the study that the oxygenate formation 
involved addition of a hydroxyl group to an oxygen-free hydrocarbon chain inter¬ 
mediate. The authors arrived at their conclusion by assuming that the CO insertion 
step could only be a termination step for the formation of alcohols to an otherwise 
oxygen-free hydrocarbon intermediate. However, the formation of an oxygenate 
intermediate by CO insertion followed by H-assisted C-0 bond cleavage to form the 
hydrocarbon chain intermediate may also explain these results. 

Transient kinetic studies by Schweicher et al.^®^ have indicated the dependence of 
chain lengthening on the partial pressure of CO, and not on the amount of surface 
carbon, thereby suggesting a CO insertion pathway. Recent density functional theory 
(DFT) studies'^^'i*’'* and microkinetic studies^® have also lent support to the CO inser¬ 
tion mechanism. Infrared studies^® have found that while carbene and methoxy species 
existed, carbene was not involved in the rate-controlling step in oxygenate formation. 


11.4 DEVELOPMENT OF A GENERAL MECHANISM 

11.4.1 Deviations of Heavy Hydrocarbons 
FROM THE ASF Product Profile 

The deviations from the ideal ASF distribution in the low-temperature FT syn¬ 
thesis product have been discussed in Section 11.2. Positive deviations have often 
been observed from the ASF trend at around Cg-Cjj and negative deviations at 
over Cjo hydrocarbons in low-temperature FT synthesis, but not in gas phase high- 
temperature FT synthesis. Many researchers have considered the positive deviation 
to be the result of two independent parallel reaction pathways. However, product 
accumulation, along with the vapor-liquid equilibrium, is capable of explaining the 
positive deviations at around Cg-Cjj in the reactor system during unsteady opera¬ 
tion regimes. 

The deviations during steady-state operation could not be explained solely by 
product accumulation. The product accumulation was found to be insignificant 
toward the negative deviations in C 20 + hydrocarbons. However, diffusion limitations 
have been demonstrated to be a potential explanation for the negative deviations. 
Furthermore, if the deviations were indeed to be caused by multiple independent 
reaction pathways, the deviations should be visible in high-temperature FT synthe¬ 
sis systems as well. However, the absence of the positive deviations in the high- 
temperature systems'* indicates the significance of the vapor-liquid equilibrium in 
the product composition in low-temperature systems. Applying Occam’s razor, we 
contend that this is sufficient evidence to state that limitations arising from transport 
phenomena, in conjunction with the vapor-liquid equilibrium, are responsible for 
the positive and negative deviations observed in the low-temperature FT synthesis 
product, instead of multiple independent reaction pathways. 

It is therefore not necessary to consider these deviations from the ideal ASF 
distribution in the development of a general mechanism or to invoke different FT 
synthesis sites to explain the observed two-a distribution in low-temperature FT 
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synthesis. However, it does not rule out the existence of multiple types of active sites 
on the FT synthesis catalyst. 

11.4.2 FT Synthesis Chain Growth: Carbide 
Theory versus CO Insertion 

In the '^C'^0 + tracer studies on a rhodium catalyst conducted by Takeuchi 

and Katzer,®^’®^ methanol was found to adhere to the isotopic composition of C-0 
in the feed that was suggestive of an undissociated CO intermediate. However, the 
ethanol formation appeared to exhibit random scrambling of the C and O isotopes in 
the CH 2 OH+ bond. They proposed a CO insertion step onto a carbene intermediate to 
form a ketene, followed by a tautomerism reaction involving migration of the oxygen 
atom via an oxirene intermediate (Figure 11.7). 

A distinction between scrambling of C and O isotopes of CO prior to CO inser¬ 
tion and oxygen migration via an oxirene intermediate should be possible by looking 
at the CHjOH^ group of 1-propanol, since a ketene-oxirene tautomerism in pro¬ 
panol would lead to formation of 2-propanol instead. In our '^C'*0 - 1 - '^C''’0 tracer 
studies^^ on a cobalt-ceria catalyst (Table 11.3), we observed a similar scrambling 


(COlad / \ 

CH 2 : -^H2C=C=0,d ^ HC^=CH3d 

FIGURE 11.7 The ketene-oxirene tautomerism pathway. (From Takeuchi, A. and Katzer, 
J.R., J. Phys. Chem., 86(13), 2438, 1982.) 


TABLE 11.3 

Concentration of and at Different 
Carbon Positions in the Products from Cobalt 


Fischer-Tropsch Synthesis 

Fraction ”C of C 

Compound C,-Position Cj-Position 

Fraction ^"0 of O 

CO 

0.280 

— 

0.274 

CO 2 

0.187 

— 

0.158 

Methane 

0.245 

— 

— 

Ethane 

0.057 

0.288 

— 

Methanol 

0.197 

— 

0.068 

Ethanol 

0.056 

0.115 

0.056 


Note: A 15% Co/Ceo 75 Sio 25 catalyst was operated in a fixed-bed reactor at 
220°C and 2 MPa and with a synthesis gas feed with H 2 /CO ratio of 
2 containing a mixture of 20% and 80% 
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behavior in the R-CHjOH group of ethanol and 1-propanol. This observation cannot 
be explained by scrambling that is caused by ketene-oxirene tautomerism. 

The observed C and O isotopic scrambling in ethanol and 1-propanol makes it 
tempting to suggest an alcohol formation pathway via addition of an OH group to a 
hydrocarbon chain intermediate, which could also explain the scrambling, instead of 
an explanation involving CO insertion. However, closer analysis of the data provided 
a much more interesting picture. 

The formation of CO 2 (Figure 11.8) was found to follow a nearly perfect proba¬ 
bilistic rearrangement of C and O isotopes. This was observed for a cobalt-ceria 
catalyst operated at 2 MPa and 220°C at Hj/CO ratio of 2 and for a doubly promoted 
iron-silica catalyst operated at 1.3 MPa and 230°C at Hj/CO ratio of 0.7. These 
observations would suggest the absence of any signihcant kinetic isotope effect with 
respect to combination of the C and O isotopes. Therefore, if the reaction system were 
to follow a carbide mechanism for hydrocarbon intermediate formation and addition 
of an OH group to the same intermediate, the isotopic composition of R-CHjOH 
group should also reflect a statistical recombination of C and O isotopes. However, 
the '^CHj'^OH^ and i 2 CH 2 '^OH+ fragments from the electron impact mass spectrom¬ 
etry of the alcohols are present in a higher proportion than predicted by a statis¬ 
tical recombination. Furthermore, mass spectrometry indicated that the CH 2 OH+ 
groups of ethanol and propanol have major similarities in the isotopic combinations. 



■ Actual CO 2 (Co) ■ Actual CO 2 distribution (Fe) 

■ Statistically scrambled CO 2 (Co) ■ Statistically scrambled CO 2 (Fe) 


FIGURE 11.8 Comparison of actual isotopic distribution and calculated statistically recom¬ 
bined distribution of CO 2 in the product from conversion over cobalt catalyst and iron catalyst 
under the conditions described in Tables 11.3 and 11.4. (From Chakrabarti, D. et al, Ind. Eng. 
Chem. Res. 54, 2015, 6438-6453.) 
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This suggested the possibility of a CO insertion step from a “reservoir” containing 
CO groups with a certain isotopic combination distribution. The higher presence of 
'^CH2'®0H+ and '2CH2''’OH+ groups along with scrambled C-0 groups indicate that 
this CO reservoir consists of scrambled and unscrambled CO. The scrambling of 
C-0 would be caused by a dissociative adsorption of CO followed by recombination 
of the resultant C and O species. 

Other studies'*’^ have observed the hydrocarbons/oxygenates ratio to remain 
approximately constant for different carbon numbers on iron catalysts, thus showing 
that hydrocarbons and oxygenates share a common parent chain for chain growth. 
Differentiation into oxygenates is of consequence only in the final chain growth step 
before product desorption. In the case of a carbide mechanism, this can be possible 
only if the alcohol was formed by addition of an OH group to the hydrocarbon chain 
intermediate. Alternatively, this can be possible if there is an addition of CO to a Cj 
hydrocarbon intermediate to form a C 2 oxygenate complex that can either form etha¬ 
nol or undergo a hydrogen-assisted C-0 bond cleavage to form the C 2 hydrocarbon 
intermediate capable of forming ethane and ethene. Based on our observations with 
alcohol formation (Tables 11.3 and 11.4), the CO insertion mechanism appears the 
more probable pathway for C 2 and heavier alcohol formation. 

The formation of 1-alcohols, which by implication retain oxygen, does not by 
itself provide evidence that the same insertion step is followed for chain growth of 
the parent chain. However, a study by Weststrate et al.'°’ demonstrated that the scis¬ 
sion of the C-0 bond is much more favorable when the CO group is attached to a 
hydrocarbon group than when it is bonded just to the catalyst surface. Furthermore, 
transient studies by Schweicher et al.'^^ found the hydrocarbon chain growth to be 
dependent on partial pressure of CO in the reactor and not on the surface coverage 
of CHj species on the catalyst surface. As a result, the major hydrocarbon formation 
reactions in the FT synthesis system likely proceed by CO addition, though a paral¬ 
lel hydrocarbon formation pathway involving oxygen-free carbon intermediates may 
also exist in the system. 


TABLE 11.4 

Concentration of and at Different Carbon 
Positions in the Products from Iron Fischer-Tropsch 
Synthesis 

Fraction '^C of C 


Compound 

Ci-Position 

C 2 -Position 

Fraction ^"0 of O 

CO 

0.256 

— 

0.257 

CO 2 

0.157 

— 

0.061 

Methanol 

0.027 

— 

0.033 

Ethanol 

0.012 

0.043 

0.023 


Note: A 100Fe/5.1Si/2Cu/3K catalyst was operated in a fixed-bed reactor 
at 230°C and 1.3 MPa and with a synthesis gas feed with H 2 /CO 
ratio of 0.7 containing a mixture of 20% and 80% 





Mechanism of the Fischer-Tropsch Process 


205 


11.4.3 Branching in Hydrocarbons and Low C2 Selectivity 

The branching behavior in hydrocarbons can be explained effectively when the chain 
growth process takes place by attachment of a C-containing monomer on either the 
terminal carbon or the adjacent-to-terminal carbon of a growing hydrocarbon chain. 
A mechanism that relies on a single-carbon attachment of the growing chain can 
readily produce linear products, but not branched products. 

Branching behavior can be explained by a mechanism that considers the hydro¬ 
carbon chain intermediate to be attached to the catalyst surface through two 
carbon atoms at a time—the terminal and the adjacent-to-terminal carbon. The 
attachment of a monomer could take place at either of these two carbon atoms. 
The tendency for chain growth would be higher at the terminal carbon than at the 
adjacent-to-terminal carbon, which has the electron-donating inductive effect of 
the alkyl chain and the additional steric constraints imposed by the alkyl chain. 
This leads to a higher production of linear hydrocarbons than of their branched 
isomers. With increasing alkyl length, it is possible that the probability of adjacent- 
to-terminal carbon attachment is reduced. It is also possible that the probability of 
desorption is increased once adjacent-to-terminal carbon attachment takes place 
to produce a tertiary carbon. This would explain the higher prevalence of 2-methyl 
branching in FT synthesis products. It would further suggest that the desorption 
step might not be a concerted bond breaking of the two carbons attached to the 
catalyst, but a stepwise bond breaking (Figure 11.9). A tertiary carbon would be 
able to stabilize a charged or free radical intermediate better and hence make 
desorption more favorable. 

In the case of C 2 intermediates, both carbon atoms would have equal tendency 
to have attachment of the C monomer without any inductive or steric constraints, 
thus allowing for a somewhat higher chain growth probability of C 2 intermediates. 
For two-carbon attachment chain growth, this does not provide enough differentia¬ 
tion between the observed chain growth probability of C 2 and that implied by the 
mechanism. There must be another effect. Following on the previous arguments, it 
can be noted that a stepwise bond breaking would be particularly unfavorable for a 
C 2 intermediate, because both carbons are primary carbons. In this respect, C 2 is dif¬ 
ferent from C 3 or longer-chain intermediates, which have only one primary carbon. 
A two-carbon attachment can therefore explain the lower selectively of C 2 hydro¬ 
carbon species in the product. In a similar way, it can be explained why this is not a 
limitation for a C 2 oxygenate species, because the carbon attached to the oxygen can 
be stabilized by the attached oxygen during stepwise desorption. 

Although the arguments in favor of a two-carbon attachment for hydrocarbon 
chain growth do not rule out the possibility of single-carbon attachment for linear 
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FIGURE 11.9 Stepwise hydrogenation termination reaction for a hydrocarbon intermediate 
attached to a catalyst at two carbon atoms. 
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hydrocarbon chain growth, the two-carbon attachment explains branching behavior 
and the lower product selectivity of Cj hydrocarbons. 

11.4.4 CO2 Formation and the Water-Gas Shift Reaction 

It is often considered that the FT synthesis reactions and the water-gas shift reaction 
take place on different active sites on the catalyst. For example, it was proposed for 
iron catalysts that the FT synthesis reactions take place on carbide sites while the 
water-gas shift reaction takes place on oxidized metal sites.^^ 

Iron catalysts are known to have high water-gas shift activity and hence high 
CO 2 selectivity, while cobalt catalysts are known to produce little COj. In our study^^ 
with tracer, the CO 2 formation was found to exhibit almost perfect statistical 

recombination of C and O isotopes in both catalysts—cobalt and iron catalysts— 
indicating an equilibrium reaction (Figure 11.8). Yet, the isotopic composition of 
CO 2 also showed a higher presence of than of '®0. This was at odds with the iso¬ 
topic composition of the -CH 2 OH+ fragments from the electron impact mass spec¬ 
trometry of the alcohols, in which cobalt catalysts showed equal proportion of 
and '*0 as in the tracer feed, while iron catalysts had a higher presence of ^*0 

than of '^C. It indicated that the water-gas shift site is separate from the FT synthesis 
site responsible for hydrocarbon and oxygenate formation. The isotopic composition 
in fact suggested an “external” source of feeding the COj formation reaction. 
This can be explained by considering oxidized metal as a source of the where 
exchange of O with the oxidized metal is possible. 

Another important distinction that must be made is to differentiate between sites 
that are capable of the water-gas shift reaction (Figure 11.10) and sites that are capa¬ 
ble of Cj chemistry, but not the water-gas shift reaction. The water-gas shift reaction 
(Equation 11.5) is both reversible and equilibrium controlled: 

C0-fH20^H2-fC02 (11.5) 

At typical FT synthesis conditions, the equilibrium favors the forward reaction, 
with an equilibrium constant of -150 at a temperature of 220°C. Thus, if there are 
water-gas active sites on the FT synthesis catalyst, the unconverted synthesis gas 
will become increasingly H 2 and CO 2 rich. It is also possible to produce CO 2 with¬ 
out producing H 2 on sites that are capable of Cj chemistry without catalyzing the 
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FIGURE 11.10 Water-gas shift reaction pathway. 
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reversible water-gas shift reaction. Based on the work of ArakP’ and YamasakF* on 
the initial stages of the FT synthesis reaction, this second COj formation pathway 
may be the result of a disproportionation reaction (Equations 11.6 and 11.7). The car¬ 
bon deposited on the catalyst surface is capable of undergoing hydrogenation. This 
explains the high selectivity of CO 2 and CH 4 in the initial stages of the reactions. 
This pathway appears to proceed on free metal sites and may not be dominant once 
the reaction reaches steady state: 


CO^C,-fO, 

( 11 . 6 ) 

CO-fO, ^C02 

(11.7) 


11.4.5 Cl Hydrogenation Site eor Methane and Methanol 

11.4.5.1 Methane Selectivity Independent of the ASF Distribution 

There are many indications that methane formation is possible through multiple reac¬ 
tion pathways.^’i®* The presence of at least two carbon pools on the catalyst surface 
contributing to hydrocarbon formation reaction has been observed for both cobalt 
and iron catalysts. Tracer experiments^^ showed different rates of isotopic carbon 
exchange for the Cj and C 2 positions of ethane and ethanol species. Transient stud- 
ies'°^ for cobalt catalyst found the methanation reaction by hydrogenation of CH^ spe¬ 
cies to be more rapid than desorption of adsorbed CO, while the partial pressure of 
CO in the reactor system was found to control the chain growth probability, instead 
of coverage of surface carbon species. In iron catalyst,^* carbide intermediates were 
observed to be capable of behaving as chain initiators but not as chain propagators. 
These indicated the presence of two carbon pools participating in the FT synthesis 
reaction—one containing CH^, species and capable of behaving as a chain initiator, 
while the second consisting of adsorbed CO species and causing chain growth via 
CO addition. Therefore, the C 2 oxygenate intermediate would be formed by the addi¬ 
tion of a CO species to the CH_^ species. The CH^ species is capable of undergoing 
hydrogenation to methane. On cobalt catalysts, the methane selectivity is generally 
found to be much higher than the ASF prediction. There are indications that CO 2 
in the FT synthesis system may be involved in more than just the water-gas shift 
reaction and that its role may extend to a secondary methanation reaction. Tracer 
studies^^’^^ indicated the capability of CO 2 and CO to undergo hydrogenation to form 
methane. The participation of this methane formation pathway may vary with cata¬ 
lyst type. 

On cobalt catalysts, as has been shown in the work of Riedel and Schulz,the intro¬ 
duction of CO 2 with syngas in the feed results in a drastic rise in the methane selectivity, 
while leaving the chain growth characteristics of all other hydrocarbons unaffected. 
On completely replacing CO with CO 2 in the feed, the entire product profile was found 
to change. In our study with *"* 002 , we found CO 2 to participate in the formation of 
methane predominantly, without undergoing a reverse water-gas shift to form CO.^® 
Direct hydrogenation of CO 2 took place on the cobalt catalyst. Limited chain growth 
to form C 2 -C 4 hydrocarbons was also possible, presumably by the addition of partially 
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hydrogenated (CH^) monomers formed from the hydrogenation of COj. It was noted 
that the catalyst was surprisingly reactive for hydrogenation of CO 2 , which contributed 
meaningfully to product formation even at low COj feed concentrations. 

In the case of iron catalysts, COj is known to form hydrocarbons by undergoing a 
reverse water-gas shift step to form CO, followed by the FT synthesis reaction. But 
at the same time, COj on iron catalysts is known to directly behave as a chain initia¬ 
tor as well. On iron catalysts, the presence of a site capable of Cj chemistry operating 
in parallel with sites for water-gas shift cannot be discounted, although it is more 
difficult to distinguish between these. 

Based on the Hj-Dj-Hj switching experiments by Gnanamani et al.,®*’ the chain 
growth step for hydrocarbon formation reactions from COj on an iron catalyst 
appeared to be dependent on a hydrogen-assisted reaction, but not so much in the 
case of cobalt catalysts. If one were to consider the hydrogen-assisted cleavage 
of the carbon-oxygen bond to be the rate-determining step, it would imply the 
following: 

1. For an iron catalyst, hydrogen-assisted cleavage of the C-0 bond of the 
intermediate would take place after addition of a CO species to the growing 
hydrocarbon chain. This would be consistent with a CO insertion mecha¬ 
nism forming an oxygenate complex that would then undergo a hydrogen- 
assisted cleavage of the carbon-oxygen bond. 

2. For a cobalt catalyst, the carbon-oxygen bond cleavage reaction would be 
completed as some form of dissociative adsorption that takes place prior 
to the addition of the carbon monomer to the hydrocarbon chain. This 
would be consistent with the formation of an adsorbed methylene or methyl 
group from COj, which is followed by recombination of these adsorbed 
monomers. 

On cobalt catalysts, the methane selectivity is generally found to be much higher than 
predicted by the ASF distribution. Many researchers have actually considered meth¬ 
ane formation to be the result of multiple reaction pathways.®'^®® Though CO 2 may 
form the CH_^ species capable of polymerizing to form hydrocarbons, there appears 
to be preference toward formation of methane by this Cj reaction step. A point made 
by De Klerk* is that hydrogenation of a CH_^ monomer may be easier than C-C bond 
formation in a chain growth step, thus favoring a higher methane selectivity. 

11.4.5.2 Methanol Formation 

Methanol formation, which requires only Cj chemistry, also exhibits some interest¬ 
ing behavior. In our tracer studies,the methanol formed over the cobalt 

catalysts had a meaningfully different isotopic composition from that of ethanol and 
propanol. It was observed that the '^CH 2 ''’OH+ and the '^CIl 2 **OH+ fragments from 
the electron impact mass spectrometry of methanol were present in a much higher 
proportion than found for the other alcohols when the synthesis gas contained a CO 
mixture consisting of and It suggested that methanol was formed 

by direct hydrogenation of CO from the reactor atmosphere. In the same study. 
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the methanol also contained a considerable fraction with and '® 0 , which was 
similar to the isotopic abundance of the COj in the system. This suggested that 
methanol formation was also possible by direct hydrogenation of COj. The site 
where this type of Cj chemistry took place was capable of partially hydrogenating 
any adsorbed CO^ species. 

On iron catalysts, Cj hydrogenation was not as prevalent, possibly due to the lower 
hydrogenation activity of iron compared to cobalt. This results in a lower methanol 
and methane selectivity over iron catalysts than on cobalt catalysts. On unpromoted 
iron catalysts, methanol was also found to form directly from COj without undergo¬ 
ing a reverse water-gas shift step to produce CO first. 

11.4.6 Olefin Readsorption and Hydrogenolysis Reactions 
11.4.6.1 Cobalt Catalysts 

The readsorption and incorporation of olefins over cobalt catalysts to form heavier 
hydrocarbon products^^ was earlier considered to be evidence that endorsed the car¬ 
bide mechanism as an explanation for the FT synthesis reaction. However, this is 
not the case. Cobalt catalysts are active for hydrogenolysis.'®^ Schulz^® reported the 
formation of methylene from heavy olefins by hydrogenolysis on cobalt catalysts. 
The adsorbed species subsequently took part in chain growth steps. The observed 
activity of methylene in the numerous experimental studies*'"*^ may in fact be the 
result of activity on the Cj hydrogenation site responsible for secondary methanation 
and methanol formation reactions. 

As was indicated in other studies,®’^^ the chain growth of readsorbed olefins 
was not the result of the main FT synthesis chain growth reaction. The growth of 
readsorbed olefins took place by the addition of methylene, but the growth was ter¬ 
minated after the addition of 2-3 carbon atoms. This is consistent with the other 
observations about the Cj hydrogenation site mentioned previously. The contribution 
of hydroformylation cannot be discounted either. 

The principal differentiating feature of chain growth on the Cj hydrogenation site 
is that it takes place through the combination of single-carbon-bonded species, that 
is. Cl chemistry. The chain growth probability is much lower and the branching ten¬ 
dency is different than the FT synthesis reaction site, which involves a hydrocarbon 
chain intermediate that is attached to the catalyst surface through two carbon atoms 
at a time. 

Operating a cobalt FT synthesis catalyst with CO 2 /H 2 feed resulted in a dras¬ 
tic increase in branched C 4 -species.^® It seems that Ci sites have a propensity for 
branched C 4 formation. This can be seen from processes such as in the “isobutylol” 
synthesis,®^ where methanol and isobutane were the main products from synthe¬ 
sis gas conversion. In the “isosynthesis” process that was developed at the Kaiser 
Wilhelm Institute, Mulheim, branched C 4 was also a major product from synthesis 
gas conversion, and the products were generally low-molecular-weight products."® In 
both examples, the catalyst behavior was dominated by Ci hydrogenation site chem¬ 
istry similar to that described for FT synthesis catalysts, even though the examples 
cited did not employ cobalt catalysts. 
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11.4.6.2 Iron Catalysts 

The behavior of iron catalysts toward olefin species has been found to depend 
on the nature of the catalyst site present. In most cases, it is observed that alkali- 
promoted iron catalysts exhibit lower olefin readsorption and secondary reactions 
than unpromoted catalysts,’^ with ethylene showing the maximum tendency toward 
such reactions. It was also found that the readsorbed olefins preferentially undergo 
hydrogenation over iron-based FT synthesis catalysts, rather than incorporation in 
higher hydrocarbons.^® It has been observed, however, that olefins are capable of 
behaving as chain initiators for hydrocarbon formation reactions when there is low 

partial pressure in the system.In such cases, olefin-initiated hydrocarbon 
formation reactions were found to follow a different chain growth probability than 
those formed from syngas, indicating the possibility of two different chain growth 
reactions running in parallel.These reactions are accompanied by an increase in 
olefin selectivity, possibly caused by hydrogen scavenging by the adsorbed olefin, or 
an inherent side effect of the low Hj partial pressure that is needed for olefin-initiated 
hydrocarbon formation. An unsupported iron catalyst exhibiting ethylene-initiated 
hydrocarbon formation^" exhibited a decrease in methane selectivity, but a silica- 
supported catalyst showed an increase in the same.'*'* 

Olefins are capable of exhibiting hydrogenolysis reactions when present in low 
concentrations,^'^ and the tendency of hydrogenolysis has been found to increase 
with catalyst dispersion.^® As a result, the supported catalyst may be expected to 
exhibit higher hydrogenolysis activity. 

It has been found that on metallic iron sites,"® olefin readsorption and hydro¬ 
genation are comparatively more prevalent than on carbided sites. Readsorption 
and hydrogenation decreases as metallic iron changes to iron carbide. This is also 
accompanied by a decrease in branching. The lower activity of alkali-promoted iron 
toward olefin readsorption, isomerization, hydrogenation,"® and hydrogenolysis^® 
can be related to the carbide-forming tendency of the catalyst. This may be explained 
by considering the percentage d-orbital character of the metal sites. The hydrogena¬ 
tion and hydrogenolysis behavior of a catalyst can be correlated to the percentage 
d-orbital character of the iron."® As a metal site transforms to metal carbide, its 
d-orbital character decreases. However, the hydrogenolysis tendency of the catalyst 
also depends on the extent of dispersion of the catalyst; therefore, supported catalysts 
exhibit higher activity toward the reaction. 

The behavior of the catalyst toward the secondary reactions of olefins may be 
indicative of the nature of the Cj products that are formed on the catalyst, because it 
reflects the hydrogenation activity of the reaction system. If a reaction system exhibits 
high olefin readsorption and hydrogenation, it would suggest there is an abundance 
of hydrogen species on the catalyst and therefore also indicate the possibility that 
secondary methane formation by hydrogenation of CO and CO 2 will be observed. 
However, if olefins are observed to undergo adsorption and chain growth, it suggests 
low availability of hydrogen species on the catalyst surface, and thus, the secondary 
hydrogenation of CO and CO 2 may not be observed. In this case, if the catalyst is 
capable of showing hydrogenolysis activity, an increase in methane formation would 
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be observed; otherwise, there would a decrease in methane selectivity. The local 
availability of hydrogen may determine the activity of hydrogenation and hydroge- 
nolysis reactions over the catalyst. 

Thus, an uncarbided metal site itself may be responsible for the high activity of 
hydrogenation reactions of COj and CO to form methane, methanol, and methylene 
radicals, and the hydrogenolysis activity. 

11.4.7 Oxygenate Selectivity 

Oxygenate selectivity in the primary products from FT synthesis is determined by 
the nature of the CO adsorption and the hydrogenation activity of the catalyst. When 
CO is dissociatively adsorbed, the probability of oxygenate formation is greatly 
diminished. Likewise, when the catalyst has high hydrogenation and hydrogenolysis 
activity, oxygenate formation is diminished. 

Both cobalt and iron in their uncarbided state exhibit activity toward hydro¬ 
genation and hydrogenolysis.The hydrogenation and hydrogenolysis activ¬ 
ity is related to percentage d-orbital character of the metal, as pointed out before. 
Although iron metal may have a high tendency to cleave the carbon-oxygen bond 
of aldehydes or ketones,"® the d-orbital character of the metal is decreased sig¬ 
nificantly once it interacts with carbon to form a carbide. This explains the higher 
tendency to produce oxygenates in working iron-based FT synthesis catalysts than 
in cobalt FT synthesis catalysts operated at similar conditions. On molybdenum 
catalyst systems, the extent of carburization has indeed been observed to increase 
alcohol selectivity."’ On cobalt catalysts, alcohol selectivity could also be increased 
with carburization."^ 

On iron catalysts, there seem to be conflicting observations about the effect of 
carburization on the oxygenate selectivity, but this may be a consequence of the 
influence of alkali promoters, which also influence oxygenate selectivity. Alkali pro¬ 
moters are known to increase carburization of iron catalysts, but they also affect 
chain growth. The studies by Arakawa and Bell"® indicated an increase in Cj and 
heavier alcohol selectivity and a decrease in methanol selectivity when alkali promot¬ 
ers were added. Miller and Moskovits'’° observed a decrease in Cj and Cj selectivity 
with an increase in K promotion. Bukur et al.'^* investigated the effect of promoters 
on oxygenate selectivity of different carbon numbers and showed that alkali promo¬ 
tion shifted the product spectrum of the oxygenates toward heavier products. 


11.5 PROPOSED FT SYNTHESIS REACTION MECHANISM 

Aspects of the FT synthesis that deviate from a standard probabilistic description 
of linear carbon chain growth were highlighted in the review of FT synthesis lit¬ 
erature. The purpose of this work was to make use of these observations to propose 
a description of the FT synthesis mechanism that collectively describes all of the 
deviations from regular chain growth, and the intricacies of the FT synthesis reac¬ 
tion network. 
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11.5.1 Reaction Pathways 

We propose that there are three distinct reaction pathways on FT synthesis catalysts 
that operate independently of each other and that are responsible for all primary 
reactions: 

1. FT synthesis reaction: This is the major reaction pathway for chain growth. 
Most of the hydrocarbons and oxygenates produced during FT synthesis 
are produced by this reaction path. FT synthesis chain growth requires two 
carbons of the growing chain to be attached simultaneously to the catalyst 
surface. The chain growth step involves a CO addition to form an oxygen¬ 
ate intermediate, which is followed by a hydrogen-assisted cleavage of the 
carbon-oxygen bond. The chain growth probability is affected by various 
factors, such as the operating conditions (temperature, pressure, Hj/CO 
ratio), mass transport effects, vapor-liquid equilibrium, and branching. The 
mechanistic description does not require FT synthesis sites with intrinsi¬ 
cally different chain growth probabilities to explain deviations from the 
ASF carbon number distribution. 

2. Water-gas shift reaction: The water-gas shift reaction involves the revers¬ 
ible and equilibrium-limited reaction of CO, CO 2 , Hj, and HjO molecules 
(Figure 11.10). 

3. Cj-type reactions: Associatively adsorbed CO^ can undergo irreversible 
hydrogenation or hydrogenolysis to produce surface intermediates with 
only single-carbon attachment to the catalyst surface. Both CO and CO 2 
can be hydrogenated to form methanol or can be hydrogenated to form 
methylene. The methylene species can interact with each other to form 
short-chain hydrocarbons, or the methylene species can be hydrogenated 
to form methyl groups or methane. Singly attached carbon species can also 
be formed by hydrogenolysis of readsorbed olehns. Dissociatively adsorbed 
CO^ can undergo irreversible hydrogenation as described before or might 
undergo oxidation to ultimately produce CO 2 . 

11.5.2 Mechanistic Description oe FT Synthesis 
11.5.2.1 Adsorption of Gases 

The CO chemisorbs associatively (i.e., as a whole molecule) onto the catalyst surface, 
while the H 2 chemisorbs dissociatively to form surface H species. 

The chemisorbed CO can either interact with two active sites or with a single 
active site on the catalyst surface (Figure 11.11).'^^ On interaction with a single site, a 
strongly bonded linear structure would be formed by the chemisorbed CO, whereas 
on interaction with two sites, it would form a weakly adsorbed planar structure. On 
nickel catalysts, both structures have been identified under FT synthesis conditions, 
but on iron catalysts, only the linear structure has been observed. As a result, the 
single-site adsorbed CO is the likely precursor for the chain growth monomer in the 
FT synthesis reaction. 
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FIGURE 11.11 Types of CO adsorption: (a) single-site adsorption and (b) double-site 
adsorption. 

However, as discussed previously, there have been indications of two types of 
carbon pools existing on the catalyst surface and participating in the FT synthesis 
reaction: the first consisting of CH^ species and the second consisting of adsorbed 
CO species. The second type of adsorption, to form a planar structure, may be the 
precursor for rapid hydrogenation to produce CH_^ species. The planar CO can also 
undergo reversible dissociation to C and O surface species. The dissociated C can 
form a carbide layer, but dissociated hydrogen atoms can prevent the formation of 
a carbide by hydrogenating the C to form CH 2 species and potentially further to 
methane (Figure 11.12). 

11.5.2.2 Chain Initiation Step 

The chemisorbed CO can undergo stepwise hydrogenation to form a Cj oxygenate 
complex. The Cj species is capable of desorbing as an alcohol, undergoing further 
hydrogenation to cleave the carbon-oxygen bond and form a methylene species or to 
be completely hydrogenated to form methane. The methane selectivity can therefore 
be manipulated independently from chain growth by manipulating the hydrogena¬ 
tion activity. 

Studies have found surface carbide®* ''’^ and low concentrations of CO 2 to be capa¬ 
ble of behaving as chain initiators.^® The rapid hydrogenation step of CO or CO 2 or 
the partial hydrogenation of surface carbide can lead to the formation of the same 
CH 2 species behaving as the chain initiators of FT synthesis reaction. Chain initia¬ 
tors do not necessarily become FT synthesis chain growth intermediates. 

In order to produce an FT synthesis chain growth intermediate, the methylene 
species must attach to a chemisorbed CO to form a C 2 oxygenate complex. This C 2 
oxygenate complex is attached to the catalyst at both the carbon atoms. It is this C 2 
oxygenate complex that is the precursor to the FT synthesis chain growth intermedi¬ 
ate. This complex can undergo stepwise hydrogenation to finally result in C-0 bond 
cleavage to form a C 2 hydrocarbon intermediate that is still attached to the catalyst at 
both carbon atoms. It is this C 2 hydrocarbon intermediate that behaves as the actual 
FT synthesis chain growth initiator (Figure 11.12b). 

Either carbon atom of this intermediate has equal tendency to undergo chain 
growth. The C 2 intermediate is reactive and sterically unconstrained. Furthermore, 
it is difficult for this C 2 intermediate to desorb as a product, because desorption is 
likely a stepwise process and it would therefore proceed through an intermediate 
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requiring an unpaired electron or charge on a primary carbon. This explains the 
lower C 2 hydrocarbon selectivity in the product. 

11.5.2.3 Chain Growth Step 

Since the FT synthesis chain growth intermediate is attached to the catalyst at the 
terminal (CJ and the adjacent-to-terminal (Cp) carbon atom, chain growth can take 
place by CO addition on either of these two carbon atoms. Attachment of the CO at 
the Cp position causes a hydrogen shift from the Cp-C„, thus hydrogenating the C„ to 
become a branched methyl group, thereby resulting in a branched hydrocarbon inter¬ 
mediate. This explains why branched hydrocarbons almost exclusively have only 
methyl groups as the branching type (Figure 11.12c). 

However, the tendency to attach at the terminal carbon is higher than at the adja- 
cent-to-terminal carbon. This causes a higher presence of linear hydrocarbons in 
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FIGURE 11.12 (a) CO adsorption on Fischer-Tropsch (FT) synthesis reaction site, (b) Chain 

initiation step on FT synthesis reaction site. (Continued) 
























Mechanism of the Fischer-Tropsch Process 


215 


-CH—( 
1 

:H2 C H H 

II II 


/O 


R-CHo-CH—... H H 

II II 


R- CHj-CH—CH H H 

II II 


-HpO 


R-CH,-CH—CH, 


I I 


Linear chain growth 


(c) 


R 


-CHj-CH—C 

I I 





OH 


R-CH.-CH — CH 

I I 


-CH—CH, 


I 


I 


H H 
I I 


CH3 ^0 

R-C-C^ H H 

II II 


CH 3 / 

-C-CH .. H H 

II II 


-HjO 

CH 3 

R-C-CHj 

I I _ 

Branched chain growth 



R-CH,-CH-pH, H H 



R-CH2-CH2- CH3 


Paraffin formation 


(d) 



R-CH2-CH= CH2 


Olefin formation 


FIGURE 11.12 (Continued) (c) Chain growth step on FT synthesis reaction site, (d) Chain 
termination steps on FT synthesis reaction site. 

























216 


Fischer-Tropsch Synthesis, Catalysts, and Catalysis 


the product. Once a branched intermediate is formed, desorption is favored, because 
stepwise desorption can take place through an intermediate with an unpaired elec¬ 
tron or charge on a tertiary carbon. This explains the high proportion of 2-methyl 
branching compared to other branching positions in the branched products from FT 
synthesis. 

For branched hydrocarbon intermediates, the methyl group also influences the 
nature of further chain growth. When the branched species is present at the Cp posi¬ 
tion, chain growth at the terminal carbon is preferred. Chain growth at the C„ posi¬ 
tion requires hydrogen migration, whereas chain growth at the Cp position requires 
methyl migration. The presence of 3-methyl branched products is indicative of this 
type of methyl migration caused by chain growth at the Cp position. The mechanism 
does not allow desorption of the carbon at which chain growth takes place during 
CO addition, and therefore, no products with quaternary carbons are formed during 
FT synthesis. It is for this reason that chain propagation should preferably referred 
to as CO addition, instead of CO insertion, because the carbon to which the CO is 
added is not detached from the catalyst in the process. True insertion suggests single¬ 
site growth, with the CO being inserted between the catalyst and the chain growth 
intermediate. 

For longer hydrocarbon chains, the bulk of the long alkyl chain may impose 
restrictions on the probability of chain growth at C„ versus Cp positions, ultimately 
resulting in a lower branching tendency in heavier hydrocarbons. 

11.5.2.4 Chain Termination Step 

Chain termination can occur at many stages, resulting in a variety of functional 
groups in the product (Figure 11.12d). 


11.6 CONCLUSIONS 

There have been numerous reaction mechanisms developed over the years to explain 
FT synthesis. Each of these mechanisms addressed one or more aspects of this com¬ 
plex reaction. In this work, we have devised a single description that collectively 
describes all of the deviations from regular chain growth: Cj and C 2 hydrocarbon 
selectivity, product branching, oxygenate formation, and the behavior of CO 2 . 

Three independent reaction pathways that operate in parallel are responsible for 
all primary reactions: the FT synthesis reaction, the water-gas shift reaction, and the 
Cj-type reactions. 

In the description of the FT synthesis reaction, the following key features and 
requirements were identified. It is necessary that the hydrocarbon intermedi¬ 
ate responsible for chain growth be attached to the catalyst via the terminal and 
adjacent-to-terminal carbon atoms. Chain growth is possible at either of these two 
carbon atoms. The chain growth takes place by CO addition, and it involves the 
formation of an oxygenate intermediate. Chain growth at the adjacent-to-terminal 
carbon leads to branching. Desorption is stepwise, and the probability of desorption 
is affected by the degree of substitution of the carbon that is desorbed first, with the 
ease of desorption being tertiary > secondary > primary. 
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Single-carbon attachment to the catalyst is subject to reactions similar to Cj-type 
reactions. Isolated Cj species can be hydrogenated to methanol or methane. The Cj 
species can also be hydrogenated to methylene, which can lead to chain growth. 
However, the chain growth by methylene with methylene reactions may be limited 
to short-chain hydrocarbons, and this may not contribute significantly to the main 
FT synthesis product. It is also possible for the Cj species to be oxidized to COj. If 
the catalyst is active for the water-gas shift reaction, COj is primarily formed by 
water-gas shift conversion. 
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A model catalyst, 40%Co-l%Re/Y-Al2O3, has been used to study the effect of opera¬ 
tion temperature and pressure on selectivity and stability during Fischer-Tropsch 
synthesis in a microchannel reactor. The reactor was tested at 210°C-240°C, 20-40 
bar, and Hj/CO = 2.1. The microchannel reactor could be operated at 85%-90% con¬ 
version with high C 5 - 1 - selectivity. It was found that lower temperature favors higher 
hydrocarbon formation and reduces methane formation. Higher pressure in the range 
of 20-40 bar and 210°C did not change the methane selectivity, but the C 2 -C 4 selec¬ 
tivity increased and the C 5 + selectivity decreased. The product selectivity is a com¬ 
plex function of process conditions, and different parameters may be dominant at 
different process conditions. At similar conditions, the observed rate of deactivation 
seems to be lower in the microchannel reactor than what is usually observed in the 
fixed-bed reactor experiments. 

Keywords: Fischer-Tropsch synthesis on co-based catalysts in a microchannel reac¬ 
tor. Effect of temperature and pressure on selectivity and stability. 

12.1 INTRODUCTION 

The microchannel reactor technology holds great promises for process intensifica¬ 
tion due to good heat and mass transfer properties.' It may also enable safe opera¬ 
tion for reactions involving poisonous compounds and explosive mixtures, as well 
as operation at high temperature and pressure. Fischer-Tropsch synthesis (FTS) 
is a highly exothermic reaction, and temperature control is important to achieve 
good catalytic performance and, especially, high selectivity to the desired products. 
Combined with highly active and stable catalysts, microchannel reactors can achieve 
high-volume-based productivity and therefore process intensification.^’^ In addition, 
the scale-up by adding more operation units is more straightforward.^ The scale-up 
of microchannel reactors for FTS has been demonstrated using reactors of differ¬ 
ent length and number of channels. Equivalent process performance concerning CO 
conversion, product selectivity, and chain growth probability has been observed at 
different scales ranging from -0.004 to -1.5 gal day'.’ 

ETS produces a wide range of hydrocarbons from synthesis gas. The synthesis 
gas can be produced from natural gas, coal, or biomass and the process provides an 
alternative way to produce clean fuels and chemicals. Low-temperature FTS on Co 
catalysts produces mainly linear hydrocarbons and cobalt catalysts are especially 
suitable for conversion of natural gas to liquid (GTE) process due to their low water 
gas shift activity. The FTS products typically follow the Anderson-Schulz-Flory 
distribution meaning that the product distribution depends only on one parameter, 
that is, the probability of chain growth. 

FTS has been commercialized in South Africa (Sasol)'' and Qatar (Sasol Oryx 
GTL,5 Shell Pearl GTL^). The Oryx plant is based on a slurry phase reactor, whereas 
the Pearl plant uses fixed-bed reactors. Several GTL plants are under construction/ 
planning worldwide for utilizing the abundance of natural gas, shale gas in particu¬ 
lar. Current GTL plants target for large gas field of scale between 30,000 and 140,000 
barrels per day (bpd). It has been estimated that less than 10% of the world’s gas 
fields are large enough to sustain a 10,000 bpd GTL facility. However, production in 
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the 2000 bpd range is estimated to open up 40% of the world’s gas fields to economic 
viability.’ In order to utilize a wide range of gas resources that are too small for larger 
multibillion GTL plants, small-scale and modular GTL systems for onshore as well 
as offshore applications are of great interest. The conversion of biomass to fuels and 
chemicals could also be an interesting option for FTS. 

Small-scale and modular GTL systems require an integrated, compact, easily 
scalable, and safe technology. MicroChannel reactors have the potential to meet those 
requirements. MicroChannel reactors contain a large number of channels with char¬ 
acteristic dimensions in the millimeter range. The small channel dimension and high 
surface-to-volume ratio enable faster mass and heat transfer than in conventional 
fixed-bed reactors. Essential isothermal conditions for FTS in single and multiple 
microchannels has been reported.' *"'^ 

Cobalt catalysts are preferred for GTL processes due to their relative high activ¬ 
ity, high selectivity toward the CjH- fraction, high stability, and low water-gas shift 
activity.'^ '’ The effect of temperature on selectivity is well defined. In general, an 
increase in the operating temperature increases the reaction rate and results in a shift 
in selectivity toward lower carbon number of products and to more hydrogenated 
products. The degree of branching increases, and the amount of secondary products 
formed such as ketones and aromatics also increases as the temperature is raised.'^ 
However, the effect of total pressure on selectivity is not straightforward. Higher 
pressure may increase or decrease the reaction rate, depending on the reaction con¬ 
ditions. With respect to selectivity, an optimum pressure has been reported with 
increasing pressure from 0.4 to 4 MPa.''* Higher pressure has been reported to shift 
the product distribution to higher hydrocarbon selectivity and to reduce the meth¬ 
ane selectivity.'^ '® Also, no significant effect of pressure on selectivity (Cj and Cjo-t-) 
has been reported.'’ In addition, secondary reactions of a-olefins could significantly 
modify the selectivity.'^ '® Therefore, the effect of pressure needs to be investigated 
at a specific set of reaction conditions. It is also known that higher conversion (high 
water partial pressure) leads to higher Cj-t- selectivity.’® Therefore, to really access 
the effect of pressure on the selectivity, comparison needs to be made at similar 
conversion levels. 

In the present work, a 40%Co-l%Re/y-Al2O3 catalyst was applied to study the 
effect of temperature and operation pressure on selectivity, activity, and stability in 
a microchannel reactor at typical industrial relevant conditions, that is, 20-40 bar, 
210°C-240°C, and Hj/CO = 2.1. 


12.2 EXPERIMENTAL 
12.2.1 Catalyst Preparation 

The 40 wt%Co-l wt%Re/Y-Al 203 catalyst was prepared by the one-step incipient 
wetness coimpregnation method with aqueous solutions of cobalt nitrate hexahy- 
drate (Co(N 03 ) 26 H 20 ) and perrhenic acid (Re 207 ( 0 H 2 ) 2 ). After impregnation, the 
catalyst was dried at 120°C for 3 h. The catalyst was then calcined in air at 300°C for 
16 h, ramping from ambient to 300°C at a rate of 2°C min“'. 
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12.2.2 MICROCHANNEL ReACTOR 

The stainless steel microchannel reactor was fabricated by the Institute of Micro 
Process Engineering at Karlsruhe Institute of Technology. The configuration of the 
reactor has been described elsewhere.The reactor volume is 2 cm^ and consists 
of eight parallel catalyst sections sandwiched between cross-flow oil channels for 
heat exchange. Each catalyst section consists of two foils with an etched 400 pm 
deep pillar structure, hexagonally arranged with an 800 pm distance between the 
pillars. The foils are stacked opposite to each other, giving a channel height of 
800 pm. Stacking of the catalyst foils and oil channels has been illustrated before, 
and it is shown in Figure 12.1, together with a picture of the microstructured reactor.* 
A Julabo HT-30 high-temperature oil circulator with Thermal H350 high-temperature 
heat transfer oil was used to maintain the reaction at a desired temperature. 

12.2.3 Reaction Conditions 

The calcined catalyst was sieved to a fraction of 53-90 pm, and an approximately 
1.5 g catalyst was filled into the reactor. The catalyst was reduced in situ with Hj 
at 1 bar, while the temperature was increased by 1°C min“' to 350°C. After 16 h 
of reduction, the catalyst was cooled to 170°C. The system was then pressurized 
to 20 bar, and synthesis gas of molar ratio Hj/CO = 2.1 was introduced into the 
reactor. The temperature was then slowly increased to the desired start-up reaction 
temperature. Conversion and selectivities were measured over a period of minimum 
of 24 h before changing parameters (T = 220°C-240°C, P = 20-40 bar, gas hourly 
space velocity [GHSV] = 4,800-22,000 N mL gcat h“'). The experimental setup and 
procedures have been described in detail elsewhere.*' 2 ' 

12.3 RESULTS AND DISCUSSIONS 

The results from four experimental runs are shown in Tables 12.1 through 12.5. Each 
experimental run was carried out by changing the temperature, pressure, and space 
velocity using the same batch of catalyst, but with fresh catalyst for each run. 

12.3.1 Effect of Temperature on the Product Distribution 

The conversion was varied by changing the temperature and GHSV in several runs 
using the same catalyst as shown in Table 12.1. The pressure was kept constant at 
20 bar. The product distribution as a function of the CO conversion is shown in 
Figure 12.2 for 210°C and 225°C. The general trend is that the selectivity to products 
changes with the conversion level. The Cj-i- selectivity increases practically linearly 
with increasing CO conversion, while the CH 4 and C 2 -C 4 hydrocarbon selectivity 
decrease with conversion. To compare the selectivity for different catalysts, it is 
important to compare selectivities at the same conversion level. 

Higher temperatures (225°C vs. 210°C) clearly result in lower C 5 - 1 - selectivity and 
higher CH 4 selectivity at the same conversion level. The C 2 -C 4 selectivity remains 
almost constant at different temperatures. The decrease in C 5 - 1 - selectivity at the 
higher temperature is therefore mainly attributed to more methane formation. 
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FIGURE 12.1 Illustration of (a) the stacking of a microchannel reactor, showing pillar- 
structured catalyst foils and cross-flow rectangular oil channels and (b) a picture of a micro- 
structured reactor. 
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FIGURE 12.2 Effect of temperature on selectivity to (a) C5-1-, (b) CH4, (c) C2-C4, and (d) the 
C 3 , C 4 olefin-to-paraffin ratio. 40%Co-l%Re/Y-Al2O3. Pressure: 20 bar. 


Increasing the temperature from 210°C to 225°C decreases the olefin-to-paraffin 
ratio (0/P) for C 2 , C 3 , and C 4 hydrocarbons by increasing the paraffin selectivity 
while decreasing the olefin selectivity (not shown). However, the sum of the selec¬ 
tivity to olefins and paraffins for individual hydrocarbon (C 2 , C 3 , and C 4 ) is almost 
constant at the two temperatures (225°C and 210°C) indicating that the higher tem¬ 
perature facilitates olefin hydrogenation. 

In addition, the selectivity to olefins decreases with increasing CO conversion. 
However, the selectivity to paraffins stays constant within the conversion level inves¬ 
tigated (50%-90%). The decrease in olefin selectivity with conversion is most likely 
due to the enhanced readsorption and the secondary reaction of olefins at prolonged 
residence time. Paraffins do not readsorb once they are formed and are therefore 
not influenced by secondary reactions. Constant paraffin selectivity at increasing 































234 


Fischer-Tropsch Synthesis, Catalysts, and Catalysis 


conversion level suggests that the secondary reaction of olefins is mainly reincorpo¬ 
ration into the growing chain instead of hydrogenation to the corresponding paraffin. 
Lower temperature favors olefin formation and higher hydrocarbon formation at the 
cost of methane formation. 

12.3.2 Effect of Pressure on Product Distribution 
AS A Function oe CO Conversion 

The effect of pressure on the product selectivities was investigated at 20, 30, and 40 
bar pressure at a constant temperature of 210°C. The results are given in Tables 12.2 
through 12.4 and shown in Figure 12.3. Surprisingly, higher pressure leads to lower 
Cj-t- selectivity within the pressure range investigated. Methane selectivity does not 



(a) CO conversion (%) 



(b) CO conversion (%) 



(c) CO conversion (%) 



(d) CO conversion (%) 


FIGURE 12.3 Effect of pressure on selectivity to (a) C 5 +, (b) CH 4 , (c) C 2 -C 4 , and (d) the C 3 , 
C 4 olefin-to-paraffin ratio. 40%Co-l%Re/Y-Al2O. Temperature: 210°C. 
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change with pressure, but decreases with increasing CO conversion. C 2 -C 4 hydro¬ 
carbon selectivity follows the order 40 > 30 > 20 bar, which is the opposite sequence 
of CjH- as a function of pressure. The decrease in CjH- selectivity with increasing 
pressure is therefore attributed to the higher selectivity to C 2 -C 4 hydrocarbons. The 
0/P ratio for C 3 and C 4 was less dependent on the pressure although it was slightly 
higher at higher pressures. 

The paraffin and olefin selectivities were recorded separately for C 2 , C 3 , and C 4 
hydrocarbons (not shown). Higher pressure favors light olefin (C 2 , C 3 , C 4 ) formation 
at 210°C, but it has much less impact on the paraffin selectivity. Increasing pressure 
from 20 to 40 bar only increases paraffin selectivity slightly, though it enhances 
the olefin selectivity. It seems that the total pressure does not change the hydroge¬ 
nation reactivity of the catalyst very much (reflected by relative constant paraffin 
selectivity), but it changes the olefin formation. Higher pressure may either promote 
primary olefin formation or inhibit secondary olefin reactions. Higher CO partial 
pressure may inhibit secondary olefin reactions by competitive adsorption with pri¬ 
mary olefins. 

The pressure effect has also been investigated at 225°C and shown in Figure 12.4. 
The pressure did not have any significant impact on the CjH- selectivity at 225°C. 
Neither the methane selectivity nor the C 2 -C 4 hydrocarbon selectivity was much 
affected although the CH 4 selectivity was slightly lower at 40 bar compared to 
20 bar. However, the C 3 and C 4 0/P ratios were dependent on the pressure at 225°C. 
Higher pressure favors the formation of olefins. Detailed C 3 olefin and paraffin selec¬ 
tivities showed that higher pressure enhanced the olefin formation while the cor¬ 
responding paraffin formation decreased. The effect on the total C 3 hydrocarbon is 
therefore small. 

12.3.3 Discussion on Selectivity at Dieeerent Temperatures and Pressure 

At both the temperatures (210°C and 225°C) and pressures (20, 30, and 40 bar) 
investigated in this work, C 5 - 1 - selectivity increased, whereas CH 4 and C 2 -C 4 
selectivities decreased with increasing conversion. In addition, the C 2 -C 4 olefin 
decreased, while C 2 -C 4 paraffin remained constant. This agrees well with previ¬ 
ous reports for cobalt-based catalysts.These trends are attributable to the 
readsorption and reincorporation of C 2 -C 4 olefins into the chain growth process at 
higher residence time.'* The higher water partial pressure may also contribute to 
the shift in the product distribution toward higher hydrocarbon and lower methane 
selectivities.^®’^^'^^ 

The temperature effect on selectivity has been frequently investigated as an 
important process parameter to tune product selectivities.Higher temperature 
has been reported to increase the methane selectivity and decrease the C5-1- selectiv¬ 
ity. Higher temperature also enhances the secondary reactions of primary olefins. 
The trend observed in the current study agrees well with the literature. 

The total pressure was found to affect FTS selectivity for cobalt-based catalyst 
as earlier as in 1956 by Anderson.^® Van Berge and Everson investigated the chain 
growth probability and product distribution in the pressure range of 10-40 and 2-40 
bar for iron and cobalt catalysts, respectively.*" Iron-based chain growth probability 
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FIGURE 12.4 Effect of pressure on selectivity to (a) C5+, (b) CH4, (c) C2-C4, and (d) the C3, 
C 4 olefin-to-paraffin ratio. 40%Co-l%Re/Y-Al2O3 Temperature: 225 °C. 


and wax selectivity were almost not affected by the reactor pressure. With respect 
to the cobalt catalyst, drastic changes in the selectivity and chain growth probability 
could be observed by increasing the reactor pressure.^® The most significant changes 
in selectivity happened between 2 and 10 bar. When pressure is higher than 10 bar, 
the selectivity of light hydrocarbons (flue gas and LPG) remains more or less con¬ 
stant, but further increase in pressure above 10 bar modified the distribution between 
gasoline, diesel, and wax fraction. Unfortunately, the catalyst selectivity was not 
compared at the same conversion level, and it is likely that higher pressure causes 
higher conversion and therefore higher water partial pressure that could contribute 
to shifting the products toward higher hydrocarbon selectivity. More recently, Dinse 
et al. tested a Co/Si02 catalyst at both 1 and 10 atm pressures.'® The CO consump¬ 
tion rate of Co/Si02 increased by a factor of 4.8 at 10% CO conversion and by a 
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factor of 7.2 at 40% CO conversion when the pressure was increased from 1 to 
10 atm. The Cj and C 2 -C 4 selectivities decreased, the CjH- selectivity increased sub¬ 
stantially, and the O/P ratio of the C 2 -C 4 fraction decreased slightly with increasing 
pressure at the same conversion level. The authors attribute the effect to a lower 
ratio of 0 h/0co (surface coverage of H / surface coverage of CO) at a higher pressure, 
and therefore hydrogenation is lowered and chain growth is significantly enhanced. 
Two other factors may contribute to the decrease in Cj and the increase in CjH- selec¬ 
tivities observed at a high pressure. Higher water partial pressure can increase CO 
conversion rates and the selectivity to olefins and to C5-1- products.^^ Higher pressure 
may also cause more condensation of CjH- olefins in the catalyst pores, contributing to 
olefin reincorporation and hence increasing higher hydrocarbon selectivity. Similar 
trend of selectivity was also found on a commercial Co catalyst tested between 5 and 
24 bar at a constant Hj/CO ratio.^^ The increase in pressure significantly increased 
the reaction rate and decreased the CH 4 selectivity. The selectivity change mainly 
occurred in the range of 5-15 bars. 

It seems clear from the previous work that in the lower-pressure range (<20 bar), the 
selectivities are significantly altered as a function of pressure. This could be explained 
by the relative coverage of surface H and CO (0 h/0co)- Increasing the total pressure 
at a constant H 2 /CO ratio increases the partial pressure of H 2 and CO simultaneously. 
Assuming that H 2 and CO adsorptions are in equilibrium at reaction conditions, then 
the site coverage of H is proportional to and for CO, the site coverage is pro¬ 
portional to P. The site coverage of CO therefore increases much faster than the site 
coverage of H at increasing pressure and causing a decrease in the 0 h/0co ratio. The 
effect on 0 h/ 0 co more significant in the low-pressure range, since the total pressure 
increase could be as high as 20 -fold (increasing from 1 to 20 bar), while in the high- 
pressure range, the pressure increase is about twofold (increasing from 20 to 40 bar). 
The change of 0 h/0co could explain the significant change of selectivities in the lower- 
pressure range (1-20 bar). Less studies have been performed in the higher-pressure 
range (>20 bar). In the current study, the pressure effect was studied at 20, 30, and 
40 bar, and the selectivity was compared at the same conversion level. It is clearly 
shown that C5-1- selectivity was lower while C2-C4 selectivity was higher at higher 
pressure, which is opposite to the trend reported at lower-pressure range. It is hence 
likely that in the high-pressure range, factors other than the relative coverage of sur¬ 
face H and CO dominate. For instance, higher CO partial pressure may compete with 
the a-olefins for adsorption and therefore enhance the desorption of a-olefins. This 
hypothesis is supported by the fact that C 2 -C 4 olefin selectivity is higher at 40 bar 
pressure at the same conversion level, while methane selectivity is not impacted. The 
constant methane selectivity also excludes the possible diffusion limitation induced 
by higher pressure (more liquid products, higher diffusion resistance). Therefore, the 
changes in selectivity should be attributed to kinetic effects of the pressure. Our sug¬ 
gested interpretation also agrees with the fact that the pressure effect on selectiv¬ 
ity depends on the operation temperatures. When the temperature was increased to 
225°C, the pressure had negligible effect within the range 20-40 bar. At relatively 
higher T, less olefin is produced and the impact of pressure on the olefin was reduced. 

This study shows that selectivity is a complex function of the reaction conditions 
for a given catalyst. Different parameters or side reactions may dominate at different 
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regimes. At typical FTS temperatures and Hj/CO ratios, higher pressure shifts 
products to higher hydrocarbon selectivity at lower-pressure regimes. However, at 
high-pressure regime, the impact is very much dependent on the catalyst intrinsic 
growth, termination rate, and the specihc process conditions (temperature, Hj/CO 
ratio, space velocity, etc.). 

12.3.4 Selectivity oe Alcohols eor 40%Co-1%Re/y-Al2O3 

A possible hypothesis for operating FTS at higher pressures is a higher selectivity to 
alcohols.^® To investigate this, the alcohol content in the water phase was measured 
ex situ with a GC. The alcohol content in the water product is shown in Figure 12.5 as a 
function of carbon number. The total amount of alcohol in water is less than 2% at typi¬ 
cal FTS conditions. An increase in the reaction pressure from 30 to 40 bar did not have 
a signihcant influence on the alcohol selectivity, suggesting that higher pressure did 
not favor alcohol formation compared with the formation of FTS hydrocarbons. The 
amount of water-soluble alcohol is similar to what has been found for a Pt-promoted 
15%Co/Al203 catalyst tested in a continuously stirred tank reactor of 0.3%-!%.^'* 

The analysis of the alcohol content showed that this catalyst did not produce 
more alcohol at higher pressure at 210°C. It is consistent with previous reports show¬ 
ing that alcohol formation is favored at lower temperature on cobalt catalysts.^' 
Low temperature in this case means temperatures between 170°C and 190°C, for 
example, significantly lower than the temperature applied here (210°C or higher). 
At this low temperature, the alcohol selectivity increased with increasing pressure 
(from 1 to 33 bar) and lower Hj/CO molar ratio (0.6-3.5), but the enhancement was 
not very pronounced. For instance, an increase from 4% to 6% total alcohol was 
observed with an increase in pressure from 17 to 33 bar. The negligible change of 
alcohol selectivity in this study might be due to the low amount of total alcohol at 
relatively high temperature and relative small variation in the total pressure. 



FIGURE 12.5 Alcohol content in the water phase at 30 and 40 bar and 210°C. 
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FIGURE 12.6 CO conversion and C 5 -H selectivity (excluding CO 2 ) as a function of time on 
stream (Table 12.3), 210°C and 225°C and 20, 30, and 40 bar. 


12.3.5 Catalyst Stability and Deactivation 

The catalyst activity and selectivity under varying conditions are shown in Figure 12.6 
as a function of time on stream (TOS);^,^] for one of the runs (Table 12.3). Except for 
the initial deactivation, the catalyst was remarkably stable under most conditions even 
at very high conversions. Compared with the tests in hxed-bed reactor with high dilu¬ 
tion rate, the deactivation seems smaller especially at temperatures higher than 210°C.* 
The same reactor design has been used for investigations of the methanol and 
direct dimethyl ether synthesis, and measurements as well as simulations showed 
that the reactor operates practically isothermally due to efficient heat transfer.^^"^'' 
The good heat conductivity of the microchannel reactor therefore enables isothermal 
conditions at high conversion levels without dilution of the catalyst bed and could 
signihcantly reduce reactor volume and show great promise in process intensihca- 
tion. Good temperature control is also important to achieve selectivity toward the 
desired products. 

12.4 CONCLUSIONS 

The effect of operation temperature and pressure on selectivity and stability during 
FTS in a microchannel reactor was investigated. Increasing the temperature from 
210°C to 225°C at constant pressure increases the reaction rate. Methane selec¬ 
tivity increases and C 5 - 1 - selectivity decreases with increasing temperature due to 
enhanced hydrogenation. The olehn-to-paraffin ratio decreases at higher tempera¬ 
ture. The effect of pressure on the selectivities was investigated at two different 
temperatures (210°C and 225°C). Selectivity is a complex function of temperature 
and pressure. For neither temperatures investigated, pressure impacted methane 
selectivity very much. Higher pressure mainly enhances olefin selectivity. It may 
slightly increase or decrease the paraffin selectivity, and therefore higher pressure 
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increases the olefin-to-paraffin ratio. Higher pressure favors lower olefin formation. 
It is, however, not necessarily beneficial for higher C 5 + selectivity. At relatively low 
temperature (210°C), higher pressure leads to lower C 5 + selectivity, while at 225°C 
a higher pressure did not change the C 5 + selectivity. 

It was found that higher pressure did not increase the reaction rate during FTS 
in the isothermal microchannel reactor. The catalyst was quite stable under most 
conditions even at conversion as high as 90% owing to the good heat transfer of the 
microchannel reactor. 
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Fischer-Tropsch synthesis (FTS) is a process that uses a heterogeneous catalyst 
to synthesize a wide range of hydrocarbons. Past studies probing the mechanism 
revealed that the rate-determining step (RDS) centers on chain termination. These 
mechanistic reports investigated chain termination isotopically by switching from 
Hj to Dj during FTS at realistic conditions. If a variation results in the production 
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rate, then there is a strong possibility that hydrogen plays a role in the RDS via chain 
termination. However, it is also possible that preferential H/D partitioning on the Ru 
surface may interfere with the conclusion, as catalysis occurs on the active metal 
surface. In the current study, ruthenium was found to exhibit a minor preference for 
D during H/D partitioning. This effect should be accounted for in interpreting results 
from any kinetic isotope effect study involving H2/D2 switching. 

Keywords: Ruthenium catalyst. Alumina, NaY, Isotopic partitioning effect. Kinetic 
isotope effect 

13.1 INTRODUCTION 

Fischer-Tropsch synthesis (FTS) is a polymerization reaction used to create a wide 
distribution of hydrocarbons and oxygenated materials.'"® Given that FTS is such 
a dynamic process with a considerable number of variables, uncovering the pre¬ 
cise mechanism has proven to be a difficult challenge. Largely, mechanistic stud¬ 
ies have been aimed at the most active metals for the reaction: iron, cobalt, and 
ruthenium.’"" 

Renewed focus on supported ruthenium FTS catalysts can be attributed in part 
to interest in biomass conversion.'’"'"' Given that ruthenium displays the highest 
FTS activity, this would make way for higher CO/H2 conversions and hydrocar¬ 
bon productivities. In addition, some work done with ruthenium in a batch reac¬ 
tor'® under oxidizing conditions highlights the ability of a ruthenium catalyst to 
work under an oxidizing environment. This could also be useful for the biomass- 
to-liquid process.'® '"* Another attribute of ruthenium is its ability to produce a 
higher alpha product." '’-'® The main drawback of Ru is that it is very expensive 
for commercial use. Nonetheless, Ru is a very good model catalyst for mecha¬ 
nistic studies due to its high reducibility. This is in contrast to cobalt, where 
an unreduced fraction of cobalt oxide may be present in the working catalyst, 
especially if a strong interaction between cobalt and the support is present (e.g., 
cobalt/alumina).'’"’® 

One way to advance a catalyst system is to develop an understanding of the 
catalytic cycle. A key factor in determining the mechanism is to understand the 
rate-determining step (RDS).’®"’® One technique that sheds light on the RDS is by 
identifying whether a kinetic isotope effect (KIE) occurs once elements in reactants 
are isotopically substituted (e.g., '’C in CO to '®C or H2 to 02).®®’®' A KIE only occurs 
in elementary steps that are kinetically relevant (e.g., the RDS). Mechanistic studies 
to date have suggested that the RDS in ETS is controlled by CO hydrogenation.®’-®® 
The underlying assumption in these studies is that H* and D* will be equally parti¬ 
tioned on the surface. If this assumption is not true, then this facet must be consid¬ 
ered and accounted for in any KIE investigation involving H2/D2 switching. 

The current work probes the relative H/D coverages on the active ruthenium metal 
surface through a series of competitive adsorption experiments using an equimolar 
mixture of H2 and D2 to determine if any preferential partitioning occurs that may, 
in turn, affect the interpretation of KIE investigations. 
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13.2 EXPERIMENTAL 

13.2.1 Catalyst Preparation 

13.2.1.1 7.0% Ru/NaY 

NaY zeolite (Sigma-Aldrich, having a measured BET surface area of 730 mVg) 
was used as the support for the ruthenium catalyst. The catalyst was prepared by 
incipient wetness impregnation (IWI), with ruthenium chloride (KFK Furuya Metal 
Co., Ltd., Japan) as the precursor. Two impregnation steps were used, each to load 
3.5% of Ru by weight. Between each step, the catalyst was dried overnight at 373 K. 
After the second impregnation/drying step, the catalyst was calcined under air flow 
at 623 K for 4 h. The ruthenium zeolite catalyst has a measured BET surface area 
of 517.7 m2/g. 

13.2.1.2 I.OXRu/AI^Oa 

Catalox 150 y-alumina (having a measured BET surface area of 150 m^/g) was 
used as the support for the catalyst. The catalyst was also prepared by IWI method 
by using ruthenium nitrosylnitrate (Alfa Aesar) precursor. Once the catalyst was 
dried overnight at 373 K, it was subsequently calcined at 623 K for 4 h in flow¬ 
ing air. The one percent ruthenium catalyst has a measured BET surface area of 
140.6 m^/g. 

13.2.2 Catalyst Characterization 

13.2.2.1 BET Surface Area 

The surface area, pore volume, and average pore radius of each ruthenium catalyst 
were measured using a Micromeritics Tri-Star 3000 gas adsorption analyzer system. 
Approximately 0.3-0.4 g of sample were weighed and loaded into a 3/8" OD sample 
tube. Nitrogen was used as the adsorption gas, and a sample analysis was performed 
at the boiling temperature of liquid nitrogen. The sample was evacuated at ambient 
temperature overnight to approximately 6.7 Pa. 

13.2.2.2 TPR 

Temperature-programmed reduction (TPR) was recorded using a Zeton-Altamira 
AMI-200 unit that makes use of a TCD detector (Figure 13.1). The sample was first 
ramped to 623 K in pure Ar to remove residual H 2 O from the sample, prior to cooling 
to 323 K to begin the TPR. The test was performed using 10% Hj/Ar mixture refer¬ 
enced to Ar at a flow rate of 30 cmVmin (seem). The sample was heated to 1073 K at 
a ramp rate of 10 K/min. 

13.2.2.3 Hydrogen Chemisorption by TPD 

Hydrogen chemisorption was conducted using temperature-programmed desorp¬ 
tion (TPD) with the Zeton-Altamira AMI-200 instrument. The catalyst sample was 
activated using a flow rate of 10 cm^/min of H 2 mixed with 20 cm^/min of argon 
at 623 K for 10 h and then cooled under flowing H 2 to 373 K. The sample was 
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TCQ 


FIGURE 13.1 Temperature-programmed reduction profiles of supported ruthenium cata- 
lystsl: 7% Ru/NaY (solid line) and 1% Ru/AljOj (dotted line). 


held at 373 K under flowing argon to remove and/or prevent adsorption of weakly 
bound species prior to increasing the temperature slowly to 623 K. The TPD spec¬ 
trum was integrated and the number of moles of desorbed hydrogen determined 
by comparing its area to the areas of calibrated hydrogen pulses. The loop volume 
was first determined by establishing a calibration curve with syringe injections of 
nitrogen into a helium flow. Dispersion calculations (Table 13.1) were based on the 
assumption of a 1:1 H/Ru stoichiometric ratio and a spherical ruthenium cluster 
morphology. 


TABLE 13.1 

Hydrogen Chemisorption by Temperature-Programmed Desorption 
with Pulse Reoxidation after Hydrogen Reduction for 10 h at 350°C 
Catalyst H2 Desorbed (pmol/g^,) Dispersion® (%) Diameter® (nm) 

iroRu/AljOj 22 44 3.5 

7% Ru/NaY 15.8 4.6 33.7 


100% reduction to Ru° was assumed. 
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13.2.3 Reactor System 

A plug flow reactor with four mass flow controllers (MFCs) was used at atmospheric 
pressure. The reducing gas (Hj, Dj, or the H 2 /D 2 mixture) was passed through the 
same MFC in order to obtain stable flow with little to no interference by switching 
gases. A digital soap meter was set after the plug flow reactor to periodically verify 
the flow rates. 

13.2.3.1 Reduction and Desorption Using the H 2 /D 2 Mixture 

Twenty grams of catalyst (i.e., either 1% RU/AI 2 O 3 catalyst or 7.1% Ru/NaY) was 
loaded into the plug flow reactor. The following three separate experimental 
approaches were used for each catalyst: 

1. The ruthenium catalyst was reduced under 15 seem of the 1:1 FI 2 /D 2 mix¬ 
ture. The bed was heated at 1 K/min to 623 K and held for 48 h. The system 
was then cooled to 373 K at 1 K/min, at which point neon gas flow was 
switched on and the fixed-bed system was held at this condition for 1 h. 
The reactor was then heated to 673 K under 5 mL/min of flowing neon. The 
hydrogen/deuterium remaining on the catalyst was desorbed and collected 
in the hydrogen-specific gas bag using neon as the carrier gas. 

2. The ruthenium catalysts were heated to 623 K and held for 44 h under 
15 seem of H 2 flow. After 44 h of flow, an uninterrupted switch occurred 
to allow the 1:1 H 2 /D 2 to flow for 4 h at the same temperature. The system 
was then cooled to 373 K at 1 K/min, and the gas flow was switched to 
neon. The fixed-bed system was held at this condition for 1 h. The reac¬ 
tor was then heated to 673 K under 5 mL/min of neon. The hydrogen/ 
deuterium remaining on the catalyst was desorbed and was collected in a 
hydrogen-specific gas bag using neon as the carrier gas. 

3. The ruthenium catalyst was heated to 623 K and held for 44 h under 
15 seem of D 2 flow. After the 44 h period, the D 2 was stopped, and the 
H 2 /D 2 mixture was introduced at the same flow rate of 15 seem for 4 h. The 
system was then cooled to 373 K at 1 K/min, gas flow was switched to neon, 
and the fixed-bed system held at this condition for 1 h. The reactor was then 
heated to 623 K under 5 mL/min of neon. The hydrogen/deuterium remain¬ 
ing on the catalyst was desorbed and collected into the hydrogen-specific 
gas bag using neon as the carrier gas. 

13.2.4 Instrumentation 

Half a milliliter of each gas sample was manually injected into an Agilent 6890 
cryogenic GC-TCD containing a 180 m molsieve column. The temperature program 
was isothermal at 193 K, with a 4 mL/min flow rate. Neon was chosen because of the 
inability to adequately separate the H 2 /D 2 mixture with Ar and N 2 and because of the 
poor thermal conductivity difference between H 2 and He. 

Five point calibration curves were made for H 2 , HD, and Dj using an evenly mixed 
standard bought from Cambridge Isotope Laboratories (Figure 13.2). The standard 
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FIGURE 13.2 A standard TCD chromatogram of the standard mixture. 



FIGURE 13.3 The calibration curve built from the standard for Hj- 


was manually injected using a 100 pL syringe to inject volumes ranging from 5 to 
100 pL. Several injections were made for each concentration to obtain a constant 
linear curve with a correlation coefficient above 0.99 (Figures 13.3 through 13.5). 
The hydrogen diffusion-resistant Tedlar gas bag obtained from the TPD mainly con¬ 
tained neon; therefore, a 1 mL syringe was used for multiple 500 pL injections of 
sample obtained from the reduction of the 1% RU/AI 2 O 3 (or 7% Ru/NaY) to the GC. 
Since neon was used during the TPD and also used as the carrier gas for the GC, 
there should be no contribution by neon in the TCD signal. 

13.3 RESULTS AND DISCUSSION 
13.3.1 Surface Area Measurements 

The BET surface area measured by adsorption of nitrogen was found to be 141 mYg 
for the 1% Ru/AljOj catalyst. A weight percentage loading of 1% ruthenium is 
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Amount (uL) 


FIGURE 13.4 The calibration curve built from the standard for HD. 



Amount (uL) 


FIGURE 13.5 The calibration curve built from the standard for Dj. 


equivalent to 1.3% by weight RUO 2 . If the AI 2 O 3 is the only contributor to the area, 
then the area of the Ru/AljOj catalyst should be 0.987 x 150 m^/g= 148 m^/g. The 
actual measure of surface area is approximately that of the calculated value, suggest¬ 
ing that pore blocking should not be a significant problem. The porosity results from 
the BJH adsorption tests are given in Table 13.1. For the case of the NaY-supported 
ruthenium catalysts, if NaY is the sole contributor to the surface area, the value 
should be close to 0.908 x 730 mVg = 662 mVg. Because the surface area of the 
catalyst is lower (518 m^/g) than the expected value of 663 mVg, the result suggests 
that a fraction of the RUO 2 clusters were large enough to cause some pore blocking 
of the zeolite. 

13.3.2 TPR AND Hydrogen Chemisorption/Pulse Reoxidation 

The reducibilities of the supported Ru catalysts were investigated by TPR experi¬ 
ments, and the profiles are represented in Figure 13.1. Both supported Ru catalysts 
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samples display a sharp reduction peak at ~105°C-125°C, with a shoulder on the 
higher-temperature side of the main peak, and these are attributed the reduction of 
Ru species to metallic Ru (i.e., Ru°). The activation temperature of the present study 
is sufficiently high to ensure complete reduction of the Ru species to Ru°. 

The hydrogen chemisorption method is used to determine the dispersion and indi¬ 
rectly the crystallite size of ruthenium on AljOj and NaY supports, and the results are 
presented in Table 13.1. The NaY-supported Ru (7% Ru/NaY) catalyst exhibited lower 
average dispersion and larger average crystallite size than the alumina-supported Ru 
(1% RU/AI 2 O 3 ) catalyst. These results suggest that a significant fraction of Ru was of 
sufficient size to remain external to the micropores of the catalyst. 

13.3.3 Competitive Desorption 

The H/D ratios presented in Tables 13.2 and 13.3 were calculated from the amounts 
determined for each injection based on the calibration curves: 

H 2 = y = 4.97x-11.5 
HD = y = 4.81x-13.4 
D 2 = y = 4.46x-11.2 


where 

“y” is the peak area 

“x” is the calculated amount in pL 

Once the amounts were obtained, the H/D ratio could be readily calculated: 

H 2 ( 3 . 4 pLofH 2 )-F 4.1 pLofHD 

— ratio = - 4 ————^—— 4 ———^——— 

D 2(3.2pLof D 2 )-f 4.1 pLofHD 


TABLE 13.2 

The Isotope Effect for the 
Reduced 7% Ru/NaY Catalyst 

Injection Approach 1 Approach 2 


1 0.95 0.97 

2 0.96 0.97 

3 0.94 0.97 

4 0.95 0.95 

Average 0.95 0.96 

STD 0.01 0.01 
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TABLE 13.3 

The Isotope Effect for the Reduced 1% 
Ru/AljOj Catalyst 


Approach 1 


Injection 

Fresh 

Repeat 

Approach 2 

Approach 3 

1 

0.93 

0.93 

0.97 

0.90 

2 

0.93 

0.91 

0.97 

0.94 

3 

0.95 

0.94 

0.97 

0.91 

4 

0.92 

0.93 

0.96 

0.93 

Average 

0.93 

0.93 

0.97 

0.92 

STD 

0.01 

0.01 

0.01 

0.02 


The isotopic partitioning effect in this study is defined as the total amount of desorbed 

divided by the total amount of desorbed Dj. When the H/D ratio is greater than 1, 
the partitioning isotope effect is normal; in contrast, if an inverse isotopic effect is 
obtained, the ratio would be less than 1. 

The total amount of neon collected in the bag was 225 mL, based on a flow rate of 
5 mL/min and time onstream of 45 min during desorption. As an example, subtract¬ 
ing the amounts above of (i.e., [4.5 pL], HD [7.6 pL], Dj [5.4 pL] given from each 
calibration curve) from the total injection volume (0.5 mL), and the ratio of H-D/Ne 
(4e“^) from the 0.5 mL injection, and given that the total amount of gas in the bag 
was 225 mL, then 


Ne total = 225 mL - (225 * 3e“^) = 217.1 mL 


The Hj, HD, and Dj amounts can be found from their percentages, Hj (26.1%), HD 
(42.81%), and Dj (31.1%), in the remaining volume of the bag: 

H 2 = (225-217.1 mL)*0.26 = 2.0 mL 
HD = (225-217.1 mL)*0.42 = 3.4 mL 
D 2 =(225-217.1 mL)*0.31 = 2.4mL 


From here, given the following equation based on Jacobs et al.,^^ the H-D uptake can 
be calculated as 


H-D uptake (mol/gcat) 


Calibration value (sample bag volume) 
(Catalyst weight x 24.5 L/mol) 
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The Hj is 3.3 pmol/gj,^(, HD is 5.5 pmol/g^.^^ D 2 is 4.0 pmol/g,,^;, and the total H-D 
adsorbed is 12.8 pmol/g,,^,. This value is close to the value calculated from the TPD 
of 7% Ru/NaY given in Table 13.1. The amount of adsorbed gas (pmol/g,,^;) calcu¬ 
lated from the calibration curve is close to the amount calculated from the hydrogen 
chemisorption experiment. This indicates that relatively the same amount of ruthe¬ 
nium was reduced in both methods. To define the isotopic partitioning effect over 
the supported Ru catalysts, three different approaches were followed as mentioned 
in the experimental section. The reason for the different experimental approaches 
was to mimic the studies presented earlier^^"^® in an attempt to better understand the 
inverse kinetic isotope effect (IKIE) observed during CO hydrogenation. The first 
approach, a 48 h equal H/D molar competitive reduction, showed a small, but mea¬ 
surable, isotopic partitioning preference for D on the ruthenium metal surface of the 
Ru/NaY catalyst. Several injections were made to ensure adequate reproducibility. 
As shown in Table 13.3, for approach 1, the standard deviation was very small for 
all the injections. 

Two other approaches were designed to parallel the change over from Hj to Dj 
and vice versa. Again, reduced Ru/NaY was used as a control in an attempt to learn 
if preferential partitioning occurred for the metal surface only. Once the ruthenium 
surface was completely covered with H or D atoms following a 44 h reduction at 
623 K, the 4 h reduction procedure with the equimolar mixture occurred. This 4 h 
reduction at 623 K with a 15 seem flow rate allowed for at least 24 reactor turnovers. 
Similar to the 50%/50% H 2 /D 2 mixture reduction, H 2 or D 2 prereduced Ru/NaY fol¬ 
lowed by exposure to the 50%/50% H 2 /D 2 mixture exhibited preferential partitioning 
for D, as shown in Table 13.2. However, when H 2 was used as the reducing gas prior 
to the 50/50% H 2 /D 2 mixture, the result was closer to unity, whereas when D 2 was 
used as the reducing gas prior to the 50%/50% H 2 /D 2 mixture, the result was further 
from unity. These findings suggest that some exchange with hydroxyl groups of the 
support occurs. 

Similar trends were observed for the case of 1% RU/AI 2 O 3 (Table 13.2). Our pre¬ 
vious work with cobalt and nickel catalysts did not display virtually any isotopic 
partitioning,^’-^* but the present study for the supported ruthenium catalysts reveal 
an isotopic partitioning effect in favor of D. To further confirm that the observed 
effect was correct, this approach was repeated two times over the 1 % RU/AI 2 O 3 to 
ensure the results were consistent, and as shown in Table 13.3, the values indicate 
an IKIE. Duplicating this approach confirmed the initial results, demonstrating 
reproducibility. 

Cobalt*’ and nickel** catalysts yielded no partitioning isotopic effect, whereas sup¬ 
ported ruthenium catalysts resulted in preferential partitioning isotopic effect on the 
surface ruthenium. This preference to a higher D* surface coverage was not contin¬ 
gent upon the reduction pretreatment utilized (i.e., H 2 , H 2 /D 2 , or D 2 ) prior to final 
treatment with the 50%/50% H 2 /D 2 mixture. As can be seen from the data in Tables 
13.2 and 13.3, all three approaches exhibited a greater amount of deuterium on the 
surface of the active ruthenium metal. The dependence of the RDS, termination by 
hydrogen, centers on the assumption that there are equivalent coverages of H and D 
on the surface. The current results indicate that preferential partitioning on the sur¬ 
face should be considered when a KIE study involving H 2 /D 2 switching is carried out. 
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13.4 CONCLUSIONS 

For all the three approaches studied, an isotopic preference for D was observed indi¬ 
cating that some H/D partitioning occurs for the hydrogen pool. The overall isotope 
effect is relatively minor but should be accounted for in assessing the IKIE that is 
obtained and reported during CO hydrogenation. Both Bell and Kellner^® and Yang 
et al.'^° have reported that a possible higher surface coverage of D could be a cause for 
the inverse kinetic isotopic effect observed for CO hydrogenation. 
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The effect of ammonia in syngas on the performance of two different supported 
cobalt catalysts (i.e., C 0 /AI 2 O 3 and Co/Si 02 ) was investigated during Fischer-Tropsch 
synthesis using a continuous stirred-tank reactor. In our earlier study^' using a Co/ 
alumina catalyst, ammonia exhibited a negative effect on CO conversion and a posi¬ 
tive effect on selectivity (i.e., lower methane and higher C 5 H- selectivities). In the 
current contribution, the effect on a Co/silica catalyst was studied under similar con¬ 
ditions as used previously for Co/alumina, and the addition of 10 ppmw (concentra¬ 
tion of ammonia with respect to the syngas feed) of ammonia resulted in signihcant 
irreversible deactivation of the catalyst. The addition of ammonia increased methane 
selectivity and decreased higher hydrocarbon selectivity compared to ammonia-free 
synthesis conditions for the silica-supported catalysts. During the ammonia expo¬ 
sure, the percentage of deactivation is higher in silica-supported catalysts than the 
alumina-supported catalyst. Addition of ammonia led to significant losses in BET 
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surface area and pore volume and formation of catalytically inactive cobalt-support 
compounds for the silica-supported catalysts, whereas for the alumina-supported 
catalyst tested, pore characteristics were not significantly changed and the formation 
of cobalt aluminates was not a significant problem. 

Keywords: Fischer-Tropsch synthesis. Effect of ammonia. Silica (SiOj) support, 
Supported cobalt catalysts. Deactivation, Product selectivity 

14.1 INTRODUCTION 

Fischer-Tropsch synthesis (FTS) is receiving renewed attention, driven by the global 
need to convert nonpetroleum-based energy resources into fuels and chemicals. FTS 
is a process used to produce hydrocarbons from syngas (a mixture of Hj and CO), 
which can be obtained from biomass, coal, and natural gas by the gasification of coal 
and/or biomass or steam reforming/partial oxidation of natural gas.'-^ This process 
is advantageous because liquid fuels produced are lower in sulfur compounds and 
heavy metals compared to those derived from crude oil and may be regarded as 
having a reduced environmental impact. To date, various metal catalysts have been 
investigated for use in FTS, and it is well known that Fe, Co, and Ru are active in this 
respect.^"* Considerable technical development has taken place in the FTS process 
in terms of improved reactors and the synthesis of efficient cobalt- or iron-based 
catalysts for industrial applications.^"'^ Because of high conversion per pass that can 
be achieved and a relatively low deactivation rate during FTS, cobalt catalysts are 
useful for synthesizing long-chain hydrocarbons.’ Cobalt-catalyzed FTS typically 
proceeds at 200°C-230°C, 20-40 bar, and a Hj/CO ratio of 1.6:2 on cobalt metal 
sites dispersed on the surface of a refractory oxide support. Two of the most impor¬ 
tant factors in determining the active cobalt surface site density that are relevant to 
FTS reaction are precursor reducibility and metal dispersion. 

Gasification and reforming are processes in which a carbon source (biomass, 
coal, petcoke, or natural gas) is converted to synthesis gas in the presence of oxygen 
and/or steam. This synthesis gas (or syngas) can then be converted to transportation 
fuels via FTS. Biomass-derived synthesis gas can contain both organic and inorganic 
impurities such as tars, benzene, toluene, xylene, NHj, HCN, HjS, COS, HCl, vola¬ 
tile metals, dust, and soot.'’ Coal, which originates from biomass, typically contains 
all of the same inorganic impurities as found in biomass.'’ Hence, technologies for 
the removal of these impurities have already been developed in connection with 
large-scale CTL plants. However, these plants normally operate with iron catalysts, 
while most BTL concepts to date are based on cobalt catalysts. Iron and cobalt cata¬ 
lysts share the sensitivity toward some, but not all, of the impurities commonly found 
in coal- and biomass-derived synthesis gas. 

Pansare et al.'^' investigated the effect of low concentrations of HjS in the synthesis 
gas on a cobalt catalyst. During experiments lasting ~150 h, they did not find any 
detectable deactivation if the synthesis gas contained 50 ppbv HjS, while higher con¬ 
centrations (<300 ppbv) caused significant and irreversible deactivation. Similar find¬ 
ings were observed in our earlier study'’: very low levels of sulfur (250 ppb or less) 
may increase the CO conversion level, sulfur levels between 250 ppb and 438 ppb did 
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not exhibit a poisoning effect, and irreversible deactivation occurred at high concen¬ 
trations (above 500 ppb). The amount of information on the effect of impurities such 
as NH 3 and HCN in the open literature is very limited and unclear; some research¬ 
ers have reported no effect,while others have reported an immediate impact'®"^' 
on catalytic activity. Claeys et al.^'’ reported that cofeeding of up to 25% NHj in 
the synthesis gas did not affect FTS activity, and similar findings were observed by 
Borg et al.'’ with 4.2 ppmv of ammonia. Poisoning of cobalt-based FTS catalysts by 
means of nitrogen-containing compounds like NH 3 and HCN has been previously 
published.^"'^ In one study, cobalt catalysts rapidly but reversibly deactivated by HCN 
and NH 3 .'* Syntroleum workers showed that cobalt catalysts can be deactivated by 
as much as 16%-38%, depending on the type and level of N-containing poison.^® An 
Exxon patent^^ claims that a combined concentration of 100 ppb of NH 3 and HCN 
in synthesis gas will result in a catalyst half-life of only 4 days for supported cobalt 
catalysts in a slurry reactor. However, the patent also indicates that the catalyst can be 
rejuvenated by hydrogen treatment to restore the initial activity. More recent work has 
found that the effect of NH 3 on cobalt catalysts is quantitatively similar to that of HjS 
and that the activity was not recovered after removing ammonia from the feed gas.^® 
In the same study, Robota et alP found no effect of ammonia (6 ppm) on the activity 
of iron catalysts. In addition, some cobalt catalysts seem to be very sensitive toward 
NH 3 and HCN impurities. This presents interesting challenges when determining 
sensitivity levels and synthesis gas cleaning requirements. 

In our earlier work,^' we studied the effect of ammonia over a Pt-Co/alumina 
catalyst, which exhibited a negative effect on CO conversion and a positive effect 
on selectivity (i.e., lower methane and higher Cj-t). In the present study, an effort 
was made to investigate the effect of ammonia (10 ppmw) on silica-supported cobalt 
catalysts. The effect of cofed ammonia on CO conversion and product selectivity 
(methane and Cj-t) was compared with the alumina-supported cobalt catalyst. 


14.2 EXPERIMENTAL 
14.2.1 Catalyst Preparation 

Catalox-150 alumina (high purity y-alumina, 150 m^/g) was used as the support for 
the cobalt catalyst. The catalyst was prepared by a slurry impregnation method, and 
cobalt nitrate was the precursor. In this method, which follows a Sasol patent,^'* the 
ratio of the volume of solution used to the weight of alumina was 1 : 1 , such that the 
volume of solution was approximately 2.5 times the pore volume of the catalyst. 
Two impregnation steps were used, each to load 12.5% of Co by weight. Between 
each step, the catalyst was dried under vacuum in a rotary evaporator at 60°C, and 
then the temperature was slowly increased to 100°C. After the second impregnation/ 
drying step, the catalyst was calcined under air flow at 350°C. The promoter was 
added by incipient wetness impregnation (IWI), and the precursor utilized for noble 
metal addition was tetraammineplatinum (II) nitrate. After Pt addition, the sample 
was dried and calcined again at the same conditions as used previously. 

PQ silica CS-2133 was also used as a support for cobalt catalysts in FTS. An IWI 
method was chosen to load cobalt nitrate (cobalt nitrate hexahydrate, Co(N 03 ) 2 - 6 H 20 , 
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Sigma-Aldrich, 99.95%) to the support. To obtain a cobalt loading of 20 wt.%, multi¬ 
ple impregnation steps were applied, due to the limited solubility of the cobalt nitrate 
salt. Following cobalt addition, the resulting slurry was dried at 80°C-100°C in a 
rotary evaporator following each impregnation step. The solid obtained was dried at 
120°C overnight and calcined at 350°C under flowing air for 4 h. 

For the case of the Pt-promoted catalyst (0.5%Pt-20%Co/SiO2), aqueous IWI was 
utilized to add cobalt nitrate to the support. Following cobalt addition, the catalyst 
was dried at 80°C and 100°C in a rotary evaporator following each impregnation 
step. IWI was then also utilized to add tetraammineplatinum (II) nitrate, and the 
catalyst was redried. The catalyst was calcined in air for 4 h at 350°C. 

14.2.2 Catalyst Characterization 

To characterize the ammonia-exposed catalysts, the end-of-run catalyst along with 
wax was transferred to an air-free environment (inert chamber); moreover, the typical 
Soxhlet extraction procedure was avoided. Instead, the catalyst sample was diluted 
with hot ortho-xylene to remove the high-molecular-weight FT wax fractions. It was 
not possible to completely remove the FT wax from the catalyst particles by this 
method. However, the remaining wax acts as a protective barrier for the air-sensitive 
catalyst particles. Extracted catalyst was treated mildly with 1%02/N2 at 200°C for 
2 h to remove the wax product formed from FTS, prior to characterization of poros¬ 
ity as well as temperature-programmed reduction (TPR) measurements. 

14.2.2.1 BET Surface Area and Porosity Measurements 

BET surface area and porosity measurements of the calcined, reduced, and used 
alumina- and silica-supported cobalt catalysts were conducted using a Micromeritics 
3-Elex. Before performing the test, the temperature was gradually ramped to 160°C, 
and the sample was evacuated for at least 12 h to approximately 50 mTorr. BET 
surface area, pore volume, and average pore radius were obtained for each sample. 
Ereshly calcined sample is treated as “fresh,” ammonia-exposed catalyst treated with 
1%02/N2 at 200°C for 2 h is noted as “used,” and freshly calcined and reduced at 
350°C/12 h is noted as “reduced fresh,” and finally ammonia-exposed catalyst treated 
with 1%02/N2 at 200°C for 2 h then reduced at 350°C/12 h is noted as “reduced used.” 

14.2.2.2 Temperature-Programmed Reduction 

TPR profiles of calcined, reduced, and used catalysts were recorded using a Zeton- 
Altamira AMI-200 unit equipped with a thermal conductivity detector (TCD). 
Samples were pretreated by purging with flowing argon at 350°C to remove traces 
of water. The TPR was performed using a 10% H 2 /Ar gas mixture and referenced to 
argon at a flow rate of 30 cm^/min. Calcined and used catalyst samples were heated 
from 50°C to 1000°C, and reduced samples were heated from 350°C to 1000°C 
using a heating ramp of 10°C/min. 

14.2.2.3 Hydrogen Chemisorption and Pulse Reoxidation 

Hydrogen chemisorption was conducted using temperature-programmed desorption 
(TPD), also measured using the Zeton Altamira AMI-200 instrument. The sample 
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weight was typically -0.22 g. Catalysts were activated in a flow of 10 cmVmin of Hj 
mixed with 20 cmVmin of argon at 350°C for 12 h and then cooled under flowing Hj 
to 100°C. The sample was held at 100°C under flowing argon to remove and/or pre¬ 
vent adsorption of weakly bound species prior to increasing the temperature slowly to 
350°C, the reduction temperature of the catalyst. The catalyst was held under flowing 
argon to desorb remaining chemisorbed hydrogen until the TCD signal returned to 
baseline. The TPD spectrum was integrated and the number of moles of desorbed 
hydrogen determined by comparing its area to the areas of calibrated hydrogen 
pulses. The loop volume was first determined by establishing a calibration curve with 
syringe injections of hydrogen in helium flow. Dispersion calculations were based on 
the assumption of a 1:1 H/Co stoichiometric ratio and a spherical cobalt cluster mor¬ 
phology. After TPD of hydrogen, the sample was reoxidized at 350°C using pulses 
of oxygen. The percentage of reduction was calculated by assuming that the metal 
reoxidized to C 03 O 4 . Further details of the procedures are provided elsewhere.^^ 

14.2.3 Catalytic Activity Testing 

The FTS experiments were conducted using a 1 L continuous stirred-tank reactor 
(CSTR) equipped with a magnetically driven stirrer with turbine impeller, a gas inlet 
line, and a vapor outlet line with a stainless steel (SS) fritted filter (2 pm) placed 
external to the reactor. A tube fitted with a SS fritted filter (0.5 pm opening) extend¬ 
ing below the liquid level of the reactor was used to withdraw reactor wax (i.e., 
rewax, which is solid at room temperature), thereby maintaining a relatively constant 
liquid level in the reactor. Separate mass flow controllers were used to control the 
flow rates of hydrogen and carbon monoxide. Carbon monoxide, prior to use, was 
passed through a vessel containing lead oxide on alumina to remove traces of iron 
carbonyls. The gases were premixed in an equalization vessel and fed to the CSTR 
below the stirrer, which was operated at 750 rpm. The reactor temperature was main¬ 
tained constant (±1°C) using a temperature controller. 

The catalyst (~12.0 g) was ground and sieved to 45-100 pm before loading into 
a fixed-bed reactor for 12 h of ex situ reduction at 350°C and atmospheric pressure 
using a gas mixture of Hj/He (60 NL/h) with a molar ratio of 1:3. The reduced cata¬ 
lyst (-10.0 g) was transferred to a 1 L CSTR containing 310 g of melted Polywax 
3000, under the protection of inert nitrogen gas. The transferred catalyst was further 
reduced in situ at 230°C at atmospheric pressure using pure hydrogen (20 NL/h) 
for another 24 h before starting the FTS reaction. A Teledyne ISCO Model 500 D 
syringe pump with Series-D pump controller was used to add water and ammonium 
hydroxide to the reactor. In this study, the FTS conditions used were 220°C, 1.9 MPa, 
H 2 /C 0 = 2, and a stirrer speed of 750 rpm. 

Gas, water, oil, light wax, and heavy wax samples were collected daily and ana¬ 
lyzed. Heavy wax samples were collected in a 200°C hot trap connected to the filter. 
The vapor phase in the region above the reactor slurry passed continuously to the 
warm (100°C) and then the cold (0°C) traps located external to the reactor. The light 
wax and water mixture were collected daily from the warm trap and an oil plus 
water sample from the cold trap. Tail gas from the cold trap was analyzed with an 
online HP Quad Series Micro GC, providing molar compositions of Cj-C, olefins 
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and paraffins, as well as Hj, CO, and CO 2 . Hydrogen and carbon monoxide conver¬ 
sions were calculated based on GC analysis of the gas products, the gas feed rate, and 
the gas flow that was measured at the outlet of the reactor. 

14.3 RESULTS AND DISCUSSION 

The results of surface area and porosity data as measured by N 2 physisorption at 
77 K are shown in Table 14.1. Catalox-150 Y-AI 2 O 3 was used as a catalyst support, 
and its specific BET surface area was 149.3 m^/g. Because the analysis was taken 
for calcined catalysts, C 03 O 4 was deemed to be a major cobalt oxide compound in 
this catalyst.^® By weight, 33 . 3 %Co 304 was calculated by assuming 25 wt.% Co 
metals in Co/AljOj catalyst were completely converted to C 03 O 4 after calcination. 
Thus, if AI 2 O 3 is the only contributor to the area, then the area of 25 %Co/Al 203 
catalysts should be 149.3x0.667 = 99.6 mVg, which is very close to the measured 
value of 96.5 mVg, which is even after the impregnation of 0.5% Pt promoter. In 
the case of the PQ Si 02 -supported cobalt catalysts, the anticipated areas were 
0.73x365 = 267 mVg for 20 %Co/SiO 2 , which is close to the measured value of 
269 mVg. For the 0 . 5 %Pt- 20 %Co/SiO 2 catalyst, the surface area was found to be 
238 m^/g; thus, the results of this catalyst indicate that some pore blocking occurred, 
because the values were somewhat lower than expected. 

Hydrogen chemisorption and pulse reoxidation results of alumina- and silica- 
supported cobalt catalysts are presented in Table 14.2. Chemisorption results indicate 
that the reduction degree of Pt-promoted Co supported on the Y-AI 2 O 3 was 60% and 
Co size was found to be 10.8 nm. For the PQ SiOj-supported catalysts, the 0.5%Pt- 
20% Co/Si 02 resulted in relatively similar Co reduction degree and a smaller average 
Co cluster size compared with the 20 %Co/SiO 2 catalyst (44.5 vs. 60.4 nm, respec¬ 
tively). In all cases, with Si 02 -supported Co catalysts, in spite of higher surface areas, 
larger Co clusters were formed with higher extents of Co reduction upon activation in 
H 2 relative to the AI 2 O 3 -supported Co catalysts. This indicates that, despite the much 
higher surface area of the silica support, it was the weaker interaction between the 
Si 02 support and the Co oxides that led to the formation of larger Co clusters exhibit¬ 
ing reduction behavior that was closer to bulk-like C 03 O 4 reduction (i.e., more facile 
reduction). Conversely, it was the stronger interaction between the AI 2 O 3 support and 
the Co oxide species that led to a higher fraction of the cobalt remaining unreduced 
after activation (i.e., less facile reduction) but, more importantly, to the stabilization 
of much smaller Co clusters. By comparing the H 2 TPD data, which represent a direct 
correlation with the active site densities, it is evident that the gains in active site densi¬ 
ties by the smaller cobalt clusters on C 0 /AI 2 O 3 catalysts outweighed the losses from 
the lower extents of reduction, in comparison with the Co/Si 02 catalysts. This should 
dispel the notion that catalysts with greater ease of reduction should automatically be 
preferable to those having lower extents of reduction, since one must also carefully 
consider, perhaps even more so, the resulting average Co cluster size. 

In our earlier work,^' we studied the effect of ammonia during FTS over a plat¬ 
inum-promoted cobalt/alumina catalyst by cofeeding different concentrations of 
ammonia ( 1 , 10 , 100 , and 1200 ppmw, concentration of ammonia with respect to the 
synthesis gas feed) added to the feed gas. The initial partial pressures of the inlet 
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TABLE 14.1 

BET Surface Area and Pore Size Distribution Results of the 
Supports and Supported Eresh and Used® Cobalt Catalysts 



BET Surface 

Pore Volume (Single 

Average Pore 

Catalyst 

Area (m^/g) 

Point) (cm^/g) 

Radius (nm) 

7 -AI 2 O 3 

(Catalox sba 150) 

149 

0.49 

6.9 

Fresh 

0.5%Pt-25%Co/Al2O3 

96.5 

0.22 

4.7 

Fresh 

0.5%Pt-25%Co/Al2O3 

Reduced/passivated 

106 

0.25 

4.7 

Used 

0.5%Pt-25%Co/Al2O3 

1 treated at 200°C/2 h 

91.2 

0.20 

4.5 

Used 

0.5%Pt-25%Co/Al2O3 

Reduced/passivated 

105 

0.26 

5.1 

SiOj 

(PQ-CS2133) 

365 

2.44 

14 

20% Co/Si02 

269 

0.89 

6.1 

Fresh 

0.5%Pt-20%Co/SiO2 

238 

0.80 

6.8 

Fresh 

0.5%Pt-20%Co/SiO2 

Reduced/passivated 

254 

0.91 

7.2 

Used 

0.5%Pt-20%Co/SiO2 

1 %02/N2 treated at 200°C/2 h 

165 

0.68 

8.3 

Used 

0.5%Pt-20%Co/SiO2 

Reduced/passivated 

198 

0.80 

8.1 


Used means following the Fischer-Tropsch synthesis reaction of ammonia-exposed 
catalysts. 


hydrogen and carbon monoxide were kept constant. After attaining a steady-state 
CO conversion, water was first introduced (1 mL/h) for a period of 3-4 days, before 
adding the ammonia to the reactor. After reaching a stable CO conversion with water 
addition, 10 ppm of ammonia (1 mL/h water containing NH 4 OH) was cofed with the 
syngas stream. The effect of ammonium hydroxide (10 ppm) on CO conversion for 
Pt-Co/Al 203 catalyst is shown in Figure 14.1. The addition of 10 ppm NH 4 OH led to 
a significant drop in CO conversion during the first day, and after that, CO conver¬ 
sion was almost constant with further addition of ammonium hydroxide (i.e., a step 
decrease in catalytic activity). After ammonium hydroxide addition was stopped, CO 
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TABLE 14.2 

Hydrogen Chemisorption Results of the Supported Cobalt Catalysts 


Catalyst 

Desorbed 

(pmol/g„,) 

O 2 Uptake 
(pmol/g„,) 

Corrected 

Dispersion 

(%) 

Corrected 

Diameter 

(nm) 

Reduction' 

(%) 

0.5%Pt-25%Co/Al2O3 

125 

1700 

9.6 

10.8 

60.1 

20%Co/SiO2 

21.2 

1644 

1.7 

60.4 

76.0 

0.5%Pt-20%Co/SiO2 

28.7 

1618 

2.3 

44.5 

71.5 


Hydrogen reduction at 350°C/12 h. 



Time onstream (h) 


FIGURE 14.1 The effect of 10 ppm ammonia (NH 4 OH) addition on CO conversion for the 
alumina-supported cobalt catalyst (T = 220°C, P= 1.9 MPa, H 2 /CO = 2, SV = 5 SL/g,, 3 ,;j[yst/h). 


conversion remained at the lower level even after over 100 h of ammonium hydrox¬ 
ide-free operation. Figure 14.2 shows the effect of 10 ppm NH4OH on methane and 
Cj-t- selectivities of a Pt-Co/Al 203 catalyst. Methane and C5-1- selectivities were found 
to be similar before and after the addition of NH4OH. In general, for the cobalt cata¬ 
lyst, with decreasing CO conversion, methane selectivity increases and 053 - selec¬ 
tivity diminishes.However, these results show that there is no significant change 
in selectivity even after a decrease in CO conversion caused by ammonia addition. 
Taking into account the CO conversion effect, the results suggest a beneficial effect 
on selectivity. Similarly, in another experiment after attaining the steady-state con¬ 
version, dry ammonia (NH3 gas) instead of NH4OH was cofed with the syngas. NH 3 
gas addition also resulted in a step decrease in CO conversion during the first day, 
and after that, there was no further step change in activity with further addition. 
Thus, dry ammonia (NH3 gas) addition had virtually the same effect on activity and 
product selectivity as NH4OH addition.^' 
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FIGURE 14.2 The effect of 10 ppm ammonia (NH 4 OH) addition on product selectiv¬ 
ity for the alumina-supported cohalt catalyst (T = 220°C, P= 1.9 MPa, H 2 /CO = 2, SV = 5 

SL/gcatalystf h). 



Time onstream (h) 


FIGURE 14.3 The effect of 10 ppm ammonia (NH 4 OH) addition on CO conversion for the 
silica-supported cohalt catalyst (T = 220°C, P= 1.9 MPa, H 2 /CO = 2, SV = 3 SL/gaa,aiys/h)- 

Similar to the Pt-Co/alumina catalyst, the effect of ammonia (10 ppm NH4OH) 
was investigated over 20%Co/SiO2 and 0.5%Pt-20%Co/SiO2 catalysts. After attain¬ 
ing a stable CO conversion with water addition, 10 ppm of ammonia (1 mL/h water 
containing NH4OH) was cofed with the syngas stream. The effect of ammonium 
hydroxide (10 ppm) on CO conversion for the 20%Co/SiO2 catalyst is shown in 
Figure 14.3. The addition of 10 ppm NH4OH led to a significant drop in CO con¬ 
version during the first day, and after that, CO conversion slightly decreased with 
further addition of ammonium hydroxide. A step decrease in catalytic activity was 
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FIGURE 14.4 The effect of 10 ppm ammonia (NH 4 OH) addition on product selectivity for 
the silica-supported cobalt catalyst (T = 220°C, P = 1.9 MPa, Hj/CO = 2, SV = 3 SL/g,, 3 ,j,,j,j,/h). 


observed similar to the Co/alumina catalyst. After the termination of ammonium 
hydroxide addition from the syngas, no significant improvement in CO conversion 
was observed even after over 100 h of ammonium hydroxide-free operation. After 
100 h of the ammonium hydroxide-free condition, again 10 ppm of NH4OH was 
cofed with the syngas stream, and CO conversion slightly decreased with the addi¬ 
tion of ammonium hydroxide; however, there was not a step decrease in activity that 
was as large, as shown in Figure 14.3. The effect of 10 ppm NH4OH on methane 
and CjH- selectivities of a 20 %Co/SiO 2 catalyst is shown in Figure 14.4. The addi¬ 
tion of ammonia increased the methane selectivity and decreased the CjH- selectiv¬ 
ity, whereas for the Pt-Co/alumina catalyst, methane and 05 - 1 - selectivities remained 
virtually unchanged after the addition of ammonia. These results indicate that the 
cobalt in the silica-supported catalyst might be undergoing cobalt-support compound 
formation with exposure to ammonia. 

The effect of ammonia over the 0 . 5 %Pt- 20 %Co/SiO 2 catalyst was investigated 
to find out if the Pt promoter had any favorable impact on catalyst performance 
parameters. The effect of ammonia (10 ppm NH4OH) on CO conversion and product 
selectivities are reported in Figures 14.5 and 14.6, respectively. The Pt-promoted 
silica-supported cobalt catalyst also exhibited the same activity (step decrease in CO 
conversion) and product selectivity (increase in methane and decrease in Cj-t) trends 
as the unpromoted catalyst. These findings indicate that the Pt promoter has no ben¬ 
eficial effect on either CO conversion or product selectivity. The Anderson-Schultz- 
Flory model is a common model used to describe the chain growth mechanism in 
FTS and was developed based on Flory’s pioneering studies on the fundamental 
nature of polymerization. Chain growth probability (a) values are reported in Table 
14.3 for the alumina- and silica-supported catalysts with and without the addition of 
ammonia. For the Pt-Co/alumina catalyst, at baseline conditions (prior to ammonia 
addition), the a value was found to be 0 . 88 , and after the addition of 10 ppm ammonia. 
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FIGURE 14.5 The effect of 10 ppm ammonia (NH 4 OH) addition on CO conversion for the 
0 .5%Pt-20%Co/SiO2 catalyst (T = 220'’C, P= 1.9 MPa, H 2 /CO = 2, SV = 3 SL/g,„,iy,t/h). 



FIGURE 14.6 The effect of 10 ppm ammonia (NH 4 OH) addition on product selectivity for 
the 0.5%Pt-20%Co/SiO2 catalyst (T = 220°C, P= 1.9 MPa, H 2 /CO = 2, SV = 3 SL/g.^.iy./h). 

it increased to 0.93. Thus, the addition of ammonia to an alumina-supported catalyst 
resulted in a significant increase in the chain growth probability factor for FTS. 
For the Co/Si02 and Pt-Co/Si02 catalysts, before and after the addition of 10 ppm 
ammonia addition, the a values did not change significantly. The relative CO conver¬ 
sions for the cobalt catalysts at 10 ppm of ammonia relative to the preexposure condi¬ 
tions are shown in Figure 14.7. Ammonia exposure causes greater deactivation for 
the silica-supported catalysts than the alumina-supported catalyst. The Pt-promoted 
silica-supported catalyst was more sensitive to deactivation than the unpromoted sil¬ 
ica-supported catalyst at a similar concentration of ammonia. The effect of ammonia 
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TABLE 14.3 

Chain Growth Probability (a) Values for Various Supported Cobalt 
Catalyst with and without Ammonia Addition 


Catalyst 

Ammonia Concentration (ppmw) 

chain Growth Probability (a) 

0.5%Pt-25%Co/Al2O3 

0 

0.88 


10 

0.93 

20%Co/SiO2 

0 

0.89 


10 

0.90 

0.5%Pt-20%Co/SiO2 

0 

0.91 


10 

0.92 



Number of days of ammonia exposure 

FIGURE 14.7 Effect of NH3 addition on relative CO conversion, related to the preexposure 
conditions. 

addition on the CO 2 selectivity for the alumina- and silica-supported cobalt catalysts 
is shown in Figure 14.8. The increase in CO 2 selectivity after exposure to ammonia 
is higher for the silica-supported catalysts than the alumina-supported catalyst. This 
confirms that some surface cobalt was reoxidized to form cobalt oxide or some other 
form of cobalt (e.g., cobalt-support compound), which was active for the water-gas 
shift (WGS) reaction.^’ CO 2 selectivity of the Pt-promoted catalyst was higher than 
the unpromoted silica-supported Co catalyst, which further conhrms that a greater 
degree of deactivation leads to higher WGS activity. 

To understand the reason for the faster deactivation rate of the silica-supported 
catalyst as compared to the alumina-supported catalyst, ammonia-exposed catalysts 
were characterized by TPR and porosity measurements. BET surface area and poros¬ 
ity results of the reduced and used catalysts of silica- and alumina-supported cata¬ 
lysts are presented in Table 14.1. The BET surface area, pore volume, and average 
pore radius of the calcined 0.5%Pt-20%Co/SiO2 catalyst are 238 mVg, 0.8 mL/g, and 
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FIGURE 14.8 Effect of ammonia addition on CO2 selectivity for silica- and alumina- 
supported cobalt catalysts. 


6.8 nm, respectively, while the catalyst after exposure to ammonia lost 30% of its BET 
surface area and 15% of its pore volume, with an increase of 22% in pore radius from 
its original value; the latter value reflects the losses of narrower pores perhaps due 
to pore collapse. The BET surface area, pore volume, and average pore radius of the 
freshly calcined alumina catalyst are 96.5 m^/g, 0.22 mL/g, and 4.7 nm, respectively, 
and after exposure to ammonia, the catalyst lost only 5% of its BET surface area and 
7% of its pore volume, with pore radius decreasing by 5% of its original value. The 
losses in surface area, pore volume, and pore radius are within the experimental error 
of ±5%. Reduced samples showed higher surface areas than the corresponding fresh 
and used supported (alumina and silica) cobalt catalysts, as expected. 

TPR profiles of reduced and ammonia-exposed, alumina- and silica-supported 
catalysts are shown in Eigures 14.9 and 14.10, respectively. The TPR profile of the 
calcined alumina-supported cobalt catalyst shows two reduction peaks (170°C and 
430°C), which can be attributed to the reduction of cobalt oxides, C 03 O 4 ^ CoO 
and CoO ^ Co”, respectively.^^'^* The TPR prohle of the used catalyst also dis¬ 
plays two peaks. Before measuring the TPR, the catalyst underwent a mild treatment 
at 200°C under 1 % 02 /N 2 to remove the wax product formed from ETS. The peak 
at 270°C corresponds to the reduction of surface oxide species, and the other peak at 
440°C is similar to the peak observed for the calcined catalyst, whereas no other 
peaks were observed at higher temperature. The TPR profile of the calcined sil¬ 
ica-supported cobalt catalyst also displays two reduction peaks (120°C and 320°C), 
which can be attributed to the reduction of cobalt oxides, C 03 O 4 ^ CoO and CoO ^ 
Co®, respectively.^^'^* The TPR prohle of the used catalyst shows three peaks. Before 
measuring the TPR, the catalyst underwent a mild treatment at 200°C under 1 % 02 / 
N 2 to remove the wax product formed from ETS. A small peak at 120°C is similar 
to the peak observed for the calcined catalyst, and two higher-temperature peaks 
(one at 500°C and another one at 750°C) were observed. The higher-temperature 
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FIGURE 14.9 Temperature-programmed reduction profiles of 0.5%Pt-25%Co/Al2O3 cata¬ 
lyst. (Green, freshly calcined; red, freshly reduced; blue, used; black, used reduced). 



Temperature (°C) 


FIGURE 14.10 Temperature-programmed reduction profiles of 0.5%Pt-20%Co/SiO2 cata¬ 
lyst. (Green, freshly calcined; red, freshly reduced; blue, used; black, used reduced). 


peaks (above 450°C) likely correspond to the reduction of cobalt-support species 
(cobalt silicates) formed during ammonia exposure, consistent with the changes in 
surface area and porosity characteristics. Freshly reduced catalysts of the alumina- 
and silica-supported cobalt catalysts did not exhibit any major peaks related to the 
formation of cobalt-support compounds. The ammonia-exposed (used) reduced 
alumina-supported cobalt catalyst showed a small broad peak at 500°C, whereas 
the ammonia-exposed (used) reduced silica-supported cobalt catalyst displays two 
higher-temperature peaks similar to the used catalyst. The only difference for the 
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used and used/reduced silica-supported cobalt catalysts is that the intensity of the 
peak at 500°C is decreased (i.e., due to the reduction at 350°C for 12 h). The forma¬ 
tion of cobalt-support compounds by cofeeding ammonia was not obvious in the case 
of the alumina-supported cohalt catalyst; on the other hand, cohalt-support com¬ 
pound formation was detected in the case of the silica-supported cobalt catalyst and 
appears to be the result of the collapse of narrow pores after exposure to ammonia. 

For the Pt-Co/AljOj catalyst, the addition of ammonia causes a decrease in CO 
conversion. A decrease in conversion is typically accompanied by an increase in 
methane and a decrease in Cj-t- selectivity. Because selectivities did not change when 
ammonia addition caused a drop in CO conversion, the results indicate a benefit in 
selectivity with ammonia addition. This may be explained by ammonia molecules 
adsorbing on exposed cobalt surface sites of an operating catalyst in competition with 
hydrogen and CO, thus changing the selectivity by the adsorption of ammonia mol¬ 
ecules on metal sites that normally adsorb hydrogen, creating a relatively hydrogen- 
poor surface. For the silica-supported cohalt catalysts, CO conversion decreased (step 
decrease), while selectivity for methane increased and C5-1- selectivity decreased. The 
results indicate that a fraction of Co particles in the silica-supported Co catalysts 
underwent oxidation with exposure to ammonia, which supports the activity and selec¬ 
tivity trends (increase in methane and COj and decrease in Cj-t). Thermodynamically, 
the oxidation of bulk phase metallic cobalt to CoO or C 03 O 4 should not be possible 
under FTS conditions.® Pore size and TPR measurements of the ammonia-exposed 
catalyst reveal that for the silica-supported catalysts, ammonia addition leads to sig¬ 
nificant losses in BET surface area and pore volume as well as formation of cata- 
lytically inactive cobalt-support compounds for the silica-supported catalysts. For the 
alumina-supported catalyst, the formation of cohalt aluminates was not a significant 
problem for the catalysts tested, hut losses of -5% BET surface area and pore volume 
were observed, which are within experimental error. The Bartholomew group^'’ also 
reported that a very low deactivation was observed at low conversion (low water par¬ 
tial pressures), whereas a rapid deactivation rate was observed at high conversions 
(high water partial pressures) over silica-supported cobalt catalysts. Higher deactiva¬ 
tion rates (high water partial pressures [~5 bar]) were explained by a significant loss 
in BET surface area as well as formation of catalytically inactive cobalt silicates. 
In the present study, at around similar water partial pressures (~4.5 bar), significant 
deactivation was not observed until the addition of ammonia. 

14.4 CONCLUSIONS 

The effect of ammonia- over silica-supported cobalt catalysts was investigated dur¬ 
ing ETS. The addition of ammonia had a similar effect on CO conversion (i.e., step 
decrease) for the alumina- and silica-supported catalysts. After taking into account 
the conversion effect on selectivity, results for the alumina-supported cobalt catalysts 
suggest that, ammonia addition had a beneficial effect on product selectivity. On 
the other hand, ammonia addition had a negative effect on product selectivity (i.e., 
higher methane and lower CjH- selectivities) for the silica-supported cobalt catalyst. 
The effect on the alumina catalyst was explained by adsorbing ammonia molecules 
on exposed cobalt surface sites of an operating catalyst in competition with hydrogen 
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and CO. Thus, the selectivity was changed by the adsorption of ammonia molecules 
on metal sites that normally adsorb hydrogen, creating a relatively hydrogen-poor 
surface. Ammonia exposure caused greater deactivation with the silica-supported 
catalysts than the alumina-supported catalyst tested in this work, and this was attrib¬ 
uted to the formation of cobalt-support compounds due to the collapse of narrow 
pores, resulting in losses in BET surface area and pore volume. 
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In the present investigation, the novel one-pot synthesis approach has been employed 
to synthesize large-pore ordered mesoporous carbon (OMC) support using Pluronic 
F127 as the starting template. A series of OMC- and multiwalled carbon nano¬ 
tube (MWCNT)-supported catalysts composed of 9% K, 4.5% Co, 15% Mo, and 
1.5 wt.% Rh metal species were then prepared and evaluated at similar catalytic 
reaction conditions for the conversion of syngas to higher alcohols. The catalysts 
were thoroughly characterized by Nj adsorption analysis, XRD, Raman spectros¬ 
copy, and SEM and TEM techniques. Results from SEM images evidenced that the 
MWCNT material is composed of arrays of interwoven nanotubules, whereas the 
OMC exhibited a composite of aggregated nanoparticles. Nonetheless, TEM and 
Nj adsorption-desorption isotherms confirmed the presence of high mesoporosity 
in both materials. At this similar metal loading, CO hydrogenation experiments 
conducted at temperatures of 300°C-340°C, pressure 8.3 MPa, gas hourly space 
velocity (GHSV) of 3600 mL (STP)/h and an Hj/CO ratio of 1.25 revealed a 
superior alcohol productivity over the MWCNT-supported catalyst as compared to 
its OMC counterpart, probably due to the differences in their pore structure and 
morphology. Though the OMC-supported KCoMoRh catalyst showed overall better 
textural properties, the MWCNT-supported catalyst showed the maximum (38.4%) 
total amount of higher alcohol produced as compared to its OMC counterpart 
(36.5%). That notwithstanding, the apparent activation energies (E^,) of the OMC- 
and MWCNT-supported catalysts were calculated as 76.2 and 66.4 kJ/mol, respec¬ 
tively, which is quite dissimilar, suggesting that at this metal loading, the supports 
might have affected the major reaction pathway for the CO hydrogenation reaction 
for higher alcohol synthesis. 

Keywords: Syngas, CO hydrogenation, MWCNT, OMC, Higher alcohols, MoSj 
catalyst. 


15.1 INTRODUCTION 

Catalytic conversion of synthesis gas (mainly, CO -i- Hj) to higher alcohols via the 
Fischer-Tropsch synthesis process has garnered interest regarding the production 
of environmentally benign octane boosters and alternative fuels to supplement the 
diminishing supply of our finite fossil fuel reserves. Ethanol and other higher alco¬ 
hols (CjJ promise immense potential to replace other additives as octane boosters 
in automotive fuels. Beneficial incentives derived from the use of these alcohols as 
alternative fuels or alternative fuel components in transportation systems include 
the reduction of greenhouse gas emissions, reduction of toxic emissions, and also 
the improvement of the overall energy efficiency of internal combustion engines 
[1]. Unlike gasoline and diesel fuels, higher alcohols could be consider as renew¬ 
able resource if the syngas feedstock is derived from renewable sources such as bio¬ 
mass gasification. In addition, higher alcohols contain oxygen components that allow 
gasoline-blended fuel products to combust more completely, thereby increasing the 
combustion efficiency and reducing air pollution. Gasoline blends with 10% ethanol 
(ElO) are commercially available at gasoline pump stations in the United States and 
Canada [2]. Meanwhile, pilot tests with 85% ethanol (E85) have proven successful 
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in some parts of South America (e.g., Brazil) [3]. In this regard, in order to improve 
product selectivity and activity, the catalyst metals and supports used for this reac¬ 
tion play a vital role [4]. 

In heterogeneous catalytic hydrogenation reactions, where metal precursors dis¬ 
persed on a porous support serves as catalyst, the support plays a crucial role due 
to the probable hydrogen spillover effect [5,6]. The atomic hydrogen forming as a 
result of dissociative adsorption on the metal migrates onto the support (hydrogen 
spillover), making the chemical reaction proceeds not only on the metal surface but 
also on the support [6]. In general terms, the support acts to (1) stabilize the active 
species and promoters, (2) promote hydrogen or oxygen donation or exchange, and 
(3) modify the dispersion, reducibility, and electron-donating or electron-accepting 
effects of metal particles [7], among others. That notwithstanding, in the CO hydro¬ 
genation reaction catalysis, interaction of the support and active metal components 
can significantly alter selectivity to ethanol and higher alcohols. For instance, over 
the unsupported Mo-based catalysts, Saito et al. [8] observed that molybdenum spe¬ 
cies existed in a much reduced state, whereby the activity of the catalyst is found to 
be high on Mo species with lower oxidation state, causing the catalyst to be more 
selective toward hydrocarbon production. Murchison et al. [9] investigated both alu¬ 
mina and activated carbon-supported MoSj catalyst for higher alcohol synthesis and 
found the latter catalyst to be superior for the CO hydrogenation reaction, showing 
alcohol selectivity of about six times that of the former catalyst. 

Nevertheless, due to the nature of their surface acidity, metal oxide supports 
such as SiOj and AljOj tend to favor hydrocarbons formation by suppressing the 
reaction rate of alcohols, thus resulting in accelerated catalyst deactivation via coke 
deposition [10]. The influence of different supports (SiOj, AljOj, AC, CeOj) on 
reduced and sulfided Mo-based catalysts for the hydrogenation of CO was investi¬ 
gated by Concha et al. [11]. These authors reported minimum hydrocarbon selectiv¬ 
ity on AC-supported catalyst in comparison to the other support systems studied. 
Furthermore, Iranmahboob et al. [12] concluded that linear alcohols are mainly 
observed on the AC-supported KjCOj/CoS/MoSj catalyst for syngas conversion to 
alcohols. Also, Surisetty et al. [13] investigated the influence of different textural 
properties of activated carbon-supported potassium-doped Co-Rh/MoS 2 catalysts 
for higher alcohol synthesis and compared selectivity to multiwalled carbon nano¬ 
tube (MWCNT)-supported catalyst. A space time yield and selectivity of total alco¬ 
hols of 0.296 g/(g of cat/h) and 35.6%, respectively, was reported for the KCoRhMo/ 
MWCNT catalyst compared to the AC-supported counterpart at similar metal load¬ 
ings. They inferred that support textural properties (pore size and volume) directly 
influenced the synthesis of mixed alcohols from synthesis gas. 

Following their discoveries by Ijima in 1991, carbon in the form of MWCNTs 
has been explored as a potential catalyst supports for syngas conversion applications 
[14]. Like AC, MWCNTs shares common physicochemical properties such as inert 
graphitic nature that minimizes the metal phase interaction and formation of mixed 
compounds with the support [15]. On the basis of performance, MWCNT is supe¬ 
rior to activated carbon as catalyst support since the former displays unique meso-/ 
macroporosity, mitigating reactants and products transport drawbacks prevalent 
in AC supports. Also, the uniform and straight pore channels of MWCNTs allow 
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better dispersion of active metal species on this support [16]. More so, MWCNTs 
display exceptionally high mechanical strength, high thermal and electrical con¬ 
ductivity, characteristic electronic properties, as well as medium to high specific 
surface areas, which renders this nanostructured carbon as a novel catalyst/support 
[14]. Another porous carbon material that has of recent times attracted significant 
importance in the field of heterogeneous catalysis and related area is the ordered 
mesoporous carbon (OMC). 

In fact, it is notable to mention that even though carbon nanotubes are success¬ 
fully applied for such reactions [13], their potential could be restrained by the lim¬ 
ited surface area. OMC materials on the contrary possess better surface area than 
carbon nanotubes, larger-pore volume and diameter than activated carbon, and it 
can be a reasonable choice as a catalyst support for the CO hydrogenation reaction. 
While various authors [17,18] have tested the catalytic performance of supported 
OMC catalysts in hydrodesulfurization (HDS) reactions (due to their reduced cok¬ 
ing propensity and high resistance to sulfur poisoning) and selective hydrogenation 
of cinnamaldehyde to alcohols [19], the application of such catalyst support system 
for syngas conversion to products such as higher alcohols and hydrocarbons is rare 
in the open literature. For instance, CoMo catalysts dispersed on OMC were found 
to exhibit higher activity than the conventional CoMo/AljOj catalysts for the HDS 
of thiophene [18]. Moreover, functionalized OMC-supported CoMo was found to 
exhibit a much higher HDS activity for thiophene than the pristine OMC (i.e., not 
functionalized) support due to a relatively large number of surface oxygen groups 
introduced on the carbon surface, which tend to act as anchoring site for interaction 
with metallic precursors [20]. 

Thus, the motivation of the current investigation would be to explore the poten¬ 
tial catalytic applications of large-pore OMC supports for higher alcohol synthesis 
via syngas conversion in a laboratory fixed-bed reactor under industrial conditions 
and evaluate its performance with the known MWCNT counterpart at similar 
metal loading. 


15.2 EXPERIMENTAL 

15.2.1 Synthesis of Large-Pore OMC Support with F127 as Template 

The large-pore diameter OMC support was synthesized using poly(ethylene oxide)- 
poly(propylene oxide)-poly(ethylene oxide) block copolymer (F127) as the starting 
template under acidic conditions, according to the procedure described elsewhere 

[21] with a little modification. The block copolymer Pluronic F127 (M 3 ^,= 12,600, 
E 097 P 0 g 7 E 097 ) was procured from Sigma-Aldrich and used as received. Phloroglucinol 
was used as the phenolic compound to enhance the polymerization reaction of phe¬ 
nols with formaldehyde, which involves the protonation of hydrated formaldehyde 
and electrophilic aromatic substitution reactions of phenols under acidic conditions 

[22] . The nominal molar ratio of the chemicals used in the synthesis medium was 
0.0008 E127/0.008 phloroglucinol/0.0099 formaldehyde/0.004 HCl/0.435 ethanol. In 
a typical synthesis protocol, 1.0 g each of phloroglucinol and E127 template were dis¬ 
solved in 20 g of ethanol solution at 15°C under mechanical stirring. After the solid 
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was completely dissolved, 0.39 g of 37% HCl was added to the solution as a catalyst 
and stirring continued at the same temperature for additional 2 h until a light pink 
color appeared. Subsequently, 0.8 g of 37% formaldehyde solution was added to the 
obtained solution and stirring continued for approximately 50 min until the mixture 
turned turbid. The solution was then poured into petri dishes to facilitate the evapora¬ 
tion of ethanol at room temperature (for about 12 h), followed by heating in an oven 
at 100°C for 24 h. The as-made products were scraped from the petri dishes and 
crushed into chunks. To carbonize the obtained product, the sample was pyrolyzed 
in a tubular furnace at 600°C for 4 h using a heating rate of l°C/min under Nj atmo¬ 
sphere (at a flow rate of 50 mL/min). 


15.2.2 Preparation of K-Promoted CoMoRh/MWCNT 
AND CoRhMo/OMC Catalysts 

The pristine MWCNT support (purity >95%) was obtained from M.K. Nano, 
Canada. The preparation of both the MWCNT- and OMC-supported KCoRhMo 
catalysts followed a similar procedure described previously [23,24]. In brief, pre¬ 
treatment of both supports was carried out with 30% HNO 3 under reflux condition 
at 100°C overnight, washed with distilled water multiple times until neutral pH was 
attained, and then dried at 120°C for 6 h prior to support alkalinization with the 
required amount of aqueous solution of KjCOj, following stabilization at 300°C 
in argon flow of 50 mL/min at a heating rate of 10°C/min for 4 h. Consequently, 
coimpregnation of the respective metal (Co, Mo, Rh) species was performed using 
ammonium heptamolybdate tetrahydrate (Alfa Aesar), potassium carbonate (Sigma- 
Aldrich), cobalt acetate tetrahydrate (Alfa Aesar), and rhodium chloride hydrate 
(Sigma-Aldrich) as precursors for Mo, K, Co, and Rh, respectively. The oxidic form 
of the dried powder K-doped CoRhMo samples was obtained after 4 h of oven dry¬ 
ing at 120°C, followed by stabilization at 450°C under argon flow of 50 mL/min at 
a heating rate of 10°C/min for 12 h. The flnal catalyst composition (wt.%) of 9% K, 
15% Mo, 4.5% Co, and 1.5% Rh is to be attained. Henceforth, the fine powder form 
of the MWCNT- and OMC-supported KCoRhMo catalyst samples is designated as 
Cat-1 and Cat-2, respectively. 


15.2.3 Characterization of Supports and Catalysts 

Nitrogen adsorption-desorption technique was used to ascertain the textural proper¬ 
ties of both supports and prepared catalysts. The N 2 physisorption isotherms were 
measured on a Micromeritics ASAP 2020 analyzer at liquid nitrogen temperature of 
77 K to determine the specific surface area, pore volume, and average pore diam¬ 
eter of prepared samples using the Brunauer-Emmett-Teller (BET) method in the 
standard pressure range 0.05-0.30 P/P,,. Detailed description of the procedure can 
be found in the literature [25]. The pore diameter and pore size distributions were 
calculated from the adsorption and desorption branches of the isotherms using the 
Barrett-Joyner-Halenda method. The mesopore volume was determined from the 
N 2 adsorbed at a P/Pg = 0.4. The total pore volume was calculated from the amount 


280 


Fischer-Tropsch Synthesis, Catalysts, and Catalysis 


of nitrogen adsorbed at P/Pg = 0.95, assuming that adsorption on the external surface 
was negligible compared with adsorption in pores. In all cases, correlation coeffi¬ 
cients above 0.999 were obtained. 

Laser Raman analyses of the carbon supports were carried out with a Raman 
imaging (Renishaw Invia Raman Microscope System 2000) microscope (Wire— 
Version 1.3) with laser excitation wavelength of 514 nm, an exposure time of 30 s, 
microscope objective of 50, continuous grating within the wave number range of 
3500-150 cm“', and laser power of 25% to determine the quality of carbon structure. 
The laser spot size for the sample analysis was approximately 1 mm with a power of 
10 mW with wave number accuracy of ±2 cm. 

Wide-angle x-ray diffraction patterns of the powder catalyst samples were 
recorded on a Rigaku diffractometer using high-intensity Cu Ka radiation source 
(X = 0.1541 nm). Scanning of each sample was performed at a rate of 0.057s within a 
20 range of 10°-80°. The phases present were identified using the Joint Committee of 
Powder Diffraction Standards (JCPDS) diffraction files by matching the correspond¬ 
ing diffraction peaks or patterns. 

Inductively coupled plasma-mass spectroscopic (ICP-MS) analysis was utilized 
to quantify the metal composition in the catalysts. The content of Mo, Co, and Rh 
of the oxide catalysts were determined using a Perkin-Elmer ELAN 5000 ICP-MS 
instrument. Approximately 0.05 g of the catalyst sample was dissolved in hydroflu¬ 
oric acid (48%-51%) at a temperature of 100°C-150°C for 3 days. Following cool¬ 
ing to room temperature, samples were further dissolved in concentrated HNO 3 to 
ensure the complete dissolution of the metals. The final solution was prepared using 
0.2 N HNO3 and analyzed with a mass spectrometer. 

15.2.4 Catalytic Activity 

The feedstock used in this study was the commercially available syngas mixture 
procured from Praxair Canada. The CO conversion and selectivity of desired prod¬ 
ucts for the catalysts studied were evaluated using the as-received syngas com¬ 
position (10% Ar/40% CO/50% Hj). Higher alcohol synthesis experiments were 
conducted in a single-pass downward flow fixed-bed reactor system (22 mm ID; 
450 mm length) made of Inconel [24]. In brief, approximately 2 g of catalyst was 
diluted with 12 mL of 90 mesh size silicon carbide particles as diluents so as to 
enhance heat and mass transfer along the length of the reactor. An initial sulfida¬ 
tion/reduction of the oxidic catalyst was necessary prior to catalytic activity study. 
This was accomplished by first pressurizing the reactor to 3.44 MPa (500 psig) with 
helium followed by sulfidation/reduction at 450°C (rate of 2°C/min) for 6 h using 
a gas mixture containing 10 mol.% HjS (balance Hj) at a flow rate of 50 mL/min. 
The temperature was then lowered to the reaction temperature and the system pres¬ 
surized to the reaction conditions. The synthesis gas mixture was then introduced 
via mass flow controllers and the higher alcohol synthesis reaction conducted under 
steady state at reaction conditions of 300°C-340°C, 8.3 MPa (1300 psig), and a gas 
hourly space velocity (GHSV) of 3.6 m^ (STP)/(h kg cat) over a period of 24 h. The 
product gas was cooled to 0°C in a cold trap to separate it into gaseous and liquid 
phases at the reaction pressure. 
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The CO conversion and other gaseous products were monitored hourly by venting 
the exit gas through an online Shimadzu gas chromatograph instrument equipped 
with an integrated thermal conductivity detector via a sampling valve. Using Ar 
as an internal standard, the CO conversion was calculated, and the overall mass 
balance of the reaction was determined. The liquid products were collected after 
24 h reaction period and analyzed with a Varian 3400 gas chromatograph equipped 
with a Stabilwax capillary column and a flame ionization detector. The volume and 
weight of liquid products were measured to check the mass balance. The experi¬ 
ments were repeated at least twice to check reproducibility and to confirm that the 
results obtained were within the experimental error of 3%. 

15.3 RESULTS AND DISCUSSION 

15.3.1 Support and Catalyst Characterizations 

15.3.1.1 Nj Adsorption/Desorption Measurement 

Nitrogen sorption experiments conducted at liquid nitrogen temperature of -196°C is 
one of the generally used techniques for the textural properties assessment of porous 
materials [26]. The isotherms for the MWCNT- and OMC-supported KCoRhMo 
catalysts are shown in Figure 15.1a. The presence of textural mesoporosity with uni¬ 
form cylindrical pores can be confirmed from the profiles of the HN 03 -treated sup¬ 
ports and catalysts, exhibiting the type IV isotherms with HI hysteresis loop [24,27]. 
In heterogeneous catalytic reaction in which the reaction of reactants predominantly 
proceeds on the surface of the catalyst, the porosity of the catalyst is of a great 
essence. This is due to the fact that the porosity of the material controls the mass 
transfer processes via diffusion, which occurs during the adsorption of reactants, 
surface reaction, and subsequent products desorption into the bulk medium. 

It is clear from Figure 15.1a that the type IV isotherm with HI hysteresis loop 
exhibited by both catalysts shows a slight change in the shape of the loops of the 
supports as a result of metal loading. This indicates that both supported catalysts 
exhibited uniform textural porosity, which is also in agreement with XRD results. 
The sharpness of the desorption branches is indicative of the narrow mesopore size 
distribution. This is important since it shows that the textural mesoporosity of the 
catalyst was not overly compromised following the introduction of metal species 
within the mesopores of the supports. 

Also, the pore size distribution profiles for both MWCNT- and OMC-supported 
KCoMoRh catalysts are given in Figure 15.1b. As can be seen from this figure, 
the cumulative volume of N 2 desorbed by the latter catalyst is more than that of 
the former. On the contrary, the MWCNT-supported catalyst exhibited a narrower 
pore size distribution profile as compared to its OMC counterparts. One could rea¬ 
son that the OMC-supported catalyst experienced a significant merging of smaller 
pores into much larger ones, probably during the multistep heat treatment of the 
pristine support prior to the final catalyst calcination step. This characteristic 
broader pore size distribution may have contributed to the observed lower alcohol 
productivity exhibited by the OMC-supported catalyst during the higher alcohol 
synthesis reaction. 
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(a) Relative pressure (p/p°) 



(b) Pore diameter (nm) 


FIGURE 15.1 (a) Nj adsorption isotherms of MWCNT- and OMC-supported KCoMoRh 

catalysts, (b) Pore size distribution of MWCNT- and OMC-supported KCoMoRh catalysts 
determined from Nj sorption analysis. 

Table 15.1 is a summary of the textural properties of the pristine and HNO 3 - 
treated supports as well as the KCoRhMo-supported catalysts. A 30 wt.% HNO 3 
pretreatment of the pristine MWCNT and OMC supports resulted in respective 
increases of the specific surface areas of these supports. It is worth mentioning that 
acid pretreatment of pure MWCNTs has been noted to open the closed ends and caps 
of the pristine material and also significantly improves its textural properties [28]. 

As can be seen from Table 15.1, one could conclude that the etching effect of the 
acid pretreatment on the close-ended pores of the MWCNT support must be respon¬ 
sible for the increments observed in the surface area of the supports. With the incorpo¬ 
ration of metal precursors onto the support matrix via the conventional coimpregnation 
method, a resultant decrease in both the surface areas and pore volumes of the catalysts 
was observed to follow the order: KCoRhMo/OMC>KCoRhMo/MWCNT; however. 
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TABLE 15.1 

Textural Properties of Pristine and HNOj-Treated MWCNT and 
OMC Supports as well as KCoMoRh Catalysts Determined 
from Nj Sorption Analysis 


BET Analysis 


Sample ID 

Composition (wt.%) 

K Co Rh Mo 

SSA 

(mVg) 

PV 

(cmVg) 

(nm) 

NSbet 

Untreated MWCNT 

— 

— 

— 

— 

178 

0.541 

12.2 

— 

HNOj-treated MWCNT 

— 

— 

— 

— 

199 

0.662 

10.6 

— 

K/MWCNT 

9.0 

— 

— 

— 

158 

0.549 

10.4 

0.98 

KCoRhMo/MWCNT 

9.0 

4.5 

1.5 

15 

127 

0.489 

10.1 

0.91 

Pristine OMC 

— 

— 

— 

— 

373 

0.439 

13.7 

— 

HNOj-treated OMC 

— 

— 

— 

— 

459 

0.785 

13.3 

— 

K/OMC 

9.0 

— 

— 

— 

405 

0.700 

13.4 

0.97 

KCoRhMo/OMC 

9.0 

4.5 

1.5 

15 

302 

0.545 

13.0 

0.94 


NSgET (normalized surface area) was calculated by using the equation, NSg^T^ (^bet catalysts)/ 
(1 - x)-Sbet '^he support. 

Sbet’ specific surface area calculated by the BET method. 

PV, pore volume determined by nitrogen adsorption at a relative pressure of 0.98. 

PDads, mesopore diameter corresponding to the maximum of the pore size distribution obtained from 
the adsorption isotherm by the BJH method. 

MWCNT, multi walled carbon nanotubes. 

OMC, ordered mesoporous carbon. 


changes in the pore diameter of the supports were minimal. The monotonic reduc¬ 
tion in textural properties (specific surface area and pore volume) of the supports as 
a result of metal (Co, Rh, Mo) precursors loading was expected. Nevertheless, the 
decrease in specific surface as a result of coimpregnation of Co, Mo, and Rh metal 
precursors on the supports did not have any significant influence on the homogeneity 
of dispersion of metal species on the surface of the supports, as corroborated by the 
x-ray powder diffraction analysis. 

In addition, the normalized specific surface area (NSggx) analysis of the prepared 
catalysts showed a decreasing trend with the deposition of metal species on the sup¬ 
ports. Computations of the normalized Sbej values of the catalysts were obtained by 
the equation proposed by Vradman et al. [29]: 

XTO (SBET)cat 

i> O BPT — 

(1-x)-(Sbet)sup 


where 

NSbet is the normalized Sbet 
X is the weight fraction of the phases 
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The values of normalized NSggj are given in Table 15.1. The NSggj is parameter, 
which gives a measure of the extent of pore blockage as experienced by the cata¬ 
lyst support during the metal loading procedure, with values of NSggj close to 
unity suggesting less pore blockage suffered by the catalyst. For instance, NSggg 
of KCoRhMo/OMC catalyst was computed to be 0.94, which is <1, indicating that 
the introduction of the oxidic metal nanoparticles caused a minimal reduction in 
pore volume resulting in an insignificant decrease in the normalized surface area. 
Furthermore, these results also give an indication that impregnation of metal species 
on a catalyst support plays a vital role in the overall catalytic surface area required 
for a given chemical reaction. 

The observed trend for the values of NSggg of catalysts investigated follows the 
order KCoRhMo/OMC > KCoRhMo/MWCNT. This could be attributable to the sig¬ 
nificantly higher specific surface area of the pristine OMC support as compared to its 
MWCNT counterpart. The specific surface areas of the support and their respective 
catalysts play a role in the computation of the NSggg values. At this metal loading 
for the KCoRhMo/MWCNT and KCoRhMo/OMC catalysts formulation, one can 
conclude that the incorporation of metal precursors on the OMC support slightly 
affected the porosity and the overall textural properties of the final catalysts as com¬ 
pared to its MWCNT counterpart. This observation is quite evident from the NSggg 
values, which gives an indication of minimal pore blockage in the OMC-supported 
catalyst as compared to the MWCNT-supported catalyst at similar metal loading. 

15.3.1.2 Elemental Analysis 

ICP-MS technique was used to ascertain the respective elemental compositions 
(actual wt.%) of Co, Mo, and Rh present in the prepared KCoRhMo catalysts in the 
oxidic state. Table 15.2 shows the ICP-MS results of KCoRhMo supported catalysts 
with their corresponding targeted compositions. 

15.3.1.3 Wide-Angle X-Ray Diffraction 

Wide-angle x-ray diffraction patterns of the pristine MWCNT and OMC supports 
as well as their corresponding KCoMoRh catalysts are shown in Figure 15.2 for 20 
values in the range of 10°-80°. 


TABLE 15.2 

Elemental Compositions and CO Uptake of MWCNT- 
and OMC-Supported KCoRhMo Catalysts 


Composition (wt.%) 


CO Uptake 
(pmol/g) 


Sample ID Co Mo Rh 

Cat-1 4.5“ (4.4) 15“ (15.1) 1.5 (1.4) 

Cat-2 4.5“ (4.4) 15“ (14.9) 1.5 (1.3) 


Mo 


Rh 


39 

35 


Targeted composition. 
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FIGURE 15.2 Wide-angle x-ray diffraction patterns of pristine OMC and MWCNT as well 
as supported KCoMoRh catalysts. (° graphite; * M 0 O 3 ; t KjMojO,.) 


Analyses of generated XRD peaks of these samples were matched with the corre¬ 
sponding peaks using the JCPDS chemical spectra data hank [30,31]- The characteris¬ 
tic peaks occurring at 20 values of 27.1,42.1, and 44.2 can be assigned to the presence 
of crystalline graphitic carbon in the catalysts studied. Similarly, peaks occurring at 
19.8, 30.7, 35.8, and 40.1 can be attributed to the crystalline M 0 O 3 . However, the 
more prominent graphitic peaks of the pristine MWCNT support as compared to the 
OMC counterpart suggest that the former support is highly graphitized as opposed 
to the latter. Moreover, with the incorporation of metal nanoparticles, the generated 
peaks on the MWCNT-supported catalyst become more heightened in intensity as 
compared to the OMC-supported catalyst, which displayed quite a uniform disper¬ 
sion of metal nanoparticles. It could be reasoned that homogeneity of metal species 
deposited on the OMC support was better enhanced as compared to that for the 
KCoRhMo/MWCNT catalyst. This could be attributed to relatively lower surface 
area (199 mVg) of the HN 03 -treated MWCNT support as opposed to the higher 
surface area (459 mVg) of the treated OMC counterpart. It is worth mentioning that 
a catalyst support with more desirable textural properties would better enhance the 
stabilization of the active species and promoters as well as play a vital role to modify 
the dispersion, reducibility, and electron-donating or electron-accepting effects of 
metal nanoparticles [32]. 

Consequently, the relatively higher surface area of the HN 03 -treated OMC sup¬ 
port may have played a significant role by enhancing great dispersion of catalytic 
phases as confirmed by the XRD profile for its corresponding catalyst. Also, the 
peaks occurring at 20 values of 25.9 and 28.2 can be assigned to the presence of 
K 2 M 02 O 7 species in the samples [33]. The average M 0 O 3 crystallite size from the 
full width at half maximum diffraction profile computed by the Debye-Scherer 
equation (L = 0.9X/p cos 0) for the KCoRhMo/MWCNT catalysts showed M 0 O 3 
crystallite size of 8 nm as opposed to 6.4 nm for the OMC-supported catalyst. 
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Both particle sizes favored the higher alcohol synthesis reaction. However, it should 
be noted that these nanoparticles are liable to significant changes during higher 
alcohol synthesis reaction as result of time on stream under operation conditions of 
pressure and temperature. 

15.3.1.4 Raman Spectroscopic Analysis 

Carbon materials are predominantly composed of pure carbon atoms that exist in a 
variety of different nanostructure forms; however, from a molecular perspective, all 
of these nanomaterials are entirely made up of chains of C-C bonds, although the 
orientation of these bonds varies from material to material. Thus, in order to effec¬ 
tively characterize the slight changes in the orientation of the C-C bonds, a highly 
sensitive vibrational spectroscopic technique becomes an important tool [34]. 
Raman spectroscopic analysis is a nondestructive technique and particularly well 
suited to detect small changes in structural morphology of carbon nanomaterials 
[35]. Raman scattering is the inelastic scattering of light, which involves electron 
excitation from the valence energy band to the conduction via photon absorption, 
emission of phonons as a result of scattering of excited electron, and finally, the 
emission of the absorbed photon due to electron relaxation to the valence band [36]. 
Every band occurring in the Raman spectrum corresponds directly to a specific 
vibrational frequency of a bond within the molecule [37]. For carbon materials such 
as graphite and single-walled nanotubes, information such as electronic structure 
as well as sample imperfections can be derived from spectra obtained from this 
technique. 

As shown in Figure 15.3, the vibrational characteristics of MWCNT- and OMC- 
supported KCoMoRh catalysts were studied by Raman spectroscopy. The two major 
bands evidenced in the range of 1350-1360 and 1575-1600 cm“' can be attributed to 



Raman shift (cm 


FIGURE 15.3 Raman patterns of MWCNT- and OMC-supported KCoMoRh catalysts. 
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the D band (which characterizes the extent of disorderliness) and the G band (which 
is due to C-C stretching mode) of the carbon material. While the G band indicates 
the graphitic E 2 g plane vibration, the D band is due to the disordered parts such as 
grain boundaries [24,38], which is indicative of the A^g plane. It is known that the 
intensity ratio of the D to G bands (Id/Iq) is generally used to denote the extent of 
disorderliness present in the graphite layer of carbon material [39]. The greater the 
value of this parameter, the more disordered the material becomes. As can be noted 
in Figure 15.3, OMC-supported KCoRhMo catalyst exhibited the least Id/Iq ratio 
that is indicative of the existence of lesser defective sites for the higher alcohols 
synthesis (HAS) reaction as compared to the MWCNT-supported catalyst. Also, it 
can be noticed that for both samples the linewidth of the G mode is narrower than 
that of the D band, confirming that the G mode is related to the crystalline compo¬ 
nent in carbons [40]. Moreover, the bandwidth of the D mode is clearly greater for 
the KCoRhMo/OMC catalyst sample than in the case of the MWCNT-supported 
catalyst counterpart, suggesting that the extent of ordering of the former samples is 
lower than that of latter. This could also explain the more defective or active site as 
corroborated by the CO uptake analysis. 

15.4 CO HYDROGENATION REACTION FOR 
HIGHER ALCOHOL SYNTHESIS 

At the start of the CO hydrogenation reaction, the activities of the MoS 2 -supported 
catalysts are mostly at their best performance. As can be seen from Figure 15.4, the 
conversion of CO in the syngas feedstock for both catalysts studied tends to decline 
as a result of time on stream over the 24 h period of investigation. This could be due 



FIGURE 15.4 CO conversion as a function of time on stream for KCoMoRh-supported cat¬ 
alysts (P= 1200 psi; T = 330°C; Catalyst = 2 g; GHSV = 3600 mL (STP)/h H 2 :CO= 1.25). 
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to the propensity of MoSj-based catalysts undergoing initial coke deposition phase 
prior to attaining stable catalytic activity, as has been experienced by conventional 
MoSj catalysts applied for the hydrogenation of fossil feedstocks of carbon base 
[17]. Moreover, the catalytic activities of both catalysts leveled off after 18 h time 
on stream, suggesting a stable activity for both catalysts after this time period on 
stream. The catalysts did not show any significant deactivation after this reaction 
time online. That notwithstanding, it could be noted that the MWCNT-supported 
KCoRhMo catalyst exhibited a higher CO conversion as opposed to its OMC coun¬ 
terpart. This could be explained by the fact that at similar metal loading, the con¬ 
centration of active metal species on the former catalyst is more than that of the 
OMC-supported catalyst as can be corroborated by the CO uptake analyses of these 
catalysts (Table 15.2). The amount of CO uptake of the MWCNT-supported catalyst 
was 39 mmol/g as compared to that of 35 mmol/g for the OMC counterpart, giving 
an indication that more active sites were present on the former catalyst for the CO 
hydrogenation reaction as opposed to the latter. The higher concentration of active 
catalytic species present in the MWCNT-supported KCoRhMo catalyst could also 
be attributed to the greater amount of metal species per unit area of the catalyst by 
reason of the fact that the OMC-supported catalyst had a much higher surface area 
(1.5 times) than that of its MWCNT counterpart. Though the higher surface area of 
the OMC support may have greatly enhanced the homogeneous distribution of the 
dispersed metal species, it also appears that at this metal loading, the sparse orienta¬ 
tion of these metal species on the OMC support may have resulted in a probable least 
synergetic metal-metal phase interactions as well as reduced active phase-reactants 
interactions, thereby resulting in a slightly reduced catalytic activity. 

The prepared oxidic form of the KCoRhMo-supported catalysts were evaluated 
using a high-pressure fixed-bed downward flow reactor system for catalysts screen¬ 
ing so as to ascertain their performance in the HAS reaction. The syngas of molar 
composition of 50% H2/40% CO/10% Ar was used as the feedstock. Typical reac¬ 
tion conditions evaluated include pressure, temperature, and GHSV of 8.3 MPa, 
300°C-340°C, and 3.6 m^ (STP)/kgj, 3 ( h, respectively. Prior to the onset of the higher 
alcohol synthesis reaction, an initial catalyst activation step was necessary in order 
to ensure the phase conversion of the rather less active oxidic catalytic species into a 
more active sulhdic form. This was achieved by subjecting catalysts to an initial cat¬ 
alyst sulhdation/reduction step using a sulfiding gas mixture of 10 % H 2 S/H 2 molar 
compositions. With the intended metal loading maintained constant for both cata¬ 
lysts preparation, the influence of variable supports on the higher alcohol productiv¬ 
ity was investigated. 

The extent of alcohol product distribution is crucial and support dependent since 
the catalyst supporting matrices have the capabilities of facilitating the dispersion of 
the active metal species. In this regard, the influence of supports on alcohol product 
distribution has been presented in Figure 15.5. It is quite obvious that alcohol prod¬ 
uct stream generated by the KCoRhMo catalysts constituted mostly linear alcohols 
with carbon numbers in the range of CJ-C 4 . Both support systems enhanced the pro¬ 
duction of these alcohols, mostly C 2 alcohols, with selectivities of about 38.4% and 
36.5% for the MWCNT- and OMC-supported systems, respectively. 
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FIGURE 15.5 Alcohol composition as a function of carbon number (P= 1200 psi; T = 330°C; 
Catalyst = 2 g; GHSV = 3600 mL (STP)/h H 2 :CO= 1.25). 


TABLE 15.3 

Products Selectivities for MWCNT- and OMC-Supported KCoRhMo Catalysts 

Product Selectivities (%) 


Alcohol Product Selectivities (%) Main By-Products 


Catalyst 

MeOH 

EtOH 

PrOH 

BuOH 

Total RIc. 

Hydrocarbons 

CO2 

KCoRhMo/ 

22.1 

38.5 

21.7 

3.4 

85.7 

5.9 

8.4 

MWCNT 

KCoRhMo/OMC 

22.6 

36.5 

19.5 

3.6 

82.2 

5.1 

12.7 


Product selectivities for the gaseous and liquid streams of the CO hydrogenation 
reaction are summarized for both catalysts investigated and are presented in Table 
15.3. As can be seen, the OMC-supported catalysts tend to produce more CO 2 , sug¬ 
gesting its higher activity for the water-gas shift reaction. That notwithstanding, the 
total alcohol productivities for these catalysts are marginally different at this metal 
loadings, giving an indication that at a higher metal loading, the alcohol product 
selectivities could be improved due to the higher specific surface area of the OMC 
support. Thus, from Figure 15.5 and Table 15.3, it becomes quite conclusive that 
both carbon-supported (MWCNT and OMC) KCoRhMoS 2 catalysts investigated for 
higher alcohol productivity turned out to have high selectivity toward the production 
of higher alcohols, with ethanol being the most predominant higher alcohol product 
in the hnal liquid product stream with the by-products comprising mainly CO 2 and 
light hydrocarbons (methane and ethane). 












































290 


Fischer-Tropsch Synthesis, Catalysts, and Catalysis 


15.4.1 Alcohol Products Distribution and the 
Anderson-Schulz-Flory Plots 

The term higher alcohols (C 2 +OH) is used to describe alcohols with carbon numbers 
greater than 1 ; thus, total alcohol constitutes a combination of Cj, C 2 as well as all 
C 2 + alcohols put together. In the formation of C 2 + alcohols over Mo-based catalyst, 
a generally accepted mechanism is the CO insertion [7,41], in which syngas reactant 
species (CO and H 2 ) associatively or dissociatively adsorb onto the catalyst’s active 
sites, yielding adsorbed formyl (HC=0) and alkyl (CHJ species. Consequently, 
hydrogenation of the former species can proceed to produce methanol (CH 3 OH) via 
reaction of adsorbed H species with the carbonyl group. Conversely, the insertion of 
adsorbed CO into the surface alkyl bond can also occur to yield adsorb acetyl spe¬ 
cies (COCH„), which can further undergo hydrogenation to form ethanol (C 2 H 5 OH). 
Furthermore, this chain propagation mechanism can continue with the insertion of 
CO into surface alkyl species of high carbon numbers and their subsequent hydro¬ 
genation to yield corresponding high carbon number alcohols [42,43]. During this 
chain polymerization HAS reaction, the selectivities of various alcohols can be 
depicted from the chain-growth probability (a) and carbon number (n) by the well- 
known Anderson-Schulz-Flory (ASF) model, represented as [44,45] 

In Wn = n In a -F In 

a 


where 

W„ is the weight percent of a product containing n carbon atoms 
a is the chain-growth probability 

Figure 15.6a and b depicts the ASF plots for the MWCNT- and OMC-supported 
KCoRhMo investigated for the HAS reaction. It can be seen that alcohol product dis¬ 
tribution for the various carbon numbers is consistent with the linear trend predicted 
by the ASF model; however, a deviation can be observed in the formation of metha¬ 
nol for both catalysts. Evaluation of the chain-growth probability from the slopes of 
the linear ASF plots yielded a-values of 0.31 and 0.29, respectively, suggesting that 
the chain polymerization reaction for the formation of alcohols over both catalysts 
followed the classical CO insertion mechanism. 

15.4.2 Arrhenius Plot and Activation Energy 
Calculations by the Power Law Model 

To ascertain the energetics of both catalysts during the HAS reaction study, their 
respective apparent activation energies (EJ were measured by assuming a pseudo- 
first order for the higher alcohol reactions. To determine the activation energies and 
preexponential factors, a plot of ln(k) against 1/T was computed and represented 
in a graph as shown in Figure 15.7. These parameters were determined from the 
Arrhenius plot for the rate constants. 
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FIGURE 15.6 (a) ASF plot for MWCNT-supported KCoRhMo catalyst, (b) ASF plot for 

OMC-supported KCoRhMo catalyst. 


From this plot, the activation energies computed within the range of temperatures 
studied (300°C-340°C) for HAS reaction were found to be 76.2 and 66.4 kJ/mol 
for the OMC- and MWCNT-supported KCoRhMo catalysts, respectively. The pre¬ 
exponential factors computed from the intercept on the ln(k) axis were found to be 
2.42*10’ and 9.13*10^ for these catalysts, respectively, as depicted in Table 15.4. A 
study conducted by Xiaoming et al. [46] on the CoMo-K sulfide-based catalyst pro¬ 
moted by a homemade MWCNTs for higher alcohol synthesis reaction using syn¬ 
gas as a feedstock concluded that the incorporation of a proper amount of carbon 
nanotube as a promoter into the catalyst formulation did not affect the value. 
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FIGURE 15.7 Arrhenius plots and activation energy for MWCNT- and OMC-supported 
catalysts. 


TABLE 15.4 

Summary of Computed Kinetic Parameters for the MWCNT- and 
OMC-Supported Catalysts 


Catalyst 

Equation of 
Line 

Slope = d(ln 
K/ln T) = 

-E,/R 

Activation 
Energy, E, 
(k|/mol) 

Intercept 
(In ko) 

Preexponential 
Factor, k„ 

KCoRhMo/OMC 

y = -0.9164x 

-0.9164 

76.2 

17.000 

2.42*10’ 

KCoRhMo/MWCNT 

+ 17.000 

y = -0.7982x 

-0.7982 

66.4 

13.725 

9.13*10= 

CoMo-K-10%CNP 

+ 13.725 


74.3 



CoMo-K^ 

— 

— 

80.2 

— 

— 


Reference catalysts adapted from Xiaoming et al. (2006) for HAS reactions. 


That notwithstanding, in the present investigations, values observed for both OMC- 
and MWCNT-supported KCoRhMo catalysts suggest that at this metal loading, the 
supports might have affected the major reaction pathway of the CO hydrogenation 
reaction, probably via hydrogen spillover from the active metals to the support [6]. 

15.5 CONCLUSIONS 

In summary, large-pore diameter OMC support was synthesized by the soft-templating 
approach and compared with MWCNT support of similar pore diameter for the 
formulation of K-doped CoRhMoS 2 catalysts and subsequently evaluated for their 
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performance in the HAS reactions. At similar metal loading, BET analyses of both 
catalysts evidenced significant structural mesoporosity and orderliness since the 
physical properties of the materials were not compromised; however, a lesser pore 
blockage was observed in the OMC-supported catalyst as confirmed by the NSggj 
commutations. Moreover, at similar metal loadings of 9% K, 4.5% Co, 15% Mo, 
and 1.5 wt.% Rh, XRD analysis evidenced a better metal nanoparticles dispersion 
on OMC-supported catalyst since less crystalline peaks were detected as confirmed 
by the TEM images. Both the OMC- and MWCNT-supported catalysts exhibited 
high activities toward the production of alcohols, especially ethanol. Though the 
OMC-supported KCoMoRh catalyst showed overall better textural properties, the 
MWCNT-supported catalyst showed the maximum (38.5%) total amount of higher 
alcohol produced as compared to its OMC counterpart (36.5%). Evaluation of the 
chain-growth probability from the slopes of the linear ASE plots yielded a-values of 
0.31 and 0.29, respectively, suggesting that the chain polymerization reaction for the 
formation of alcohols over both catalysts followed the classical CO insertion mecha¬ 
nism. Finally, the activation energy E^ of the OMC and MWCNT catalysts was cal¬ 
culated as 76.2 and 66.4 kJ/mol, respectively, which are quite similar, suggesting that 
at this metal loading, the supports might have affected the major reaction pathway 
for the CO hydrogenation reaction for higher alcohol synthesis. 
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The performance of SiC-supported ruthenium catalysts was investigated during 
Fischer-Tropsch synthesis (FTS) using a continuously stirred-tank reactor. A stable 
and steady conversion is achieved with 2%Ru/SiC catalyst for the FTS reaction. 
At similar conversion levels, 2%Ru/SiC catalyst exhibited higher C 5 H- selectivity 
and lower methane selectivity (83.8%, 6.0%) under the conditions of T = 493 K, 
P = 2 MPa, and Hj/CO = 2, compared with traditional FTS-supported cobalt cat¬ 
alysts, such as 25 %Co/Al 203 (75.1%, 11.1%) and 20 %Co/SiO 2 (75.8%, 11.2%). 
However, SiC has much lower surface area (30 m^/g) than AI 2 O 3 (150 m^/g) and Si 02 
(365 m^/g). The improvement in the C5-1- selectivity observed with the SiC catalyst 
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may be attributed to the high efficiency of the support to evacuate the heat generated 
during the course of the reaction owing to its higher thermal conductivity. EXAFS 
results of the used 1.0%Ru/SiC catalyst indicate that sintering of Ru is one of the 
main reasons for the deactivation; this may be attributed to the weak interaction 
between Ru and the SiC support. 

Keywords: Fischer-Tropsch synthesis, SiC support, Ruthenium catalysts. Activity, 
Product selectivity 


16.1 INTRODUCTION 

Fischer-Tropsch synthesis (FTS) is at the core of gas-to-liquid processes, which have 
recently received renewed interest as a versatile catalytic route for producing high- 
quality ultraclean fuels from synthesis gas (CO -H Hj).^ This interest is mainly driven 
by increasingly stringent environmental legislation on transportation fuels and the 
possibility to monetize abundant and remote natural gas reserves, and renewable 
biomass resources, independent from the petroleum supply.^ Of particular interest is 
FTS-derived diesel fuel, which displays substantially higher cetane number (typically 
above 70) than that obtained in conventional refineries from crude oil, while at the 
same time being virtually free of environmentally harmful sulfur and other trace ele¬ 
ments. FTS is a polymerization process in which the reaction monomers are formed 
in situ via unassisted and H-assisted CO dissociation steps.^ '^ Fe- and Co-based mate¬ 
rials are the most investigated catalysts for FTS,^“’ although Ru is known as the most 
active metal for this reaction. Furthermore, higher selectivities to long-chain hydro¬ 
carbons can be achieved with Ru-based catalysts and the process can be operated 
in the presence of HjO and other oxygenate-containing atmospheres, which is an 
important requisite to successfully convert biomass-derived syngas to biofuels.*"'® 
Typically for FTS, the cobalt metal loading ranges from 10 to 30 g/100 g support, 
and the ruthenium metal loading ranges from 1 to 5 g/100 g support. In order to 
increase the active site density per volume, it is generally supported on a high spe¬ 
cific surface area carrier such as alumina, silica, or titanium dioxide.""'* Since FTS 
is a highly exothermic reaction, the removal of reaction heat at high CO conversion 
is a major concern. However, the aforementioned supports are insulating materials 
that are not able to prevent hot spot formation within the catalyst bed, leading to low 
liquid hydrocarbon selectivity. Indeed, on insulating supports such as alumina or 
silica, the heat transfer within the catalyst bed could induce temperature gradients 
in different parts of the bed. In areas where high conversion of CO occurs, the cata¬ 
lyst temperature could be high, whereas in other parts of the bed the temperature 
could be significantly lower. New developments dealing with the use of conduc¬ 
tive supports such as metallic foams or monoliths have recently been reported for 
improving the heat transfer for the FTS reaction.'"'"'* 

Porous silicon carbide (10-60 mVg) has hardly ever been used for this purpose 
although it is one of the most advanced ceramic materials for its remarkable chemical 
and thermomechanical properties. Silicon carbide possesses all the physical properties 
required for being used as a catalyst support, namely, reusable, high thermostability, 
high mechanical strength, high heat conductivity (which allows for a more homogeneous 
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temperature distribution within the catalyst bed), chemical inertness, and oxidative 
resistance up to 700°C.^®“^^ Lacroix et al7® synthesized p-SiC with surface area of 
22 m^/g in a foam shape via gas-solid reaction between the SiO vapor and dispersed 
solid carbon. Under similar severe reaction conditions, a significant difference in terms 
of C 5 + selectivity was observed between Co/SiC and C 0 /AI 2 O 3 foam catalysts, that is, 
the C 5 + selectivity on the Co/SiC was 80%, and just 54% with C 0 /AI 2 O 3 . Tymowski 
et al.^'* studied the effects of impregnation solvent on FTS performance. The Co-Ru/ 
SiC (30 wt.% Co doped with 0.1 wt.% Ru) catalyst impregnated with ethanol exhibited 
better FTS performance in catalytic activity, C 5 + selectivity, and stability especially at 
high reaction temperatures compared with the one prepared with water. More recently, 
Osa et al.25 investigated SiC-supported and its Ca-promoted Co catalysts for FTS, and 
the results showed that the catalyst activity provided promising FTS performance with 
C5+ selectivity. The use of a certain amount of Ca as a promoter resulted in higher 
basicity and slightly higher Co dispersion that may be responsible for the higher C5+ 
selectivity. To our knowledge, SiC as a catalyst support for Ru particles for FTS reac¬ 
tion has not been reported thus far in the literature. 

The objective of the present study is to study the performance of Ru/SiC catalysts 
especially on the conversion rate, selectivity, and aging characteristics during FTS 
using a slurry reactor where all catalyst particles are exposed to the same reactant 
and product composition and to compare selectivity results with traditional FTS cat¬ 
alysts such as alumina- and silica-supported cobalt particles. 

16.2 EXPERIMENTAL 

16.2.1 Catalyst Preparation 

Beta SiC (SiCat 100 pm spray-dried spheres) was used as the support for the 
ruthenium catalyst. For the SiC-supported Ru catalyst (1.0% and 2.0%), aqueous 
incipient wetness impregnation (IWI) was utilized to add ruthenium nitrosylnitrate 
to the support. After the impregnation step, the catalysts were then dried at 110°C 
overnight, followed by calcination at 350°C in flowing nitrogen for 4 h. 

16.2.2 Catalyst Characterization 

16.2.2.1 BET Surface Area 

BET surface area was measured using a Micromeritics 3-Flex unit, by N 2 physisorp- 
tion at the boiling temperature of nitrogen. Prior to the measurement, the sample 
was degassed at 160°C for 4 h. BET surface area was estimated by extrapolation 
over the linear portion of the isotherm, over a range of relative pressure between 
0.05 and 0.25. 

16.2.2.2 Temperature-Programmed Reduction 
and Hydrogen Chemisorption 

Hydrogen chemisorption and temperature-programmed reduction of hydrogen 
measurements were performed using a Zeton Altamira AMI-200 unit equipped with 
a thermal conductivity detector (TCD). Details of the procedures were described in 
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our earlier publication.^® Dispersion calculations were based on the assumption of a 
1:1 H/Ru stoichiometric ratio and a spherical ruthenium cluster morphology. 

16.2.2.3 XANES/EXAFS 

XAS measurements in transmission mode on freshly activated catalysts, sealed in 
wax, were carried out near the Ru K-edge at the National Synchrotron Light Source 
(NSLS) at Brookhaven National Laboratory (beamline X-18b), Upton, New York. 
XANES spectra were processed using the WinXAS program.A simultaneous pre- 
and post-edge background removal step was carried out using a Victoreen func¬ 
tion and two polynomials (degree 2), and the resulting spectra were normalized by 
dividing by the height of the absorption edge. Normalized XANES spectra were 
compared with those of references. 

Data reduction of EXAES spectra was also performed using WinXAS. Eollowing 
the normalization procedure previously described, spectra were converted to k-space, 
and a k weighting of two was used. An advanced cubic weighted spline over three 
sections of the 2.5-10 A“' range was used to remove the background of the x(k) 
function. Einally, the k^-weighted results were Eourier transformed to R-space using 
a Bessel window. To quantify the differences in Ru-Ru coordination number among 
samples, fitting of the spectra in k space was carried out using EEFEIT. The k-range 
used was from 2.5 to 10 A“'. Theoretical EXAES were generated using EEEF for 
model ruthenium metal crystal parameters generated by ATOMS.In order to use 
coordination number as a fitting parameter, Sg^ was assumed to be 0.9 by the zeroth- 
order approximation. The other fitting parameters utilized by FEFFIT^^ included 
the overall Eg shift Cg applied to each path, an isotropic expansion coefficient a that 
is multiplied by the nominal length of each path, and the Debye-Waller factor, cr^. 
Scattering paths were generated using the FEFF program.^'^ 

16.2.2.4 TEM/STEM 

Transmission electron microscopy (TEM) imaging was performed using a JEOL 
2010F field-emission gun TEM with an accelerating voltage of 200 keV and magni¬ 
fication ranging from 50 to 1000 K. High-resolution imaging was performed using 
a symmetrical multibeam illumination with a beam resolution of 0.5 nm. Images 
were recorded using a Gatan Ultrascan 4k x 4k CCD camera, and data were ana¬ 
lyzed using Gatan Digital Micrograph software. Sample preparation for TEM was 
done using selected catalyst powders. Scanning transmission electron microscopy 
(STEM) was performed with a high-angle annular dark field detector that was outfit¬ 
ted with a Gatan imaging filter. Data were recorded in STEM imaging mode using 
the Digi-scan software. 

16.2.3 Catalytic Activity Testing 

FTS reaction tests were conducted using a 1 L continuously stirred-tank reactor 
(CSTR) equipped with a magnetically driven stirrer with turbine impeller, a gas inlet 
line, and a vapor outlet line with a stainless steel (SS) fritted filter (7 pm) placed 
external to the reactor. A tube fitted with a SS fritted filter (2 pm opening) extends 
below the liquid level of the reactor for withdrawing reactor wax to maintain a nearly 
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constant liquid level in the reactor. Separate mass flow controllers were used to control 
the flows of hydrogen and carbon monoxide at the desired rates. The reactant gases 
were premixed in a vessel before entering the reactor. Carbon monoxide was passed 
through a vessel containing lead oxide-alumina to remove traces of iron carbonyls. 
The mixed gases entered the CSTR below the stirrer, which was operated at 750 rpm. 
The reactor slurry temperature was maintained constant by a temperature controller. 

Prior to performing the reaction test, the catalyst (-12.0 g) was ground and sieved 
to 45-100 pm and then loaded into a flxed-bed reactor for ex situ reduction at 300°C 
at atmospheric pressure for 12 h using a gas mixture of Hj/He (30 NL/h) with a 
molar ratio of 1:3. The reduced catalyst was then transferred to a 1 L CSTR contain¬ 
ing 310 g of melted Poly wax 3000, by pneumatic transfer under the protection of 
inert N 2 gas. Weighing the reduction reactor before and after the transfer of cata¬ 
lyst was done to ensure that all catalyst powder was successfully transferred to the 
CSTR. The transferred catalyst was further exposed to pure hydrogen (20 NL/h) for 
another 24 h at 230°C as a precautionary measure, before starting the FTS reaction. 

In this study, the FTS conditions used were 220°C, 2.0 MPa, and Hj/CO = 2. 
For making selectivity comparisons, the space velocity was adjusted such that com¬ 
parisons could be made at comparable conversion levels. The reaction products were 
continuously removed from the vapor space of the reactor and passed through two 
traps, a warm trap maintained at 100°C and a cold trap held at 0°C. The uncon¬ 
densed vapor stream was reduced to atmospheric pressure. The gas flow was mea¬ 
sured using a wet test meter and analyzed by online gas chromatography (GC). The 
accumulated reactor liquid products were removed every 24 h by passing through a 
2 pm sintered metal filter located below the liquid level in the CSTR. Conversions of 
CO were obtained by GC analysis (micro-GC equipped with TCDs) of the outlet gas 
product. Wax, oil, and aqueous products were collected periodically (usually daily); 
they were analyzed by three different GCs. 

16.3 RESULTS AND DISCUSSION 

BET surface area and inductively coupled plasma mass spectrometry (ICP-MS) 
results of Ru catalysts supported on SiC calcined at 623 K are presented in Table 16.1. 
The BET surface area values of the support and supported ruthenium catalysts were 
similar (-30 m^/g). These values indicate that there is no significant pore blockage in 
the supported ruthenium catalysts. The physical properties of catalysts such as dis¬ 
persion and average particle size obtained from hydrogen chemisorption are given in 
Table 16.1. The dispersion of Ru was calculated from hydrogen chemisorption using 
the following equation: 


. (Number of surface rathenium atoms X100) 

%Dispersion = — 

Total number of rathenium atoms 

The results shown in Table 16.1 clearly suggest that ruthenium dispersion decreases 
with increasing the Ru loading. The higher dispersion of ruthenium at the lower 
loading (1.0%) is probably due to stronger metal support interaction between ruthe¬ 
nium and SiC. The decrease in the dispersion of ruthenium with 2%Ru/SiC is due 
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TABLE 16.1 

BET Surface Area, Chemisorption, and Inductively Coupled Plasma Results 
of Ru/SiC Catalysts 





wt.% Ru (ICP) 



Average 


BET Surface 

Fresh 

Fischer-Tropsch 

Desorbed 

Dispersion 

Cluster 

Catalyst 

Area (m^/g) 


Synthesis Used 

(pmol/gc) 

(%) 

Size (nm) 

SiC support 

29.3 

— 

— 

— 

— 

— 

1.0%Ru/ 

27.6 

1.11 

1.09 

12.5 

22.8 

6.7 

SiC-IWI 







2.0%Ru/ 

31.8 

1.91 

1.66 

19.6 

19.8 

7.8 


SiC-IWI 


to the formation of larger particles of ruthenium due to agglomeration of ruthenium 
crystallites. This is because as the ruthenium loading increases, the deposition of 
ruthenium will be more on the external surface of SiC, which leads to decreases in 
the distances between metal particles that promote agglomeration. From the hydro¬ 
gen uptake values, it is clear that the number of active sites of ruthenium available on 
Ru/SiC is higher for the 2.0%Ru/SiC catalyst. 

Temperature-programmed reduction is a powerful tool to study the reduction 
behavior of oxidized phases; in some cases, it is also possible from the reduction 
profiles of supported oxides to obtain useful information about the degree of inter¬ 
action of the supported phase with the carrier. The influence of Ru loading on the 
reduction behavior for the Ru/SiC catalysts calcined at 623 K is shown in Figure 16.1. 
From the TPR profiles, it is clear that Ru catalyst samples show a broad reduction 
peak at ~105°C-125°C, and it is attributed the reduction of Ru species to metallic Ru 
(i.e., Ru“). For the lower-loaded catalyst (l%Ru/SiC), the onset of reduction is similar 
to the higher-loaded catalyst; however, for the lower-loaded catalyst, there appears to 
be some Ru oxide that interacts with the support and reduces at higher temperatures. 
The activation temperature of the present study is sufficiently high to ensure nearly 
complete reduction of the Ru species to Ru°. The relative intensity of the reduction 
peak increased with Ru loading, suggesting a higher reduction degree of RUO 2 to 
metallic Ru, thereby increasing the mean diameter of RUO 2 clusters. 

XANES plots are depicted in Figure 16.2 with references for Ru° metal and RUO 2 
oxide. The low intensity of the white line indicates that each catalyst displays a high 
extent of reduction, as expected from the TPR results. Ru is often used as a pro¬ 
moter for facilitating reduction of other oxides and is well known to reduce at low 
temperature, a prerequisite for its promoting effect. Results of EXAFS fittings are 
reported in Table 16.2 and Figure 16.3. The two freshly reduced catalysts (1.0%Ru 
and 2.0%Ru loadings) had virtually identical Ru-Ru coordination numbers (-5.9). 
The used catalyst sample was available for EXAFS testing for one of the catalysts 
(1.0%Ru), and an increase in Ru-Ru coordination number to 7.5 was observed. The 
result suggests a growth in average crystallite size, which likely contributed to the 
deactivation of the catalyst. 
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FIGURE 16.1 Temperature-programmed reduction profiles of Ru/SiC catalysts (solid line 
is l%Ru/SiC and dashed line is 2%Ru/SiC). 


The TEM/STEM results for the 1.0% and 2.0%Ru/SiC catalyst samples are 
compared right after being reduced/passivated and also after 200 h on stream (ETS 
used catalysts), and the images are shown in Eigure 16.4. The size of the individ¬ 
ual SiC support particles was in the range of 25-250 nm and typically had random 
shapes. The 1.0%Ru/SiC catalyst after reduction and passivation shows that Ru par¬ 
ticles were well dispersed on the SiC catalyst support grains (Eigure 16.4a). The Ru 
nanoparticles in the STEM images appear white against the gray SiC background 
and are very well dispersed with a size range from 1 to 4 nm (Eigure 16.4a). Most 
particles are unagglomerated. In contrast, the 2.0%Ru/SiC sample after reduction/ 
passivation shows slightly larger Ru nanoparticles (3-8 nm), and many Ru nanopar¬ 
ticles are in close proximity to neighbors and show a tendency to form agglomerates 
(Figure 16.4b). Maximum agglomerate size was found to be -15-20 nm. The used 
ETS 1.0%Ru/SiC catalyst was observed in STEM imaging to have a small fraction 
of Ru particles that formed agglomerates due to sintering and that typically included 
2-3 Ru particles (Figure 16.4c). In contrast, the 2.0%Ru/SiC catalyst, reduced/ 
passivated catalyst, displayed some agglomerated Ru particles, and after reaction, 
the used ETS catalyst had formed some additional agglomerates of Ru grains due to 
sintering (Figure 16.4d) that left other areas of the SiC support without Ru. 

The CO conversion against time on stream for the 1% and 2%Ru/SiC catalysts 
is shown in Figure 16.5. To maintain experimental control, similar activation and 
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Photon energy (keV) 


FIGURE 16.2 XANES profiles for (dark dashed) Ru metal foil and (dash-dotted) RUO 2 : (a) 
1.0%Ru/SiC freshly reduced in hydrogen; (b) the same catalyst after Fischer-Tropsch synthe¬ 
sis; and (c) 2.0%Ru/SiC freshly reduced in hydrogen. 


TABLE 16.2 

Results of EXAFS Fitting Parameters for Ru/SiC Catalysts (and Ru“ Foil) 
Acquired Near the Ru K-Edge 


Sample 

N R 


Description 

Ru-Ru in Ru° Ru-Ru in Ru° (A) 

eo (eV) 0 ^ (A^) r-Factor 

Ru“ foil 

12 2.674 (0.0046) 

-0.641(1.33) 0.00431 0.02 

(0.00063) 

1.0%Ru/SiC fresh 

5.9 (0.5) 

-3.74 (0.814) 

1.0%Ru/SiC used 

7.5 (1.0) 

-1.72(1.33) 

2.0%Ru/SiC fresh 

5.9 (0.8) 

-1.90(1.26) 

Note: The fitting ranges were Ak = 2.5-10 A"' and AR = 1.7 
fixed. 

- 3.0 A. So = 0.9. Parameters in bold are 
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FIGURE 16.3 EXAFS results at the Ru K-edge, including (a) the raw k^-weighted x(k) 
versus k; (h) (solid line) the filtered k^-x(k) versus k and (filled circles) the result of the fitting; 
and (c) (solid line) the Fourier transform spectra with (filled circles) the result of the fitting. 
Model considered Ru-Ru contribution from Ru“ metal. (I) Ru“ foil; (II) I.0%Ru/SiC after Hj 
activation; (III) the same catalyst after Fischer-Tropsch synthesis; and (IV) 2.0%Ru/SiC after 
activation. 


reaction conditions (temperature, pressure, and space velocity) were maintained for 
both catalysts. The CO conversion was found to be higher with increasing the ruthe¬ 
nium loading. Based on per gram of ruthenium, both the catalysts exhibited similar 
initial activity, whereas the lower-loaded catalyst deactivated with time on stream, 
while a stable and steady-state conversion was achieved with 2%Ru/SiC catalyst. 
ICP-MS analysis of the used catalysts did not provide us with a definitive conclu¬ 
sion on the deactivation of the catalysts. The fresh and used samples of the lower 
loading catalyst had exactly the same values, but it deactivated with time, whereas 
the higher-loaded has a slightly lower value for the used catalyst relative to the fresh 
one, but it demonstrated high stability. EXAFS results of FTS used l%Ru/SiC cata¬ 
lyst indicate that Ru sintering is one of the main reasons for the deactivation due to 
the weak interaction of Ru and SiC support. Ru-Ru coordination number increased 
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FIGURE 16.4 Scanning transmission electron microscopy images: large gray SiC grains 
with Ru nanoparticles (white), (a) Reduced/passivated 1.0%Ru/SiC catalyst, (b) Reduced/ 
passivated 2.0%Ru/SiC catalyst, (c) Fischer-Tropsch synthesis (FTS) used 1.0%Ru/SiC cata¬ 
lyst. (d) FTS used 2.0%Ru/SiC catalyst. 


to 7.5 from 5.9, with the increase in coordination number indicating that sintering 
of Ru occurred. The effect of Ru loading on the product selectivities of the Ru/SiC 
catalysts is shown in Table 16.3. In FTS, it is known that the conversion level influ¬ 
ences the selectivity, in part due to increasing partial pressure of water^^-^^ and by 
decreasing the partial pressure of reactants. It is therefore important to compare the 
catalysts at a similar CO conversion level. Experiments were run with the ruthenium 
catalysts at a constant conversion of CO of ca. 17%. With increasing ruthenium load¬ 
ing, the selectivities of light hydrocarbons (methane and C 2 -C 4 ) were lower and the 
corresponding higher hydrocarbon (C 5 H-) selectivities increased. Carbon dioxide and 
oxygenate selectivities decreased with increasing ruthenium loading. 

The product selectivities of the traditional FTS cobalt catalysts compared with the 
stable 2%Ru/SiC catalyst at similar reaction conditions are shown in Table 16.4. At 
similar CO conversion level, the SiC-supported ruthenium catalyst exhibited higher 
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FIGURE 16.5 CO conversion against time onstream for 1.0% and 2.0%Ru/SiC catalysts 
(reaction conditions: T = 220°C, P = 2.0 MPa, Hj/CO = 2). 


TABLE 16.3 

Product Selectivity Results for the 1.0% and 2.0%Ru/SiC Catalysts 



CO 

Space 


Conversion 

Velocity 

Catalyst 

(%) 

(Siph/gea,) 

1.0%Ru/SiC 

17.6 

1.5 

2.0%Ru/SiC 

17.4 

2.0 


Selectivity, C% 


c, 

C 2 —C 4 

C5+ 

CO 2 

Oxygenates 

7.6 

11.3 

66.5 

0.3 

14.3 

7.2 

8.7 

77.2 

0.0 

6.9 


Note: Reaction conditions: T = 220°C, P = 2.0 MPa, and Hj/CO = 2. 


TABLE 16.4 

Product Selectivity Results of Various Cobalt Catalysts with the Comparison 
of 2%Ru/SiC Catalyst 






Selectivity (%) 



CO Conversion 

Space Velocity 





Catalyst 

(%) 

(slph/g„,) 

c, 

C 2 —C 4 

Q+ 

CO, 

2.0%Ru/SiC 

29.6 

1.5 

6.0 

10.1 

83.8 

0.1 

25%Co/Al203 

29.2 

5.0 

11.1 

12.9 

75.1 

0.9 

20 %Co/SiO2 

24.4 

5.0 

11.2 

12.3 

75.8 

0.7 


Note: Reaction conditions: T = 220°C, P = 2.0 MPa, and Hj/CO = 2. 
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C5+ selectivity and lower methane selectivity than the 25%Co/Al203 and 20%Co/SiO2 
catalysts. The improvement in the C5+ selectivity observed for the SiC-supported cat¬ 
alyst may be attributed to the high efficiency of the support to evacuate the heat gen¬ 
erated during the course of the reaction owing to its higher thermal conductivity. For 
the SiC-supported catalyst, the CO2 selectivity was low compared to that observed for 
the alumina- and silica-supported cobalt catalysts for the same level of CO conver¬ 
sion, indicating that the water-gas shift contribution was negligible on the SiC-based 
catalyst. Lacroix et al.^° compared the activity and selectivity trends of alumina- and 
SiC-supported cobalt catalysts. They reported that FTS with high activity and C5-1- 
selectivity was achieved on a SiC support carrier. With an insulating support, AI2O3, 
the FTS activity and intrinsic Cj-t- selectivity at medium CO conversion were similar 
to those obtained on the SiC support. However, at higher reaction temperature (or 
higher CO conversion), a large difference in terms of the CjH- selectivity was observed 
between alumina and SiC supports, that is, 80 % for the SiC-based catalyst and only 
54 % for the AI2O3-based catalyst. Such low CjH- selectivity on the AI2O3-based cata¬ 
lyst is attributed to the presence of local hot spots, which are likely to be generated 
under these severe reaction conditions, on the catalyst surface, which decreases the 
value of the chain growth probability (a) factor, leading to the formation of light 
products. These results indicate that some control of the catalyst surface temperature 
can be achieved by using SiC, due to its high intrinsic thermal conductivity, compared 
to insulating supports such as alumina. In the present study, even at medium CO 
conversions, the SiC-supported ruthenium catalyst exhibited higher Cj-t- and lower 
methane selectivities than the alumina- and silica-supported cobalt catalysts, which 
might be due to the noble metal catalyst exhibiting higher hydrogenation activity than 
the cobalt catalyst. 


16.4 CONCLUSIONS 

The effect of ruthenium loading of SiC-supported catalysts has been investigated 
using a CSTR. The CO conversion was found to be increased with increasing ruthe¬ 
nium loading, whereas based on a per gram of ruthenium, both catalysts exhibited 
similar initial activity. A stable and steady-state conversion was achieved only with 
2 %Ru/SiC catalyst. The lower-loaded catalyst deactivated with time due to the sin¬ 
tering of ruthenium, which was conhrmed by EXAFS (Ru-Ru coordination number 
increased to 7.5 from 5 . 9 ). SiC-supported ruthenium catalyst exhibited higher C5-1- 
selectivity and lower methane selectivity than traditional Co FTS cobalt catalysts 
(25%Co/Al203 and 20%Co/SiO2). 
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High surface area tetragonal zirconia (-100 m^/g) and Y-doped zirconium oxide with 
stoichiometry ZroQYg iOi Qj (-150 m^/g) were prepared as nanocrystallites (5-7 nm) 
and loaded with 2%Pt precious metal. Catalysts were also prepared with 2.5% 
Na-doping, in addition to Pt. Scanning transmission electron microscopy images 
revealed that the diameters of the Pt crystallites ranged from 1 to 2.5 nm over the 
catalysts and that the Na-doped catalysts were more dispersed in that they tended to 
be less agglomerated than the undoped catalysts. 

A shift in XRD peaks to lower 20 suggested an increase in macrostrain for the 
Y-doped catalysts. DRIFTS of adsorbed CO was utilized to probe the type II bridging 
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OH groups located at reduced defect sites through the formation of formate. Formate 
v(CH) band intensity was found to be higher on the Pt/yttrium-stabilized zirconia 
(YSZ) catalyst relative to Pt/ZrOj, in agreement with the view that Y-doping strained 
the lattice and created additional surface defect sites. Y-doping led to an improve¬ 
ment in the water-gas shift (WGS) rate. 

For the Na-doped Pt/YSZ catalyst, the formate v(CH) bands were shifted to 
lower wave numbers, in agreement with electronic weakening of the formate C-H 
bond. Remarkable increases in the WGS rates were realized, with the catalyst doped 
with both Y and Na being the best. Switching from a feed containing CO + DjO to 
COh- HjO led to a normal kinetic isotope effect, which was less pronounced for the 
Na-doped catalyst. This is consistent with the rate-limiting step being the result of 
formate C-H bond breaking, and that the Na electronically weakened this bond. To 
bolster this viewpoint, a similar decrease in the magnitude of the KIE was observed in 
steam-assisted formic acid decomposition using DCOOH + HjO and HCOOH + HjO. 

Keywords: Water-gas shift (WGS, LTS), Zirconia (Zr02), Yttrium-stabilized 
zirconia (YSZ), Platinum (Pt), Na-doping, Surface defects. Surface 0-mobility 


17.1 INTRODUCTION 

Low-temperature water-gas shift (LT-WGS or LTS) is an important step in fuel 
processors for both hydrogen production and CO cleanup, especially for potential 
use in PEM fuel cell technology for portable power and transportation applica¬ 
tions [1,2]. The traditional Cu/Zn 0 /Al 203 catalysts that are used for commercial 
low-temperature shift are pyrophoric and not suitable for the rapid start-up and shut¬ 
down steps that occur with fuel processors for use with portable fuel cell technol¬ 
ogy. Over the past two decades, researchers have been exploring nonpyrophoric LTS 
catalysts with high activity at low temperature. 

Honda Research Institute USA, Inc. (HRI-USA) and Symyx discovered [3], using 
a combinatorial approach, that the addition of light alkali elements, and especially 
Na, to a Pt/ZrOj catalyst led to significantly enhanced LTS activity. In characteriza¬ 
tion investigations that followed, Na was found to play a role in the mechanism as 
an electronic promoter [4,5], weakening the C-H bond of formate species on the 
surface and allowing their facile forward decomposition in steam at low temperature 
(e.g., 130°C). 

Catalysts such as Pt/Zr02 belong to the family of LTS catalysts where a synergy 
exists between a precious metal, such as Pt, and a partially reducible oxide (PRO) 
(e.g., ceria, zirconia). The metallic center is suggested to play the dual role of facilitating 
the partial reduction of the support as well as participating in the mechanism [6,7]. 

The synergy has been described by two primary mechanisms. Investigations 
of the kinetic isotope effect, as well as isotopic tracer and operando studies, sug¬ 
gest that the mechanism may be associative in nature, involving adsorbed sur¬ 
face intermediates such as formates [8-12] and/or carboxylates [12-16]. After 
the precious metal facilitates partial reduction, and therefore the formation of 
defect sites in the PRO, H 2 O dissociatively adsorbs at the defects to form active 
bridging OH groups (type II), which react with CO to produce associated species 
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(e.g., formates and/or carboxylates). When coadsorbed H 2 O is available, formate 
decomposes in the forward direction to liberate H 2 and an adsorbed CO 2 species, 
both decompositions being aided by Pt. 

Redox mechanisms [7,17,18] have also been proposed to operate, where CO adsorbed 
on the precious metal is proposed to react with O-adatoms on the PRO to generate 
COj, leaving behind vacancies in the support. These are proposed to be quickly regen¬ 
erated through the reaction of the catalyst with HjO, yielding H 2 in the process. 

Key aspects of either mechanism are (1) the facile formation of defects in the PRO, 
(2) the activation of H 2 O on the support defects, (3) the participation of the precious 
metal in the catalytic cycle for either binding CO at the interface (redox) or dehydro¬ 
genating surface intermediates (e.g., formates, carboxylates), and (4) the importance 
of 0-mobility for either facile removal of O-adatoms (redox) or associated intermedi¬ 
ates that are bound by their oxygen atoms to the support (e.g., formates, carboxylates). 

While ceria is the most well-studied catalyst due to its high catalytic activity and 
facile defect formation [19], in practice, it has often been observed to exhibit deactiva¬ 
tion issues (e.g., formation of stable carbonates on the surface have been proposed as 
causes of the deactivation of Pt/Ce02 [20,21] or overreduction [22]). In contrast, Pt/ 
Zr 02 catalysts have been reported to exhibit greater stability due to the instability of 
carbonates on the surface due to the acidic characteristic of the support [23]. Another 
advantage of zirconia is that it is more abundant than ceria and is produced worldwide. 

Pt/Zr 02 catalysts have generally been found to exhibit lower activity than Pt/Ce 02 
[21,24], and Chenu et al. [24] linked this problem with the lower density of defect 
sites. For example, they found lower surface formate band intensities when probing 
the surfaces of activated Pt/Zr02 catalysts with CO using DRIFTS spectroscopy. 
This suggested a lower density of active bridging OH groups (e.g., as previously 
defined by Binet et al. [25] for ceria, type II OH groups). 

In a recent contribution [26], we found that Y-doping could be utilized to strain the 
lattice of high surface area zirconia and produce additional defect sites at the surface. 
This work was carried out based on the fact that when Zr^+ cations are replaced with 
cations in the lattice, oxygen vacancies are formed to maintain overall charge 
neutrality [27,28]. In comparison with undoped Pt/Zr02, the Pt/yttrium-stabilized 
zirconia (YSZ) catalysts were found to be more active when the Y-doping level was 
at or below 50%, with 10% being the most active formulation tested. 

The aim of the current study is to determine whether replacing Zr02 with YSZ 
could potentially improve the formulation of the Pt-Na/Zr 02 system originally 
discovered by HRI-USA. To that end, 2%Pt/YSZ catalysts were first prepared 
and compared with 2 %Pt/Zr 02 catalysts to ensure that an improvement in activ¬ 
ity was realized by increasing the surface defects. The defect-associated bridging 
OH groups were probed by CO adsorption using DRIFTS spectroscopy through 
the formation of formates. Then, Pt- and Na-loaded catalysts were prepared and 
tested. The 2%Pt/YSZ and 2%Pt-2.5%Na/YSZ catalysts were also compared using 
DRIFTS spectroscopy to ensure that electronic weakening of the formate C-H bond 
occurred through comparison of the v(CH) stretching band position. While several 
tests were previously conducted by HRI-USA and UK-CAER researchers [4,5], to 
probe the intermediacy of formate, an additional test was carried out in this work. 
Isotopic switching studies between feeds consisting of CO + D 2 O and CO + H 2 O, 
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as well as DCOOH + HjO and HCOOH + HjO, were carried out over 2%Pt/YSZ 
and 2%Pt-2.5%Na/YSZ catalysts. If formate C-H bond breaking of formate occurs 
in the rate-limiting step of the reaction, as proposed by Shido and Iwasawa (i.e., for 
related Rh/ceria catalysts based on an observed normal kinetic isotope effect [8] as 
confirmed by others [9,10]), then weakening of the C-H bond by Na-doping should 
cause an attenuation of the NKIE. 

17.2 EXPERIMENTAL 

17.2.1 Catalyst Preparation 

High surface area YSZ materials with a Y/Zr (mol/mol) of 0.25 were prepared by 
homogeneous precipitation of zirconia and yttrium nitrate, using sodium hydroxide 
(Fisher Scientific) as the precipitating agent. In this method, appropriate amounts 
of Zr 0 (N 03 ) 2 -xH 20 (Alfa Aesar, 99.9%) and Y(N 03 ) 3 - 6 H 20 (Alfa Aesar, 99.9%) 
were dissolved simultaneously in deionized water at room temperature. The pre¬ 
pared solution was added dropwise to the sodium hydroxide solution (1 M), accom¬ 
panied by constant stirring at 800 rpm to avoid the formation of lumps and to ensure 
complete dissolution. The resulting precipitate was filtered and then washed several 
times until the filtrate water had a pH of 7. The solid that was obtained was dried 
in a static oven at 110°C overnight. The same procedure was also followed for the 
preparation of the zirconia support. The dried materials were crushed and calcined 
at 400°C for 4 h. The materials that were obtained were promoted with platinum via 
incipient wetness impregnation (IWI) by taking into consideration the pore volume 
measured by N 2 physisorption. Briefly, an appropriate amount of Pt(NH 3 ) 4 (N 03)2 
(Alfa Aesar, 99.99%) was dissolved in water and the solution was added dropwise in 
order to obtain 2% by weight Pt. The resulting material was dried at 110°C overnight 
and then calcined at 300 for 3 h. After that, the sodium was added by IWI of sodium 
nitrate (Alfa Aesar, 99.99%) in order to obtain 2.5% by weight Na. The catalyst was 
dried at II0°C overnight and then recalcined at 300°C for 3 h. Before catalytic test¬ 
ing, the samples were sieved to the size range of 63 < (j) < 106 pm. 

17.2.2 BET Surface Area and Porosity 

Brunauer-Emmett-Teller (BET) surface area was determined using a Micromeritics 
TRISTAR 3000 gas adsorption analyzer. In each test, approximately 300 mg of sam¬ 
ple was used. The adsorption gas was nitrogen, and the analysis was performed at 
the boiling temperature of liquid nitrogen. Samples were degassed under vacuum for 
12 h at 160°C before conducting the nitrogen adsorption measurements. The specific 
surface areas were determined by the BET method. 

17.2.3 X-Ray Diffraction 

Diffraction patterns for calcined promoted support materials were recorded using 
a Philips X’Pert diffractometer. Short scan times were used over a long range to 
observe the changes, if any, in the crystal structure of YSZ relative to undoped 
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zirconia. The conditions were as follows: step scan rate of 0.0087step and scan time 
of 60 s/step over a 20 range of 15°-90°. 

17.2.4 Temperature-Programmed Reduction 

Temperature-programmed reduction (TPR) was carried out on undoped zirconia, 
yttrium-doped zirconia supports, and unpromoted and platinum-promoted catalysts, 
using a Zeton-Altamira AMI-200 unit, equipped with a thermal conductivity detec¬ 
tor (TCD). Argon was used as the reference gas, and 10% H 2 (balance argon) was 
flowed at 30 mL/min as the temperature was increased from 50°C to 700°C at a 
heating rate of 10°C/min. The thermocouple was situated inside the catalyst bed. 

17.2.5 Scanning Transmission Electron Microscopy 

Catalyst powders were collected on copper grids for scanning transmission electron 
microscopy (STEM) analysis (200-mesh, Ted Pella Inc., Redding, CA). TEM imag¬ 
ing was performed using a JEOL 2010E field-emission gun transmission electron 
microscope (accelerating voltage of 200 keV and magnification ranging from 50 
to 1000 K). A symmetrical multibeam illumination was used for high-resolution 
transmission electron microscopy imaging with a beam resolution of 0.5 nm. Images 
were recorded with a Gatan Ultrascan 4k x 4k CCD camera. All data processing and 
analysis were performed using Gatan Digital Micrograph software. STEM was done 
with a high-angle annular dark field detector and Gatan imaging filter. 

17.2.6 Dieeuse Reelectance Inerared Fourier Transeorm Spectroscopy 

A Nicolet Nexus 870 infrared spectrometer was used equipped with a DTGS-TEC 
detector. A chamber fitted with ZnSe windows was utilized as the WGS reactor for 
in situ measurements. Experimental procedures are provided elsewhere [29]. Eor each 
run, the catalyst was first activated at 350°C in 160 mL/min of 68% Hj (balance He) 
for 2 h and then cooled to 225°C. To form the type II bridging OH groups on the 
surface, a mixture of 38.9 mL/h of HjO and H 2 was fed to the chamber, which was 
held at 225°C; after that, the feed was switched to helium, and the system was cooled 
to 130°C. When H 2 O was completely removed from the system, a mixture consisting 
of 33.8 mL/min of 10% CO/He was fed to the reactor in order to generate the for¬ 
mate species on the catalyst surface. Without H 2 O present, the formates are relatively 
stable on the surface. However, they react when H 2 O is added. In this case, formate 
was completely decomposed by exposing the catalyst to 2.8% (vol.%) H 2 O vapor gen¬ 
erated from a bubbler using helium. The total flow rate during formate decomposition 
was 20 mL/min. After the decomposition of formate, the system was purged with 
66 mL/min of helium. 

17.2.7 Water-Gas Shiet Reaction 

The LT-WGS catalytic tests were carried out using a stainless steel fixed-bed tubu¬ 
lar reactor (0.444 in. i.d.) under steady-state conditions. In a typical run, 500 mg of 
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catalyst (63-106 pm in size) diluted with 1500 mg glass beads (60-80 pm in size) 
were packed between two layers of quartz wool. Due to the high activities of the 
Na-doped catalysts, additional runs were carried out by loading 250 mg of catalyst 
(63-106 pm in size) diluted with 1500 mg glass beads (60-80 pm in size). Using 
the glass beads minimized the effect of heat generated by the mildly exothermic 
reaction. The temperature of the catalyst bed was monitored by a K-type thermo¬ 
couple and maintained by a temperature controller (Barber-Colman). Prior to test¬ 
ing, the catalysts were first reduced in Hj (100 mL/min) at 350°C for 1 h (ramp rate 
of 4°C/min). Then, a gas mixture containing 3.0% CO, 26.1% HjO, 29.9% Hj, and 
5% N 2 (balance He) was used for the catalytic tests to mimic, except for the case 
of CO 2 , LTS conditions found in a typical processor for fuel cell applications. The 
dry gases were controlled using Brooks mass flow controllers. Steam was provided 
to the system via a steam generator consisting of a hollow cylinder (50 mm i.d., 
150 mm long) packed with quartz wool. Water was fed by infusion with a syringe 
pump (Thermo Scientific, Model Orion M361) into the steam generator via a 1/16 in. 
needle with a side-port hole. The entire system was heated to 200°C to avoid conden¬ 
sation of water. The feed was adjusted in bypass mode to obtain a steady-state con¬ 
centration of C 0 /H 20 /N 2 /H 2 /He prior to bringing the catalyst online (concentration 
3.0/26.1/5/29.9/36 mol%, where N 2 was used as internal standard). The GHSV during 
the reaction tests were 173,130 and 346,250 h“k The products were passed through a 
cold trap cooled to 0°C to condense water from the gas prior to GC analysis. The SRI 
8610 GC includes two columns (3.658 m silica gel packed and 1.829 m molecular 
sieve packed) and two detectors (FID and TCD). To boost the sensitivity of the CO 
and CO 2 signals, the GC incorporates a methanizer, such that these products can be 
analyzed by FID. 

17.2.8 Kinetic Isotope Eeeect Studies 

To shed light on the reaction mechanism, kinetic isotope effect studies were car¬ 
ried out, whereby either CO - 1 - D 2 O was switched to CO - 1 - H 2 O or DCOOH - 1 - H 2 O 
was switched to HCOOH - 1 - H 2 O. Hydrogen was not cofed in order to avoid any 
ambiguity in the results. The conditions of the WGS tests were 3%CO, 4.3%N2, 
6.6%He, and 26.1%H20 (or D 2 O); GHSV = 95,250 h"' for 2%Pt/YSZ and 254,000 h-' 
for 2%Pt-2.5%Na/YSZ; and a temperature of 300°C. The conditions of the for¬ 
mic acid tests were 3%HCOOH (or DCOOH), 4.3%N2, 66.6%He, and 26.1%H20; 
GHSV = 190,500 h-i for 2%Pt/YSZ and 508,000 h"' for 2%Pt-2.5%Na/YSZ; and a 
temperature of 210°C. 

17.3 RESULTS AND DISCUSSION 

BET and porosity measurements are reported in Table 17.1 for supports and 
corresponding Pt-promoted and Pt, Na-promoted catalysts. The surface areas of the 
supports were relatively high, with Zr02 being close to 100 mVg and YSZ being 
approximately 150 mVg. The addition of 2%Pt led to a slight increase in the surface 
area of the zirconia support, while a slight decrease was observed in the case of 
YSZ. However, adding 2.5%Na in addition to 2%Pt resulted in significant decreases 
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TABLE 17.1 

Brunauer-Emmett-Teller Surface Area and Porosity Measurements from 
Physisorption of Nitrogen at 77 K, Including Supports and Catalysts 


Catalyst Description 

Brunauer-Emmett- 
Teller SA (mVg) 

Average Pore 
Volume (cmVg) 

Average Pore 
Radius (nm) 

ZrOj 

98.9 

0.18 

2.5 

2%Pt/Zr02 

107.1 

0.17 

2.2 

2.5%Na-2%Pt/Zr02 

71.7 

0.12 

2.1 

Zro.gYogOi 95 

149.2 

0.19 

1.8 

2 %Pt/ZrQt,YQ 30 gg 5 

143.6 

0.18 

1.8 

2.5%Na-2%Pt/ZrogYo lO, 95 

94.9 

0.13 

1.7 


in BET SA in the cases of both zirconia (27.5% decrease) and YSZ (36.4% decrease). 
If zirconia is the primary contributor to the surface area, then addition of 2%Pt (e.g., 
platinum oxide in the calcined catalyst) and 2.5%Na (e.g., Na 2 C 03 ) should, in the 
absence of pore blocking or changes in morphology, lead to a decrease of only 8 . 1 % 
by weight. Thus, some pore blocking or a change in morphology occurred. 

Figure 17.1 shows the XRD patterns for the Pt-promoted (left) and Pt, Na-promoted 
(right) catalysts supported on either zirconia (bottom) or YSZ (top). In our earlier 
investigation, XANES spectroscopy was utilized to confirm the tetragonal structure 
of zirconia [26], as the cubic and tetragonal structures are difficult to differentiate 
by XRD. Characteristic splitting of peaks representative of the tetragonal phase [30] 
(e.g., (002) (200), (113) (311), (004) (400), and (006) (600)) is difficult to characterize 
due to line broadening due to the small sizes of crystallite domains. However, it is 
well known [31,32] that the crystal structure obtained by precipitation at either low 
pH values or high pH values should be tetragonal, and the Zr 02 herein was precipi¬ 
tated at a high pH of 12, consistent with the tetragonal phase. Moreover, doping Y 
below a value of 16% should yield the tetragonal phase, while above that level, the 
YSZ should be cubic [33,34]. The similarities in peak positions suggest that the YSZ 
obtained from 10% Y-doping is also tetragonal in nature. In our previous XANES 
investigation [26], doping at the 50% Y level led to the cubic phase. 

Addition of 10% Y slightly attenuated the XRD peaks (Figure 17.1), while adding 
2.5%Na resulted in an additional attenuation. Peak broadening is consistent with 
either a slight decrease in domain size or microstrain. Estimates of domain size were 
conducted by neglecting any influence by microstrain, because an attempt at appli¬ 
cation of the Williamson-Hall method was inconclusive, due to the degree of error. 
The domain sizes estimated by line broadening analysis fell within a narrow range 
of 5-7 nm (Table 17.2). Table 17.2 reveals that the peaks shifted slightly to lower than 
20 with Y-doping and perhaps an additional slight shift with modification by Na as 
well. This is consistent with macrostrain and provides confirmation that Y-doping of 
the lattice was successful. 

STEM images in prior work [26] revealed well-defined crystallites for the 
Zr 02 and ZrggoYg igOi 95 supports. The slight increase in the (111) d-spacing for the 
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FIGURE 17.1 X-ray diffraction profiles of (a, bottom) 2%Pt/Zr02, (a, top) 2%Pt/yttrium- 
stabilized zirconia (YSZ), (b, bottom) 2.5%Na-2%Pt/Zr02, and (b, top) 2.5%Na-2%Pt/YSZ. 


TABLE 17.2 

Support Domain Size as Determined by Line 
Broadening Analysis Using the Integral Breadth 
Method 


Catalyst Description 

26 

Size (nm) 

2 %Pt/Zr02 

50.50 

6.3 

2 .5%Na-2%Pt/Zr02 

50.50 

5.9 

2%Pt/ZrQ9Yo20i 95 

50.46 

5.7 

2.5%Na-2%Pt/Zro.9Yo lOi 95 

50.42 

5.6 
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Ziq 90 Yq iflOj 95 support and lack of YjOj crystallite formation provided further confir¬ 
mation that Y-doping of the lattice was successful and consistent with macrostrain. 
STEM images in Figure 17.2 confirm that the Pt was well dispersed. Moreover, the 
size ranges were similar over the four catalysts examined, ranging from 1 to 2.5 nm. 
In the case of the undoped catalysts (i.e., without Na), some agglomerates of the 
1-1.5 nm particles were observed. However, the particles were more dispersed, tend¬ 
ing not to agglomerate, in the case of the Na-doped catalysts. 

Catalyst activation was explored by TPR, and profiles of both Pt- and Pt, 
Na-promoted zirconia and YSZ catalysts are reported in Figure 17.3. From previ¬ 
ous investigations using DRIFTS spectroscopy, it is well known that Na addition 
increases the concentration of surface carbonates on the surface of the catalyst prior 
to activation [4,24]. In our previous investigation of Y-doping of zirconia, surface 



FIGURE 17.2 Scanning transmission electron microscopy images of (top) undoped and 
(bottom) 2.5% Na-doped (left) zirconia and (right) 10% Y-doped yttrium-stabilized zirconia- 
supported 2% Pt catalysts. Pt crystallites range from 1 to 2.5 nm, and less agglomeration is 
observed in the cases of Na-doped catalysts. 
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FIGURE 17.3 Temperature-programmed reduction profiles of (top) Zr02-supported cata¬ 
lysts and (bottom) yttrium-stabilized zirconia-supported catalysts containing (solid) Pt or 
(dashed) Pt and Na promoters. 

reduction peaks occurred at ~450°C and ~620°C for zirconia, with Y-doping result¬ 
ing in a slight shift to lower temperature. During reduction, it is known from DRIFTS 
investigations and in analogy with ceria [25] that surface carbonates decompose 
and defect-associated OH groups form, with associated Zt^+ reducing to Zr^+ and 
being confined to the surface of zirconia [4,24]. In those studies, Pt addition assisted 
in generating the surface OH groups at lower temperature, as observed in DRIFTS, 
with the temperature at which this occurred being consistent with peaks in TPR 
[4,24]. The peaks at and below 200°C are consistent with Pt oxide reduction (as 
confirmed in our TPR-XANES study [26]), as well as Pt-catalyzed defect forma¬ 
tion in the metal oxide surface [4,24,35]. The more intense peaks with Na addition 
confirm that additional surface carbonate was present and decomposed, in agree¬ 
ment with previous DRIFTS investigations [4,24]. The higher initial intensity of the 
surface carbonates was confirmed in the current study, but the results are not shown 
for the sake of brevity. 

Figure 17.4a shows plots of the WGS activity versus reaction temperature. 
Examining first the data represented by circles doping with Y resulted in a mod¬ 
est, but measurable shift of the light-off curves to lower temperature. One possi¬ 
bility is that the greater number of defects in the Y-doped systems increases the 
population of defect sites, which can participate in associative and/or redox mecha¬ 
nisms. Moreover, the strain in the lattice may facilitate 0-mobility, such that the 
0-adatoms or associated species (e.g., formates, carboxylates) become more easily 
reacted from the surface. 
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(b) T ("O 

FIGURE 17.4 Activity comparison of low-temperature shift catalysts including (filled 
circles) 2%Pt/Zr02, (open circles) 2%Pt/yttrium-stabilized zirconia (YSZ), (filled squares) 
2%Pt-2.5%Na/Zr02, and (open squares) 2%Pt-2.5%Na/YSZ. Dashed line represents the 
equilibrium conversion. Conditions: (a) 500 mg of catalyst, 3.0% CO, 26.1% H 2 O, 29.9% H 2 , 
5% N 2 , 36% He, 1 bar, 173, and 130 h-‘, and (b) 250 mg of catalyst, 3.0% CO, 26.1% H 2 O, 
29.9% Hj, 5% Nj, 36% He, 1 bar, and 346,250 h"'. 
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Addition of Na results in a significant shift to lower temperature for both catalysts 
and confirms the remarkable effect of light alkali metals on catalyst activity reported 
by HRI-USA [3]. Moreover, replacing zirconia by YSZ led to a modest, but measur¬ 
able improvement in the LTS rate (Figure 17.4a and b). 

To explore the individual effects of Y and Na further, infrared spectroscopy was 
applied. First, to probe the defect sites on the 2%Pt/zirconia and 2%Pt/YSZ cata¬ 
lysts, DRIFTS of adsorbed CO was conducted following catalyst activation, and 
results are displayed in Figure 17.5. CO probes the defect-associated bridging OH 
groups, reacting with them to produce—in the absence of cofed HjO—relatively 
stable formate species. An increase in the v(CH) band intensity at 2880 cm^^ is 
consistent with a higher concentration of defect sites for the 2%Pt/zirconia catalyst 
in comparison with the 2%Pt/YSZ catalyst. On the other hand, doping the 2%Pt/ 
YSZ catalyst with 2.5%Na led to a significant shift in the position of the formate 
v(CH) band to lower wave numbers, consistent with electronic weakening of the 
formate C-H bond. Thus, the dopants improved WGS activity in distinctly differ¬ 
ent ways. 

To probe the surface 0-mobility characteristic of the catalysts, as well as the reac¬ 
tivity of formate, the formate species were subjected to reaction with HjO at 130°C. 
It is well known that coadsorbed HjO is essential in altering the activity (increasing 



FIGURE 17.5 DRIFTS of CO adsorption for (a) 2%Pt/Zr02, (b) 2%Pt/yttrium-stabilized zir¬ 
conia (YSZ), and (c) 2%Pt-2.5%NaA"SZ. Conditions: 130°C, 1 bar, and 33.8 mL/min of 10% 
CO/He. 
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by two orders of magnitude) and selectivity (in favor of forward decomposition to 
Hj and adsorbed COj) of the formate decomposition step [4,8,9]. A slightly higher 
decay rate of the v(CH) band was observed in moving from the 2%Pt/zirconia cata¬ 
lyst to 2%Pt/YSZ (Figure 17.6). Thus, the increased strain of the lattice may allow 
for a faster transport rate of the formate from the support, where it forms, to the 




FIGURE 17.6 Formate decomposition experiments in steam, following the decay of the 
y(CH) band intensity with time, for (a) 2%Pt/Zr02, (b) 2%Pt/yttrium-stabilized zirconia (YSZ), 
and (c) 2%Pt-2.5%Na/YSZ. Conditions: 130°C, 1 bar, and 20 mL/min of 2.8% HjO/He. 
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Pt/metal oxide junction, where it decomposes in the forward direction with the assis¬ 
tance of Pt (for dehydrogenation). The much more rapid decay with the presence of 
Na is a testimony to the electronic weakening of the C-H bond and suggests that 
electronic weakening of a bond in an associated intermediate species (e.g., formate) 
is relevant to the catalysis of WGS. 

In order to investigate the possibility that formate C-H bond breaking is relevant 
to the rate-limiting step of WGS, kinetic isotope effect experiments were conducted, 
whereby CO + DjO was switched to CO + HjO and DCOOH + HjO was switched 
to HCOOH + HjO. Weakening of the C-H bond by Na-doping should lead to a 
decrease in the normal kinetic isotope effect. As shown in Figure 17.7, the KIE for 
WGS decreased from a value of 1.4 to 1.2 in moving from the 2%Pt/YSZ catalyst to 
the 2%Pt-2.5%Na/YSZ catalyst. The result is therefore consistent with the observed 
electronic weakening of the formate C-H bond. To bolster this conclusion, a simi¬ 
lar decrease in the magnitude of the KIE (from -1.4 to -1.2) was also observed in 
steam-assisted formic acid decomposition tests, where DCOOH + HjO was replaced 
with HCOOH + HjO, as shown in Eigure 17.8. During both runs, the COj selectiv¬ 
ity remained relatively unchanged (within 5%) during switching tests. However, the 
selectivity for the catalyst without Na was -78%, while that of the catalyst containing 
Na was higher, at -97%. 



FIGURE 17.7 Isotope switching experiment. The magnitude of the NKIE decreases from 
-1.4 for (filled circles) 2%Pt/yttrium-stabilized zirconia (YSZ) to -1.2 for 2%Pt-2.5%Na/ 
YSZ. Conditions: 3%CO, 4.3%N2, 66.6%He, and 26.1%H20 (or DjO); GHSV = 95,250 h"' for 
2%Pt/YSZ and 254,000 h-‘ for 2%Pt-2.5%Na/YSZ; and T = 300°C. 
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FIGURE 17.8 Isotope switching experiment for steam-assisted formic acid decomposition. 
The magnitude of the NKIE decreases from -1.4 for (filled circles) 2%Pt/yttrium-stabilized 
zirconia (YSZ) to -1.2 for 2%Pt-2.5%Na/YSZ. Conditions: 3% HCOOH (or DCOOH), 4.3% 
N2, 66.6% He, and 26.1% HjO; GHSV = 190,500 h-' for 2%Pt/YSZ and 508,000 h-‘ for 
2%Pt-2.5%Na/YSZ; and T = 210°C. 


17.4 CONCLUSIONS 

Nanoscale (i.e., 5-7 nm domains as measured by XRD line broadening analysis) 
tetragonal zirconia (-100 mVg) and ZrogYgjOjgj (-150 mYg) were prepared and 
loaded with 2%Pt or 2%Pt, 2.5%Na. The Pt crystallites ranged from 1 to 2.5 nm over 
the catalysts, as measured by STEM; moreover, less agglomerates were observed in 
the cases of the catalysts with Na-doping. 

Slight shifts in XRD peaks to lower than 20 indicated increased macrostrain for 
YSZ relative to zirconia. To probe the defect-associated OH groups, DRIFTS of 
adsorbed CO was utilized. A higher type II bridging OH group density was sug¬ 
gested by the higher formate band intensity (resulting from reaction with CO) for the 
2%Pt/YSZ catalyst relative to 2%Pt/Zr02. Thus, Y-doping was found to strain the 
lattice and generate additional surface defect sites, and this resulted in an improve¬ 
ment in the WGS rate. 

Y-doping also improved the WGS rate of the highly active Pt-Na/Zr system. In 
DRIFTS of adsorbed CO, the formate v(CH) band was positioned at lower wave 
number with Na-doping, consistent with electronic weakening of the C-H bond. In 
kinetic isotope effect studies, switching from CO + DjO to CO + HjO led to a normal 
kinetic isotope effect, and the NKIE was less pronounced for the Na-doped cata¬ 
lyst. The result is consistent with a rate-limiting step involving formate C-H bond 
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breaking, and electronic weakening of the C-H bond by Na decreases the NKIE. 
This conclusion was further supported by the fact that a similar decrease in the 
NKIE was observed in steam-assisted formic acid decomposition, where the feed 
was switched from DCOOH + HjO to HCOOH -i- HjO. 
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A synergy between a partially reducible oxide (PRO) and metal particles has been 
explained in part by the assistance of the metal in facilitating PRO reduction, such 
that HjO molecules can be activated on the support; the subsequent water-gas shift 
(WGS) catalysis may then proceed either hy a redox mechanism or associative mech¬ 
anism involving either formates or carboxylate species. In this contribution, three 
lanthanide oxides were prepared by the urea precipitation method and compared to 
ceria as a support for Pt for WGS. 

Hj-temperature-programmed reduction profiles, x-ray absorption near-edge 
spectroscopy results, and results of diffuse reflectance infrared Eourier transform 
spectroscopy (DRIETS) experiments suggest that the degree of reduction of the PRO 
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is lower for Pt/dysprosia, Pt/erbia, and Pt/gadolinia relative to Pt/ceria following a 
standard catalyst activation treatment in hydrogen. Following activation, DRIFTS 
measurements showed that the band intensity for defect-associated bridging OH 
groups in ceria for a Pt/ceria catalyst was significantly higher than that of Pt/erbia. 
CO adsorption was utilized to probe the bridging OH groups through the formation 
of formate species. The formate band intensities were also significantly higher, sug¬ 
gesting a higher concentration of defects in ceria as a PRO. Subjecting the catalysts 
to the in situ WGS reaction, the band for CO 2 production was much more intense for 
the Pt/ceria catalyst relative to Pt/erbia, indicating that the catalyst was more active 
on a per gram basis. The response of formate to the WGS reaction suggests that it is 
an intermediate, although other reaction pathways cannot be ruled out. The response 
of formate to WGS was more significant in the case of the Pt/ceria catalyst, suggest¬ 
ing a higher turnover rate. The higher activity of the Pt/ceria catalyst compared to 
the other three lanthanide-supported Pt catalysts was confirmed by fixed-bed reactor 
tests. The results emphasize a key role played by the PRO for activating HjO in the 
catalysis of WGS. 

Keywords: Water-gas shift (WGS, LTS), Lanthanides, Ceria (Ce02, Pt/ceria), Erbia 
(Er 203 , Pt/erbia), Gadolinia (Gd 203 , Pt/gadolinia) 

18.1 INTRODUCTION 

Euel processors for converting hydrocarbons and light alcohols to hydrogen make 
use of low-temperature water-gas shift (WGS) catalysts for converting CO, which 
is a poison for electrode catalysts in polymer electrolyte membrane fuel cells [1,2]. 
Although the mechanism continues to be debated, there is general consensus that 
the catalysis relies on the junction between a metal (e.g., Pt, Pd, Au, and Cu) and a 
partially reducible oxide (PRO) (e.g., ceria [3-13], zirconia [14-19], thoria [20-22], 
and titania [14,15,18,19,23-36]). While various redox and associative mechanisms 
(i.e., involving adsorbed surface intermediates such as formates, carbonates, and car- 
boxylates) have been proposed among the work cited, two consistent arguments are 
that the metal facilitates partial reduction of the PRO and that HjO molecules are 
activated on reduced defect sites in the oxide during the catalytic cycle. 

In the redox mechanism, HjO is claimed to react with the 0-vacancy defect, 
depositing an 0-adatom and liberating H 2 in the process. In the formate associative 
mechanism, H 2 O dissociates at the defect, forming two defect-associated bridging 
OH groups, which then react with CO to form the formate intermediate. 

However, to date, there has not been a systematic study of the lanthanides as sup¬ 
ports for WGS catalysts. According to the literature, a number of lanthanides have 
been reported to exist in different oxidation states [37], and, therefore, it is of interest 
to evaluate their potential for WGS. However, ceria is unique in that it is the only 
lanthanide element where the more common oxidation state is A+. 

In the current effort, lanthanides were prepared using the urea precipitation 
method. However, only three lanthanide materials, other than ceria, were synthesized 
by this approach having suitable surface areas for further evaluation—dysprosia, 
erbia, and gadolinia. The lanthanide oxides, along with ceria, were used as supports 
for l%Pt. Reducibility was examined by standard H 2 -temperature-programmed 
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reduction (TPR) and in situ x-ray absorption near-edge spectroscopy (XANES) at 
the respective lanthanide Ljjj edge. Pt/erbia and Pt/ceria were further compared by 
diffuse reflectance infrared Fourier transform spectroscopy (DRIFTS) to examine 
differences in (1) bridging OH group band intensities following activation, (2) formate 
band intensities following adsorption of CO probe molecule, and (3) the response of 
formate bands to WGS at two temperatures of interest. The catalysts were further 
evaluated using a fixed-bed reactor under conditions pertinent to a fuel processor. 


18.2 EXPERIMENTAL 

18.2.1 Catalyst Preparation 

Catalysts were prepared from homogeneous precipitation of lanthanide nitrates by 
hydroxide anion that was slowly released from decomposition of urea [7,38]. The 
solution was refluxed at 80°C with constant stirring, and the resulting precipitate was 
Altered. After drying in a static oven at 110°C overnight, the solid material obtained 
was crushed, and the resulting powder was calcined in air in a muffle furnace at 
400°C for 4 h. 

To the resulting supports, platinum was deposited via incipient wetness impreg¬ 
nation by taking into consideration the pore volume of the support as measured by 
Nj physisorption. Appropriate amounts of Pt (NH 3 ) 4 (N 03)2 (Alfa Aesar, 99%) were 
dissolved in deionized water, and the solution was added dropwise to the supports to 
obtain 1% by weight Pt. The resulting material was dried in a static oven overnight 
at 110°C and then calcined at 350°C for 4 h. 

18.2.2 BET Surface Area AND Porosity 

Brunauer-Emmett-Teller (BET) surface area was determined using a Micromeritics 
TRISTAR 3000 gas adsorption analyzer. In each test, approximately 0.30 g of the 
sample was used. The adsorption gas was nitrogen, and the sample analyses were 
performed at the boiling temperature of liquid nitrogen. Samples were degassed 
under vacuum for 12 h before conducting the nitrogen adsorption measurements. 
The specific surface areas were determined by the BET method. 

18.2.3 Temperature-Programmed Reduction 

TPR was carried out on undoped and Pt-promoted ceria, dysprosia, erbia, and gado- 
linia using a Zeton-Altamira AMI-200 unit, equipped with a thermal conductivity 
detector (TCD). Argon was used as the reference gas, and I0%H2 (balance argon) 
was flowed at 30 mL/min as the temperature was increased from 50°C to 800°C at 
a heating rate of I0°C/min. 

18.2.4 X-Ray Absorption Near-Edge Spectroscopy 

XANES spectra at the Ce, Dy, Er, and Gd Ljjj edges were recorded at Beamline 
X-18b at the National Synchrotron Light Source (NSLS) at Brookhaven National 
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Laboratory (BNL) in Upton, New York. The beamline parameters and crystal detun¬ 
ing procedure have been previously reported [10]. 

Sample thicknesses were determined by calculating the amount of sample, cOq, in 
grams per square centimeter, using the thickness equation: 

ln(lo/It) 

= X ' 

Z p/p Wj 


where 

p/p is the total cross section (absorption coefficient/density) of element j in the 
sample at the absorption edge of the EAFS element under study in cm^/g 
Wj is the weight fraction of element j in the sample 
ln(Io/I,) was taken over a typical range of 1-2.5 

Using the calculation for co^, and the cross-sectional area of the pellet, the mass was 
readily obtained. In order to prepare a self-supporting wafer, free of pin holes, boron 
nitride was used to dilute the catalyst powder. After the cell was purged for a long 
period of time with inert gas at a high flow rate to ensure air removal from the cell, 
the samples were treated in situ using a hydrogen/helium mixture (150 cmVmin Hj 
and 500 cmVmin He). Samples were scanned at room temperature and 400°C to 
determine the extent of surface shell reduction of lanthanide oxide. XANES spectra 
were background-subtracted and normalized prior to comparison. 

Data reduction of the XANES spectra was carried out using the WinXAS pro¬ 
gram [39], and raw data were processed to give the normalized XANES spectra. 
Linear combination fitting of spectra with appropriate reference compounds was 
carried out. Reference spectra included unreduced Ce02 (Ce''+ oxidation state) and 
cerium carbonate, Ce 2 (C 03)3 (Ce^^ oxidation state). 

18.2.5 Diffuse Reflectance Infrared Fourier Transform Spectroscopy 

A Nicolet Nexus 870 infrared spectrometer was used, equipped with a DTGS-TEC 
detector. A chamber, fitted with ZnSe windows, was utilized as the WGS reactor for 
in situ measurements. Experimental procedures are provided elsewhere [17]. Eor 
each run, the catalyst was first activated at 350°C in 50 mL/min of 33%H2 (balance 
He) for 2 h. CO adsorption was conducted using 3.75 cmVmin CO and 130 cm^/min 
N 2 , while steady-state WGS was carried out using 3.75 cmVmin CO, 62.5 cm^/min 
H 2 O, and 67.5 cm^/min N 2 . Two temperatures were used, 225°C and 300°C, in order 
to evaluate the response of adsorbed species in switching from CO adsorption to 
WGS conditions. 

18.2.6 Catalytic Testing 

Catalytic tests for the LTS/WGS reaction were carried out in a stainless steel flxed- 
bed tubular reactor (0.444 in. i.d.) under steady-state conditions. A 200 mg catalyst 
sample diluted with 1500 mg glass beads (60-80 pm in size) was packed between two 
layers of quartz wool. Using the glass beads ensured, plug flow was maintained and 
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minimized the effect of heat generated by the mildly exothermic reaction. The tem¬ 
perature of the catalyst bed was monitored by a thermocouple (Fe-Cr) and maintained 
by a temperature controller (£2 Omega CN 3251-R). Prior to testing, the catalysts were 
first reduced in Hj (100 mL/min) at 350°C for 1 h (ramp of 4°C/min). A gas mixture 
containing 3.0%CO, 26.1%H20, 29.9%H2, and 3.7%N2 (balance He) was used for the 
catalytic tests to mimic, except for the case of CO 2 , LTS conditions found in a typical 
fuel processor for fuel cell applications. The dry gases were controlled using Brooks 
mass flow controllers. Steam was provided to the system via a steam generator consist¬ 
ing of a hollow cylinder (50 mm i.d., 150 mm long) packed with quartz wool. Water 
was fed by infusion with a syringe pump (Thermo scientific, model Orion M361) into 
the steam generator via a 1/16 in. needle with a side-port hole. The whole system 
was heated to 180°C to avoid condensation of HjO. The feed was adjusted in bypass 
mode to obtain a steady-state concentration of C 0 /H 20 /N 2 /H 2 /He prior to bringing 
the catalyst online (concentration = 3.0/26.1/3.7/29.9/37.3 mol%, where Nj was used as 
an internal standard). The products were passed through a cold trap cooled to 0°C to 
condense water from the gas prior to GC analysis. The SRI 8610C GC includes two 
columns (6 ft [3.658 m] silica gel packed and 3 ft [1.829 m] molecular sieve packed) 
and two detectors (FID and TCD). To boost the sensitivity of the CO and CO 2 signals, 
the GC incorporates a methanizer, such that these products can be analyzed by FID. 

18.3 RESULTS AND DISCUSSION 

Results of BET surface area measurements are reported in Table 18.1. Although all 
of the lanthanide oxides were prepared by the urea precipitation method, only four of 
them displayed surface areas suitable for further testing. Ceria and erbia exhibited the 
highest surface areas (109 and 92 mVg, respectively), but differed significantly in their 
average pore radii (1.4 vs 12.6 nm, respectively). On the other hand, dysprosia and 
gadolinia displayed somewhat lower surface areas (51 and 44 mVg, respectively) and 


TABLE 18.1 

Brunauer-Emmett-Teller Surface Area and Porosity 
Measurements 



Brunauer-Emmett- 

Single-Point 

Single-Point 


Teller Surface Area 

Pore Vol. 

Average Pore 

Catalyst 

(mVg) 

(cmVg) 

Radius (nm) 

Ceria 

109 

0.075 

1.4 

l%Pt/ceria 

102 

0.072 

1.4 

Dysprosia 

51 

0.225 

00 

bo 

1 %Pt/dysprosia 

34 

0.206 

12.3 

Erbia 

92 

0.578 

12.6 

1 %Pt/erbia 

76 

0.463 

12.1 

Gadolinia 

44 

0.197 

9.0 

1 %Pt/gadolinia 

42 

0.166 

7.9 
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similar pore sizes (~9 nm). Addition of Pt only slightly decreased the surface areas 
of ceria and gadolinia, while a more significant effect was observed for the dysprosia 
and erhia catalysts, where decreases in surface areas were 33% and 17%, respectively, 
suggesting some pore blocking. The narrower pores were more significantly affected 
in the case of dysprosia, as the average pore radius increased from 8.8 to 12.3 nm. 

The reducibility of species in the lanthanide oxide-based catalysts was investi¬ 
gated by TPR experiments, and the profiles are depicted in Figure 18.1. In general, 
high surface area ceria (profile a) displays two distinct reduction peaks in hydrogen 
TPR, including a low-temperature reduction peak (~450°C) attributed to reduction of 
the surface shell and a high-temperature peak (~750°C) attributed to the reduction of 
bulk CeOj to CcjOj [10,40]. Within the low-temperature surface shell reduction peak, 
there is a sharp feature that is presumably due to the decomposition of surface carbon¬ 
ate species [10] that occurs immediately preceding bridging OH group formation, to 
be discussed. The addition of 1% platinum metal (profile b) facilitates surface reduc¬ 
tion, such that there is a sharpening of the peak as well as a shift to lower temperature 
(200°C), while the peak for bulk reduction is hardly impacted [40]. Jacobs et al. [10] 



T(”C) 


FIGURE 18.1 Hj-temperature-programmed reduction profiles of (a) unpromoted ceria, 
(b) l%Pt/ceria, (c) unpromoted dysprosia, (d) l%Pt/dysprosia, (e) unpromoted erbia, (f) l%Pt/ 
erbia, (g) unpromoted gadolinia, and (h) l%Pt/gadolinia. 
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carried out a TPR, XANES, and DRIFTS investigation of a series of Pt/ceria cata¬ 
lysts having different Pt loadings and definitively identified that once Pt oxide reduc¬ 
tion occurs, reduction of the ceria surface shell follows. The latter step was found to 
involve conversion of surface O to type II bridging OH groups [41], with a correspond¬ 
ing change in oxidation state of the associated Ce atoms in the surface shell from Ce'^^ 
to Ce^^. Moreover, a significant metal-support interaction was identified, in which 
systematic increases in Pt loading led to corresponding decreases in the temperature 
of the surface shell reduction. For example, with a very high loading of 5%Pt, surface 
shell reduction occurred at just 200°C. Moreover, DRIFTS experiments demonstrated 
that activation also involves removal of surface carbonate species, which can compli¬ 
cate standard TPR analyses. 

The reducibilities of the other lanthanide oxide supports and catalysts (profiles 
b-h) were compared to the ceria and Pt/ceria catalysts (Figure 18.1). Peaks for carbon¬ 
ate removal and presumably defect formation occurred beginning at approximately 
450°C for gadolinia, 475°C for erbia, and 500°C for dysprosia. Addition of Pt led to a 
small peak probably associated with Pt reduction at 250°C for the Pt/dysprosia cata¬ 
lyst and 300°C for Pt/erbia, and the peaks for carbonate removal increased and shifted 
to slightly lower temperature (~450°C) in both cases, suggesting a facilitating role of 
Pt. For the case of gadolinia, the low-temperature peak, which occurred at 300°C, was 
significantly higher than either Pt/dysprosia or Pt/erbia, suggesting that some carbon¬ 
ate removal and defect formation occurred starting at the lower temperature, once Pt 
was reduced, in a similar manner to Pt/ceria albeit at 100°C higher temperature. 

Due to the difficulties associated with interpreting the standard TPR profiles, 
XANES experiments at the Ce Ljjj edge (5723 eV), the Gd Ljjj edge (7243 eV), the 
Dy L„j edge (7790 eV), and the Er L,j, edge (8358 eV) were carried out on the l%Pt/ 
lanthanide oxide catalysts using Hj. The XANES lineshapes of Ce^'^ and €6"*+ oxi¬ 
dation states exhibit distinct differences, as shown in Figure 18.2, where spectra of 
reference compounds are provided. The high-energy XANES peak (often denoted 
peak C) for Ce"^+ has been assigned to absorption into the 5d level with no occupancy 
in 4f for either the initial or final state and is present in completely oxidized CeOj, 
but absent for Ce^+. The final state configuration may be written Ce [2p^4f ’’fid*] O 
[2p®]. In a recent Hj-TPR-XANES experiment to 800°C carried out by us in collabo¬ 
ration with Argonne National Laboratory [42], with surface shell reduction, peak C 
decreases, and then it decreases further upon reduction of the bulk. The low-energy 
peak (often labeled B) is split into at least two separate assignments [43,44]. Peak 
Bj, also present in the CeOj sample (i.e., Ce"*"^), has been assigned to absorption 
into the 4f level in the final state. Thus, in addition to an electron excited from the 
Ce 2p shell to the 5d shell, another electron is excited, coming from the valence 
band (i.e., the O 2p shell) to the Ce 4f shell, leaving a hole in the valence band. The 
final state configuration associated with Bj may be written Ce [2p^4f '5d'] O [2p^]. 
During reduction, peaks Bj and C decrease, and a new peak, Bq, develops out of the 
shoulder in the Ce'^^ spectrum. The position of Bg is just below that of Bj, and it is 
associated with absorption into the 5d level, with 4f occupancy in the initial state. 
Its final state configuration may be written Ce [2p^4f '5di] O [2p^]. The intensity 
of Bg thus increases after surface shell reduction of ceria and then increases again 
upon reduction of the bulk. These lineshape differences were applied to quantify the 
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FIGURE 18.2 X-ray absorption near-edge spectroscopy profiles of (solid line) cerous car¬ 
bonate and (dashed line) ceria, which served as reference compounds. 

degree of reduction of l%Pt/ceria at 400°C (Figure 18.3a) by carrying out a linear 
combination fitting of XANES spectra for treated catalysts using WinXAS [39] with 
suitable reference compounds for Ce^^ and Ce'^'^ oxidation states. The percentage of 
Ce in the Ce^”^ oxidation state was -23.8%, while that of Ce'^^ was 76.2%. This is 
consistent with previous XANES investigations following reduction of the surface 
shell of ceria. The prevailing initial oxidation state for Dy 203 , Er 203 , and Gd 203 is 
Ln^+, with Ln designating “lanthanide.” Thus, the lineshapes resemble that of ceria 
after reduction from Ce'^^ to Ce^"^ as monitored by TPR-XANES [42], as well as 
the Ce^^ reference compound, cerous carbonate. The formation of reduced defects 
starting from the Ln^+ oxidation state to lower oxidation states is presumably more 
energetic than starting from the Ln‘*+ oxidation state (e.g., ceria). In agreement with 
this, in contrast to the case of Pt/ceria, only a slight change in the white line intensity 
was observed for the Dy-, Er-, and Gd-supported Pt catalysts after reduction in H 2 at 
400°C (Figure 18.3); thus, defects were formed, but in significantly lower concentra¬ 
tion. Defect formation was facilitated by Pt, and the resulting defects are likely in 
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(a) Photon energy (keV) (b) 


Photon energy (keV) 




(c) Photon energy (keV) (d) Photon energy (keV) 


FIGURE 18.3 X-ray absorption near-edge spectroscopy profiles of catalysts at 25°C and 
after Hj reduction at 400°C, including (a) l%Pt/ceria, (b) l%Pt/dysprosia, (c) l%Pt/erbia, and 
(d) l%Pt/gadolinia. 
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close proximity to Pt particles. Thus, in the case of Dy, Er, and Gd, one may expect 
that the lower defect concentration would result in lower activity for the operation of 
either a redox or associative mechanism. 

Results from DRIFTS experiments are in good agreement with the results of both 
TPR and XANES. To make a fair comparison, one l%Pt/lanthanide oxide cata¬ 
lyst was selected with a surface area that was comparable with l%Pt/ceria. Thus, 
l%Pt/erbia was selected for study by DRIFTS. Figure 18.4 (left) shows that both 




(a) Wave numbers (cm (b) Wave numbers (cm 




(c) Wave numbers (cm 


(d) Wave numbers (cm 


FIGURE 18.4 Diffuse reflectance infrared Fourier transform spectroscopy spectra of (a,c) 
residual carbonate species (solid) at 25°C before activation and (dashed) after activation at 
350°C and (b,d) defect-associated bridging OH groups formed following Hj activation at 350°C. 
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catalysts are covered by carbonate/hydroxycarbonate species, as intense bands in the 
v(OCO) stretching region are observed from 1200 to 1900 cm“f Following activation 
in Hj at 350°C, a significant fraction of the carbonates are removed from the surface 
of l%Pt/ceria, and the band positions are shifted, consistent with ceria surface shell 
reduction. Intense bands for type II bridging OH groups are formed at -3650 cm“' 
(Figure 18.4b). On the other hand, the change in carbonate band intensities is small 
for the case of l%Pt/erbia (Figure 18.4c), and only low-intensity bands for defect- 
associated OH groups are observed (Figure 18.4d). Thus, the extent of surface shell 
reduction for l%Pt/erbia is likely much lower than that of l%Pt/ceria following Hj 
activation. Previously, we showed that Pt facilitates the formation of bridging OH 
groups during activation, likely by a Hj dissociation and spillover process from Pt 
particles [10]. 

It is well known that CO can be utilized as a probe molecule to detect bridging 
OH groups through the formation of formate species. In fact, one mechanistic view 
of WGS is that the catalysts operate by the transport and decomposition of associ¬ 
ated 0-bound species (e.g., formates and carbonates [3,10] or carboxylates [45]) from 
the oxide component, where they are formed, to the metal-oxide particle, where 
the metal is involved in dehydrogenation and catalyzes their decomposition—an 
adaptation of an earlier proposed mechanism [4,46]. Shido and Iwasawa [3] dem¬ 
onstrated the reactant-promoted nature of formate decomposition. While formate 
species were quite stable on the catalyst surface in the absence of coadsorbed HjO, 
they decomposed rapidly (even at temperatures as low as 130°C-140°C, as observed 
by us [12,13,17,42]) when HjO was present. And the selectivity changed from reverse 
decomposition (thermal) to CO and -OH to forward decomposition, to Hj and CO 2 . 
The metal particles have also been strongly suggested to assist in dehydrogenating 
formate during its forward decomposition [10,12]. 

DRIFTS spectra for CO adsorption at 225°C and 300°C for the I%Pt/ceria and 
l%Pt/erbia catalysts following H 2 activation are shown in Figures 18.5 and 18.6. 
A more significant negative peak for the type II bridging OH groups for l%Pt/ceria 
at -3650 cm“i suggests a significantly higher density of defect-associated OH groups 
as compared to l%Pt/erbia. Significantly higher-intensity formate bands are also 
produced, with the main bands appearing at 2845, 2950, 1580, and -1300-1375 cm“' 
for v(CH), 6(CH) + Vj,(OCO), ^^(OCO), and Vj,(OCO), respectively, according to the 
assignments of Binet et al. [47]. 

Under conditions where the HjO/CO ratio is high, as is the case in the current 
context, Li et al. [7] have reported that the rate of metal/ceria catalysts is first order 
in P(-o. This condition is such that the adsorbed CO intermediate should move to 
sparser coverages with increases in the WGS rate. As shown in Figures 18.5 and 
18.6, the coverage of formate species is regulated by the WGS rate with a more sig¬ 
nificant decrease occurring (relative to the total coverage case) at the higher tempera¬ 
ture. The response of formate to the WGS rate is much more significant in the case 
of the Pt/ceria catalyst, consistent with a more active catalyst on a per gram catalyst 
basis. Significantly more intense CO 2 bands are observed in DRIFTS for the Pt/ceria 
catalyst, in agreement with this conclusion. 

The results of reaction testing are reported in Table 18.2 and are consistent with 
the conclusions from DRIFTS experiments. The significantly higher rate of reaction 
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FIGURE 18.5 Diffuse reflectance infrared Fourier transform spectroscopy spectra of l%Pt/ 
ceria during (solid line) CO adsorption or (dashed line) water-gas shift at 225°C and 300°C. 
Conditions: CO adsorption, 3.75 cmVmin CO; 135 cmVmin Nj; WGS, 3.75 cmVmin CO; 
62.5 cmVmin HjO; and 67.5 cm^/min Nj. 


for the l%Pt/ceria catalyst relative to the other lanthanide oxide-supported l%Pt 
catalysts, as shown in Table 18.2, is a direct consequence of the higher density of 
defects in the oxide surface. The DRIFTS experiments indicate that a higher surface 
coverage of defect-associated type II bridging OH groups for the l%Pt/ceria catalyst 
results in not only more sites for formate intermediate formation but also a greater 
concentration of formate in close proximity to Pt particles, which accelerates their 
decomposition via H-abstraction. 

18.4 CONCLUSIONS 

In the past, the low-temperature WGS reaction mechanism over PRO-supported 
metal catalysts has been explained by redox and/or associative mechanisms. In either 
case, the metal facilitates reduction of the surface shell of the support, and HjO is 
active on the defects of the PRO. 

The extent of reduction of the PRO in the current context was higher for the Pt/ceria 
catalyst compared to Pt/dysprosia, Pt/erbia, and Pt/gadolinia catalysts, as measured 
by Hj-TPR, XANES spectra taken under flowing Hj, and DRIFTS experiments. 
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FIGURE 18.6 Diffuse reflectance infrared Fourier transform spectroscopy spectra of 
l%Pt/erbia during (solid line) CO adsorption or (dashed line) water-gas shift at 225°C 
and 300°C. CO adsorption, 3.75 cmVmin CO; 135 cmVmin Nj; WGS, 3.75 cmVmin CO; 
62.5 cmVmin HjO; and 67.5 cm^/min Nj. 


TABLE 18.2 

Results of Reaction Testing (3.0%CO, 26.1 “/oHjO, 
29.9%H2, 3.7%N2, 200 mg Catalyst) 


Catalyst 

Xco350°C 

Xco300°C 

Xco250' 

1 %Pt/ceria 

64.5 

33.4 

13.3 

l%Pt/dysprosia 

17.8 

3.3 

BDL 

l%Pt/erbia 

4.5 

BDL 

BDL 

l%Pt/gadolinia 

4.7 

BDL 

BDL 


Note: BDL is below detection limits. 


In the latter case, the intensities of defect-associated bridging OH groups were higher 
for the case of the Pt/ceria catalyst. When CO was used to probe the bridging OH 
groups by way of surface formate formation, the intensities of bands characteristic 
of formate were also significantly higher for the Pt/ceria catalyst relative to the other 
lanthanide oxide-supported Pt catalysts. 
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The coverage of formate species was regulated by the WGS reaction, suggesting 
that it is an intermediate, although other reaction pathways cannot be ruled out. The 
response of formate to WGS was more significant in the case of the Pt/ceria catalyst, 
suggesting a higher rate of reaction compared to the other lanthanide oxide-supported 
Pt catalysts. CO conversion as a function of temperature was significantly higher for 
the Pt/ceria catalyst compared to the other three lanthanide-supported Pt catalysts 
and was confirmed by fixed-bed reactor tests. The results provide further confirma¬ 
tion that defects in the PRO play an important role in the mechanism of WGS. 
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Ever since its discovery by Bernard' in the early 1980s, Pt/KL has been used as 
a monofunctional aromatization catalyst with high activity and selectivity. The 
microporous channels of the zeolite are proposed to improve activity, benzene 
selectivity, and stability by decreasing coking as compared to nonmicroporous sup¬ 
ports (e.g., Al 203 ).^ The current isotopic tracer study for a Pt/KL catalyst agrees 
with the results of Azzam et al.,^ confirming that at atmospheric pressure, little H/D 
exchange occurs in the alkane and there is virtually no kinetic isotope effect (KIE) 
effect displayed for the conversion of hexane in the competitive reaction between 
H-hexane and D-hexane for aromatization. The narrow windows of the zeolite 
channels inhibit bimolecular pathways by providing single-file access of hexane 
to Pt clusters situated in the wider lobes of the channels. At atmospheric pressure. 
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lack of H/D scrambling in hexane indicates that hexane adsorbs and irreversibly 
converts to products. This result disfavors a sequential pathway involving dehy¬ 
drogenated intermediates, which should exhibit significant reversible adsorption 
and, thus, H/D scrambling in intermediates, products, and even the hexane reactant 
itself. However, at high pressure, reversible adsorption occurs, and significant H/D 
scrambling was observed in hexane. Moreover, significant increases in selectivities 
to 2- and 3-methylpentanes and methylcyclopentane were also observed at high 
pressure, which are considered reversible products that can convert back to hexane 
and undergo aromatization. The absence of a significant normal KIE in the con¬ 
version of hexane to products at higher pressures (up to at least 60 psig, while at 
100 psig, the degree of H/D scrambling became very high, precluding analysis of 
the KIE) indicates that the single-file access observed at atmospheric pressure was 
maintained. 

Keywords: Hexane; Benzene; Aromatization; Zeolite; Isotope effect; Single file 


19.1 INTRODUCTION 

Catalytic reforming has been an important process for producing high-octane aro¬ 
matic products from alkanes.^"* In addition, this process could also play a role in the 
upgrading of Eischer-Tropsch synthesis hydrocarbons, as the products are typically 
straight-chain paraffins and alpha olefins having low octane number. The main steps 
involved in conventional catalytic reforming are isomerization, dehydrogenation, 
hydrocracking, and aromatization. 

The bifunctional Pt/AljOj catalyst raised an interest in the mechanistic path¬ 
ways involved in aromatization.^ Alumina is an acidic support and when combined 
with Pt produces a bifunctional catalyst, where the mechanism for aromatization 
is driven by acid-catalyzed pathways (isomerization, cyclization, cracking, etc.), 
with Pt® sites providing the necessary hydrogenation/dehydrogenation function. 
This pathway, driven by acid-catalyzed cyclization, could compete with monofunc¬ 
tional aromatization occurring on the Pt® sites.® The introduction of a nonacidic 
monofunctional Pt catalyst by the addition of basic elements, such as potassium, 
induced higher selectivity for the dehydrocyclization process. The rate-limiting 
step for nonmicroporous open-channel Pt/SiOj- or AljOj-supported catalyst was 
postulated, based on kinetic isotope effect (KIE) studies, to be irreversible adsorp¬ 
tion due to rupture of the C-H bond likely occurring in direct 1,6-ring closure.'®"'^ 
In addition, the selectivity was found to be determined by the adsorption/desorp¬ 
tion rates. 

Continuing the search for a more selective catalyst, nonacidic KL-zeolite was 
introduced.The stability and selectivity of Pt/KL were noticeably better, and 
different hypotheses regarding the role of the support were proposed.' '®"^' The 
KL-zeolite support has been proposed to play an important role in commercial dehy¬ 
drocyclization of u-hexane to benzene (e.g., the Aromax process)^^ because of its 
ability to inhibit bimolecular reaction pathways that lead to coke formation on the 
surface of Pt particles. Competitive isotopic tracer studies at atmospheric pressure 
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using H- and D-labeled hexane indicate that the narrow windows of the channels 
of the zeolite inhibit multiple molecules of hexane from simultaneously entering 
the wider lobes of the channels. This provides single-hle access of hexane to the Pt 
clusters situated in the wider lobes of the L-zeolite channels, thus preventing bimo- 
lecular coking reactions.^ The current isotopic tracer study follows from the previ¬ 
ous investigation^ by examining what occurs at higher pressures. H- and D-labeled 
hexanes were introduced competitively at several pressures to determine whether 
H-D scrambling is detected and at what pressure this occurs. While the reaction 
rate-limiting step is irreversible adsorption at low P, the reaction should become 
more reversible with increasing pressure. Reversible adsorption, as observed with 
the nonmicroporous supported Pt catalysts, decreases the selectivity to the final pre¬ 
ferred aromatization product (e.g., benzene), by driving the reaction back toward the 
reactant, thus increasing the desorption rate relative to adsorption (Scheme 19.1); 

As reversible adsorption increases (Figure 19.1), so does the probability of arriv¬ 
ing at different by-products through isomerization, cyclization, and hydrocracking. 
This shift in the relative adsorption/desorption rates could potentially be driven by 
an increase in the activation barrier going from the localized intermediate chemi¬ 
sorbed state to the final chemisorbed state.^^ Thus, if the desired product is benzene, 
increasing the system pressure could potentially be unfavorable. 

Moreover, while a lack of a significant KIE in the competitive hexane-Hj 4 / 
hexane-Dj 4 conversion at atmospheric pressure was observed to indicate single-file 
reaction of n-hexane, it was of interest to explore whether a kinetic isotope effect 
occurred at higher operating pressure. 



SCHEME 19.1 Reversible adsorption of hexane upon the surface of Pt. 



Physically adsorbed state 


Distance from surface 


EIGURE 19.1 Schematic of the potential energy curve displaying relative activation ener¬ 
gies for adsorption. 
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19.2 EXPERIMENTAL 

19.2.1 Catalyst Preparation 

The KL support was calcined at 673 K for 4 h after which it was transferred to a glove 
bag. The zeolite was mixed with platinum acetylacetonate (Alfa Aesar) and loaded 
into a sublimation tube that was sealed at one end. The Pt was deposited on the sup¬ 
port by chemical vapor deposition (CVD).^^“^^ Finally, the catalyst was calcined at 
623 K in flowing air for 4 h. The Tm-promoted catalyst was prepared sequentially, 
where the Tm was added by CVD and then calcined prior to the addition of Pt as 
previously described.^'^’^’ 

19.2.2 Catalyst Characterization 

The surface area and micropore volume were measured using a Micromeritics 
3-Flex gas adsorption analyzer system. Approximately 0.3 g of sample was 
weighed and loaded into a 1/2 O.D. sample tube. Nitrogen was used as the adsorp¬ 
tion gas, and sample analyses were performed at the boiling temperature of liquid 
nitrogen. Each calcined sample was evacuated at 300°C to approximately 6.7 Pa. 
The results of both the KL support and KL-supported Pt catalysts are provided 
in Table 19.1. 

Hydrogen chemisorption by temperature-programmed desorption was carried 
out using a Zeton-Altamira AMI-200 unit. The catalyst was slowly heated to 773 K 
in Hj/Ar mixture and held 1 h. The catalyst was then cooled to 373 K and purged 
to remove weakly bound hydrogen and then heated again to 773 K to desorb the 
hydrogen. The evolved hydrogen was quantified using a thermal conductivity 
detector. 

Diffuse reflectance infrared Fourier transform spectroscopy (DRIFTS) spectra 
were recorded using a Nicolet Nexus 870 spectrometer equipped with a DTGS-TEC 
detector. Scans were taken at a resolution of 4 to give a data spacing of 1.928 cm“'. 
The catalyst was first activated at 773 K in a Hj/He mixture for 1 h, purged with He, 
and cooled to 317 K in He. To probe the Pt” clusters, the catalyst was subjected to 2% 
CO/He at 317 K for 30 min and then purged in 50 seem He for 20 min. 


TABLE 19.1 

Results of N 2 Physisorption Measurements 



BET SA 

Micropore Volume’ 


(m^/g) 

(cmVg) 

KL-zeolite support 

257 

0.132 

l%Pt/KL 

220 

0.113 

0.15%Tm-l%Pt/KL 

219 

0.113 


Cumulative pore volume estimated using the Horvath- 
Kawazoe method. 
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19.2.3 Catalytic Performance 

Catalytic tests for hexane dehydrocyclization were carried out using a stainless steel 
fixed-bed tubular reactor. The Hj/hexane feed ratio was kept at 6 and the weight 
hourly space velocity (WHSV) was 15, with 150 mg of sample being utilized. Prior 
to catalytic testing at 773 K, the catalyst was reduced in at 773 K for 60 min 
(temperature ramp of 2 K/min). An amount of 30.0 g of hexane-Di 4 was mixed with 
25.8 g of hexane-Hi 4 to provide a H/D molar ratio of 1.02. This mixture was ana¬ 
lyzed prior to the runs to ensure the H/D ratio given from the mixed feed was unity 
(Figure 19.2). Three different run conditions were utilized: 

1. The temperature and flow conditions for the hxed-bed reactor mentioned 
earlier were run at atmospheric pressure. 

2. The temperature and flow conditions for the hxed-bed reactor mentioned 
earlier were run at 100 psig. 

3. The temperature and how conditions for the hxed-bed reactor mentioned 
earlier were run starting at atmospheric pressure and, in a stepwise manner, 
increased to 30 psig, and further to 60 psig. 

Finally, to probe catalyst deactivation rates, each catalyst was subjected to a 40 h run 
under the previously mentioned temperature and how conditions. These were con¬ 
ducted using only hexane-Hi 4 as the feed at atmospheric pressure and at 100 psig. 

19.2.4 Product Analysis 

The exhaust line from the hxed-bed reactor was heated to 473 K to prevent any con¬ 
densation of the products prior to online GC analysis. The feed and products were 
analyzed online using an Agilent GC (7890A) attached to a hame ionization detec¬ 
tor (FID). The exit line from the purge valve was directed to a cold trap for product 
collection. 


Hexane-D ^4 


Hexane-Hi4 


Ul 


FIGURE 19.2 Chromatogram corresponding to an injection of the 1:1 hexane-Hi 4 /hexane- 
D ,4 feed. 
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The liquid collected was manually injected onto a 6890 Agilent GC directly 
connected to a mass selective detector (MSD) for H/D identification and to ascer¬ 
tain the degree of exchange. Specifically the MSD was used to calculate the total 
unreacted hexane-D,, by summing up the hexane-Dj 4 and hexane-Djj and hexane- 
Dj 2 which are formed due to the exchange of hexane-Dj 4 with the hydrogen pool. 
For pressures where the degree of exchange was sufficiently low, the conversion 
of the hexane-Hj 4 /hexane-Dj 4 mixture to benzene was ascertained by first using 
the MSD to sum up the hexane-Dj 4 , hexane-D^j, hexane-Dj 2 , etc., that underwent 
minor exchange with the hydrogen pool. The summation of the partially and fully 
deuterated hexane molecules is the amount of unconverted hexane-Dj 4 . Likewise, 
a determination of H-hexane (i.e., and accounting for the limited exchange of 
hexane-Hj 4 with hexane-Dj 4 ) was conducted to provide the total amount of unre¬ 
acted hexane-Hj 4 . Then, the fully summed amounts of hexane-Dj 4 and hexane-Hj 4 , 
accounting for limited exchange, could be used to assess the KIE for conversion of 
hexane-Dj 4 /hexane- Hj 4 to products at pressures higher than atmospheric pressure, 
but below which exchange approached a pseudo-equilibrium. 

19.3 RESULTS AND DISCUSSION 

The CVD process for catalyst preparation is an excellent method for forming 
highly dispersed, very small Pt particles.There is general consensus in the 
literature that for a Pt/KL catalyst to be effective, the Pt clusters need to be small, 
well dispersed, and situated within the wider lobes of the L-zeolite channels. 
A way of probing whether the active platinum is present in the channels is to use 
CO as a probe molecule for infrared spectroscopy. Pt carbonyl species are sug¬ 
gested to form with the disruption of only highly dispersed Pt clusters by CO and 
are stabilized in a basic environment. The basicity of the support is suggested to 
provide a ligand effect in the same manner that Longoni-Chini Pt carbonyls^* 
are stabilized in basic solution. This effect is proposed to be due to an interaction 
between the electron-rich zeolite O atoms located inside the zeolite channels and 
the Pt,;(CO)y carbonyls.^®'^® DRIFTS spectra displayed in Figure 19.3 demonstrate 
that a high fraction of the Pt resides within the channels of the zeolite, because a 
majority of the bands due to CO adsorption are situated at low wave numbers and 
correspond to small discrete Pt,;(CO)y carbonyls. Upon CO adsorption, the larger 
Pt clusters give rise to bands in the range of 2060-2080 cm“' and are consistent 
with larger Pt carbonyls and/or linearly bound CO. Only a minor fraction of the 
bands were observed in this region. The results demonstrate that, to a large extent, 
the Pt particles are within the support channels; thus, the preparation of the cata¬ 
lyst through the CVD method was satisfactory for the purpose of this investiga¬ 
tion. Table 19.2 shows that the catalysts exhibited a high dispersion of Pt, with H 2 
evolution being 20 pmol/g. This finding is consistent with the results of DRIFTS 
as previously discussed.^ 

Since the hexane-Hj 4 /hexane-Dj 4 could be separated by chromatography, not only 
could the isotopic preference, if present, be analyzed using the FID peak area, but 
the degree of exchange could also be investigated using the MSD. A comparison of 
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Wave numbers (cm 


FIGURE 19.3 Diffuse reflectance infrared Fourier transform spectroscopy spectra for the 
evolution of CO on the Pt catalyst where the shaded region indicates CO adsorbed on the 
larger Pt“ particles and the lower wave number bands indicate smaller Pt^COy carbonyls 
stabilized by the basicity of the KL-zeolite. 


TABLE 19.2 

Results of Hydrogen Chemisorption 



1%Pt/KL 

0.15%Tm/1%Pt/KL 

% Dispersion 

78.1 

82.2 

Particle size (nm) 

1.5 

1.4 

H 2 evolved (pmoVg) 

20 

21.1 
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FIGURE 19.4 Chromatograms corresponding to the high-pressure (100 psig) and 
low-pressure (atmospheric) runs. 


the effluent gas from both high pressure (100 psig) and low-pressure (atmospheric) 
operation is shown in Figure 19.4. A major difference is observed in product 
selectivity, such that when pressure was increased, benzene selectivity decreased. 
The other difference is observed in the hexane peak; during low-pressure operation, 
both the hexane-Hi 4 peaks and hexane-Dj 4 peaks are observed to be clearly 
separated. As shown in Table 19.3, the isotopic tracer data correlate with the previ¬ 
ous study by Azzam et al.,^ where very little to no H-D exchange was observed in 
the H- and D-labeled hexane peaks at atmospheric pressure. However, for the 100 psi 
condition, only one peak was observed for the 100 psi condition (i.e., a high degree 
of H/D exchange among H-labeled hexane, D-labeled hexane, and the hydrogen 
pool, noting that a significant amount of excess H 2 was cofed with the hexane feed). 


TABLE 19.3 

H/D Ratio for the Sample from the Tm-Promoted Pt Catalyst at 
1 atm Based on Online Flame Ionization Detector Analysis 
Tm Promoted at Atmospheric Pressure 


Feed 

1 

2 

3 


Conversion 


Flame Ionization Detector 
(Peak Area) H/D 
1.0 
1.0 
1.0 
1.0 


80.82 

76.25 

73.89 
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Exchange independent of hexane conversion 


High conversion > 80% 


Hexane 


^ _ fi- 


l%Pt/KL at 70 atm 


Low conversion < 20% 


JUil 


FIGURE 19.5 Chromatograms corresponding to high and low conversion tests at 100 psig 
highlighting the rapid H/D exchange rate in hexane. 


The H-D exchange in hexane is pseudo-equilibrated at high pressure, rendering any 
analysis of a KIE based on relative conversion of H- and D-labeled hexane difficult 
by MS. The rate of H/D scrambling in hexane reactant at high pressure is sufficiently 
rapid that it is pseudo-equilibrated, independent of hexane conversion (Figure 19.5 
and Table 19.4). Moreover, increasing the pressure, starting at atmospheric pressure, 


TABLE 19.4 

Decrease in Hexane-Di 4 /Hexane-H ,4 
Total Conversion to Benzene at 100 
psi by Decreasing the Amount of 
Catalyst Used While Maintaining All 
Other Reaction Conditions Constant 


Total Conversion 


Run Condition 

Run 1 

Run 2 

Catalyst Loading 

150 mg 

30 mg 

1 

80.8 

11.5 

2 

76.3 

8.0 

3 

73.9 

11.5 
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systematically yielded an increase in the rate of H-D exchange in hexane, as shown 
in Figures 19.6 through 19.9. The increase in the exchange extent in hexane with 
increasing system pressure indicates the onset of reversible adsorption. These hgures 
display mol% in the ordinate as determined by the MSD based on the distribution 
of deuterium atoms in the hexane feed. The most signihcant increase in the degree 
of exchange occurred when the pressure was increased from 60 to 100 psig. Since 
the H/D comparison by the FID is considered by separately taking into account the 
peak areas in the chromatogram for both the hexane-Hj 4 and hexane-Dj 4 , the degree 
of exchange at 100 psig merged the hexane competitive feed to one peak and did 
not allow for a nonstatistical generation of data. However, a picture (Figure 19.9) 
emerges from the MSD, which shows an overall H/D distribution of the hexane 
versus a calculated distribution (by assuming no deuterium/hydrogen enrichment). 
The experimental curve for the 100 psi is shifted to the left, indicating hydrogen 
enrichment in hexane, due to the exchange of hexane with the hydrogen pool. In the 
case of the run carried out at atmospheric pressure, where H/D exchange is virtually 


H/D distribution of hexane at atmospheric pressure 
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FIGURE 19.6 Deuterium distribution in hexane at atmospheric pressure. 


H/D distribution of hexane at 30 psi 
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FIGURE 19.7 Deuterium distribution in hexane at 30 psig. 
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H/D distribution of hexane at 60 psi 



Number of deuterium atoms 


FIGURE 19.8 Deuterium distribution in hexane at 60 psig. 


H/D distribution of hexane at 100 psi 



FIGURE 19.9 Deuterium distribution in hexane at 100 psig. 

nonexistent, adsorption is irreversible. That is, the hexane that adsorbs onto active 
Pt® metal sites reacts to completion, selectively synthesizing benzene, presumably by 
direct 1,6-ring closure. 

At least for pressures as high as 60 psig, the modification in pressure seems to 
only vary the rate of H/D exchange in the hexane feed, as little isotopic preference 
is also noted in the hexane mixture eluting from the reactor. As shown in Table 19.5 
and Figure 19.10, as pressure is increased from atmospheric pressure to 60 psi, the 
isotopic ratio of the hexane mixture eluting from the system slightly deviates from 
a 1:1 H/D ratio because of the exchange of hexane-Di 4 with the hydrogen pool. 
However, since the KIE for the conversion of hexane to products remains close to 
unity, the results indicate that single-file access of hexane to Pt clusters (i.e., the 
effect of the L-zeolite structure) is maintained. 

It is known that the bond dissociation energy for a C-D bond is higher than that 
of a C-H bond. In light of this, if there is competitive adsorption of the reactant 
and the rate is constrained by the scission of this bond, one would expect to see 
a normal kinetic isotopic effect (NKIE) for the conversion of hexane to products. 
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TABLE 19.5 

Conversion of the Isotopic Feed of Hexane to Products with Increasing 
Pressure and the Comparison of the H/D for Hexane (due to Exchange) 
between the Peak Area Total Given from Flame Ionization Detector and the 
Peak Area Totals Given in the Mass Selective Detector 


Conversion Mass Selective 

(Flame Ionization Detector) Flame Detector (calc. 



Pressure 




Ionization 

H Atoms/D 


(psig) 

Total 

Hexane-D ,4 

Hexane-Hi4 

Detector H/D 

Atoms) (H/D) 

Sample 





1.02 


1 

0.00 

83.5 

42.2 

41.4 

0.98 

0.94 

2 

0.00 

33.6 

16.5 

17.1 

1.03 


3 

0.00 

21.4 

10.7 

10.7 

1.00 


1 

30.00 

27.4 

15.1 

12.3 

0.81 

0.85 

2 

30.00 

28.8 

15.9 

12.9 

0.81 


3 

30.00 

5.9 

3.3 

2.6 

0.78 


1 

60.00 

10.6 

6.5 

4.1 

0.62 

0.71 

2 

60.00 

9.8 

6.1 

3.8 

0.62 


3 

60.00 

9.8 

6.1 

3.7 

0.61 




100 psi 


Time (min) 


FIGURE 19.10 A comparison of four chromatograms for increased pressures: (left) 
hexane-Di 4 and (right) hexane-Hi 4 . 
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In previous work employing a nonmicroporous l%Pt/Si02 catalyst, a large NKIE 
of 3.5 was observed using a mixture of n-octane-Djg and n-octane-Hjg when run 
competitively. In that case, dehydrocyclization exhibited an NKIE higher than what 
would be expected considering only ground-state energy differences in the C-H and 
C-D bonds of the alkane reactants. 

In the low-pressure range, where virtually no H/D exchange in hexane reactant 
was observed (i.e., adsorption is not competitive), a 1:1 ratio was identified in the 
KIE value for the conversion of hexane-Hj 4 relative to hexane-Dj 4 . This lack of 
a KIE is consistent with single-hle access of hexane that is governed by the nar¬ 
row windows of KL-zeolite to the Pt clusters situated in the wider lobes of the 
channels. As the system pressure is increased, three observations are noted in the 
competitive isotopic tracer experiments using the equimolar mixture of hexane- 
Hj 4 and hexane-Dj 4 feed. First, as pressure is increased, the degree of exchange 
between the hexane-Dj 4 and the hydrogen pool increases as well. At 100 psi, there 
is significant H/D scrambling in hexane completely independent from hexane con¬ 
version to products (Figure 19.11) indicating that adsorption is no longer irrevers¬ 
ible, but rather reversible. Second, at 100 psi, the selectivity to methylcyclopentane 
(MCP) and its secondary conversion products (2 and 3 MP) increases. These are 
well-known reversible products that can convert back to hexane and participate in 
aromatization (Scheme 19.2). The presence of these products at significant levels 
provides additional confirmation of a shift in the mechanism toward reversible 
adsorption. Third, up to 60 psi, the lack of a kinetic isotope effect for the conver¬ 
sion of hexane to benzene. Though a slight deviation occurs, this is most likely 
due to the hexane-Dj 4 exchanging with the hydrogen pool when the pressure is 
increased. Scheme 19.3 shows how exchange with the hydrogen pool could result 
in a slightly low apparent KIE. As mentioned, when pressure increases, the adsorp¬ 
tion becomes more reversible, increasing the probability for hexane adsorption/ 
desorption. Each time this occurs, the hexane-Dj 4 can interact with hydrogen from 
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FIGURE 19.11 A comparison of the D exchange versus hexane conversion to products, 
indicating that the rate of exchange is independent of hexane conversion. 
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C,-C5 hydrocracking 
products 


Isohexanes 



SCHEME 19.2 A proposed scheme for the aromatization of hexane to benzene. (From 
Stkheev, A.Y. et al., Stud. Surf. Sci. Catal., 98, 108, 1995; Wootsch, A. and Paal, Z., J. Catal., 
205, 86, 2002.) 


C.D,, 




pool 




n pool 

*C6H,D,2+D+ 

*Pt adsorbed species 

SCHEME 19.3 Adsorption/desorption of hexane and interaction with the hydrogen pool. 


the pool—eventually achieving a pseudo-equilibrated distribution of 
molecules. This can be conhrmed by a close inspection of Figure 19.10, where the 
hexane-Di 4 decreases in the FID signal with increasing system pressure, while the 
rate of H-D exchange in isotopic hexane mixture increases. That is, with increas¬ 
ing pressure, the amount of hexane-Dj 4 decreases, and the isotopically mixed hex¬ 
anes, like hexane-DjjH and hexane-Dj 2 H 2 , increase. Thus, any estimate of the KIE 
at the higher pressures is challenging, due to considerable exchange among hexane, 
deuterated hexane, and the hydrogen pool. 
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The overall conversion loss over time does not seem to be significantly affected 
by the change in pressure as demonstrated in Figures 19.12 and 19.13. The primary 
difference that can be assessed is that there is an increase in the selectivity of MCP 
(1,5 cyclized product) and its secondary isomerized products (2 and 3 MP), as well 
as products of hydrocracking (Cj-Cj) (Figures 19.14 and 19.15). 


Hexane conversion 



0 

-5 5 15 25 35 45 

Time (h) 

FIGURE 19.12 A 40 h run at 773 K and atmospheric pressure. Weight hourly space 
velocity is 15. 


Hexane conversion at 100 psi 



FIGURE 19.13 A 40 h run at 773 K and 100 psig. Weight hourly space velocity is 15. 
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FIGURE 19.14 A 40 h run at 773 K and atmospheric pressure. 
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FIGURE 19.15 A 40 h run at 773 K and 100 psig. 

19.4 CONCLUSIONS 

In prior competitive experiments with H- and D-labeled reactants, the rate-limiting 
step of aromatization on a nonmicroporous Pt catalyst was proposed to he, based on 
a large NKIE, the adsorption of the reactant that converts irreversibly to benzene on 
the active Pt” sites. Thus, the molecules compete for sites on the catalyst surface. With 
a well-prepared Pt/KL catalyst (where small Pt metal crystallites are located in the 
wider lobes of the KL-zeolite channels) operating at atmospheric pressure, no isoto¬ 
pic preference for H or D is found in the benzene product, and little exchange occurs 
in hexane itself. The results indicate that the narrow windows of the KL-zeolite 
provide single-file access of hexane to the Pt clusters situated in the wider lobes of 
the channels.^ In this way, there is no competition of multiple reactant molecules 
for sites on the Pt, and each molecule that enters adsorbs and converts to product. 
As the pressure is increased, the selectivity toward benzene decreases as adsorption 
becomes more reversible. This is noted by increased H/D scrambling in hexane and 
increased selectivities to MCP and 2- and 3-methylpentanes. This gradual increase 
in H/D scrambling in hexane indicates exchange in hexane proceeds in a stepwise 
manner, with successive adsorption/exchange steps. Finally, calculations that take 
into account the minor degree of exchange of H and D in reactant reveal that there 
is still a lack of a significant KIE for the aromatization of hexane; this suggests that 
the pore opening is still providing single-file access of the hexane to Pt for pressures 
at or below at least 60 psi. However, at 100 psi, the scrambling reaches a pseudo¬ 
equilibrium, with the rate of exchange being higher than that of hexane conversion 
to benzene and other products. Thus, hexane no longer irreversibly adsorbs onto the 
Pt particle. This indicates that as pressure increases from atmospheric pressure to 
100 psi, the selectivity is driven increasingly by reversible adsorption. 
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Velocys is actively engaged in the commercialization of an advanced Fischer- 
Tropsch (FT) process based on a novel, high-activity catalyst and a microchannel 
reactor platform. The unique combination of these technologies enables Velocys to 
provide one of the most selective and robust FT processes commercially available 
today. In this paper, a few of the myriad activities enabling the successful commer¬ 
cialization of the Velocys FT technology, namely, catalyst development and scale-up, 
reactor manufacturing and scale-up, process protocols, and model development, are 
discussed. Strategies employed to minimize risk in each of these areas along with 
examples of successes are presented. Finally, pilot plant data at commercial operat¬ 
ing conditions are also presented. 

Keywords: MicroChannel Fischer-Tropsch synthesis, Syngas conversion, Microreactor, 
Cobalt catalyst, Catalyst deactivation. Catalyst impurities. Process scale-up. Reactor 
manufacturing, Pilot plant operation 

20.1 INTRODUCTION 

While Fischer-Tropsch (FT) synthesis is a commercialized process in its incarna¬ 
tions as a slurry bubble column system, conventional fixed-bed reactor system. 
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and fluidized bed reactor system [1-6], Velocys has developed and is commercializing 
an advanced FT process based on a new high-activity cobalt-based catalyst in a micro- 
channel reactor. The compact and modular nature of the Velocys technology enables the 
deployment of a gas-to-liquids (GTL) process at smaller scales than is possible using 
conventional technology, thus enabling plants that can be deployed cost-effectively in 
remote locations and on smaller fields than is possible with competing systems. Smaller- 
scale GTL converts natural gas into premium liquid products such as diesel and jet fuel 
and/or high-quality synthetic waxes and specialty paraffin products. Smaller-scale GTL 
adds value to shale gas and makes monetization of stranded or flared gas economic—a 
combined untapped market of up to 25 million barrels per day (BPD). Additionally, it 
provides a viable platform to address the unique needs of biomass-to-liquids (BTL) and 
waste-to-liquids (WTL) opportunities, where the Velocys FT synthesis technology can 
be deployed at scales that match the economies of waste or biomass collection logistics, 
something that is not achievable using conventional FT synthesis. 

Commercializing any new catalytic process requires an active engagement in a 
wide range of activities in diverse areas related to the development of the technology 
including (but not limited to) catalyst development and manufacturing scale-up, reac¬ 
tor design and commercial manufacturing, development of commercial procedures 
and operating protocols, predictive performance model development, steady-state 
and dynamic simulation, and (generally) pilot and/or larger-scale process demonstra¬ 
tion. All of these activities are focused on minimizing deployment risk while maxi¬ 
mizing commercial performance. In this chapter, we describe a few of these tasks 
pertaining to the Velocys FT synthesis catalyst and reactor technology undertaken to 
build confidence in its commercial deployment. 

20.2 VELOCYS FT SYNTHESIS TECHNOLOGY OVERVIEW 

The FT synthesis catalyst developed by Velocys features a silica-supported, cobalt 
catalyst with exceptionally high activity, low gas selectivities, very low catalyst deac¬ 
tivation rate, and excellent regenerability. These highly desirable catalyst character¬ 
istics are a result of the unique organic matrix combustion (OMX) method of catalyst 
synthesis, not simply the catalyst composition [7,8]. The OMX method is a modifica¬ 
tion of the combustion synthesis method, in which a self-sustaining reaction occurs 
between metal salts and an added organic fuel without the need for an external heat 
source. Catalysts are prepared through the application of multiple impregnations of 
a porous silica support (particle size range of about 100-300 pm) with a cobalt pre¬ 
cursor solution containing an organic fuel. A promoter is used to improve the cata¬ 
lyst’s performance. A calcination step is performed after each cobalt impregnation 
in order to convert the cobalt precursor to cobalt oxide (C 03 O 4 ) [7]. By tailoring the 
synthesis conditions in the OMX method, the C 03 O 4 particle size and size distribu¬ 
tion in the catalyst is controlled, and FT synthesis performance thereby improved 
[9]. Commercialization requires successful large-scale manufacturing of the catalyst 
that retains these highly desirable performance characteristics. Velocys has fully 
qualified its catalyst supply chain by following a step-by-step scale-up approach that 
assures uniform high performance from each manufactured batch relying on effec¬ 
tive quality assurance processes at the commercial manufacturer. 
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Velocys reactors that deploy the FT synthesis catalyst are based on microchan- 
nel technology, that is, channels with critical dimensions of the order of 0 . 1-10 mm. 
The resulting high ratio of heat transfer surface area to catalyst volume and small 
heat transfer distances between the process and coolant channels enable a near- 
isothermal operation of the catalyst bed and a high volumetric productivity. In a 
commercial reactor, channels are numbered up to form layers (several hundred chan¬ 
nels) that in turn are numbered up to form reactors (several thousand channels), 
which are also numbered up to give the required production capacity [6,10]. A note¬ 
worthy aspect of this numbering-up approach is that despite increasing the number 
of channels, the key dimensions of these channels are conserved. 

20.3 PROCESS DEVELOPMENT 

Process development requires detailed laboratory testing to develop optimal operat¬ 
ing conditions, specialized catalyst activation, and regeneration procedures and all 
operating protocols: “dry bed” and routine start-up, routine and emergency shutdown, 
process turndown, and idling, among others. Additionally, catalyst regenerability and 
life also need to be evaluated through rigorous laboratory testing. While some aspects 
related to development of commercial protocols have been discussed in Reference 6 , 
the evaluation of catalyst stability, regenerability, and life is discussed later. 

The microchannel testing apparatus and methodology used to evaluate the catalyst 
and/or process performance has previously been described in References 6 and 10. 
A microchannel reactor with one process channel and two adjacent coolant channels 
was loaded with a commercially manufactured, undiluted, particulate catalyst in the 
process channel as a packed bed. FT synthesis was performed by feeding Hj, CO, 
and inert gas (Nj) using mass flow controllers. Figure 20.1 shows the performance 
results from one such test over a nearly 2-year period of operation. Several commer¬ 
cial operating conditions were evaluated in this run spanning a range of inlet Hj/CO 
ratio, inert level in the syngas, reactor inlet pressure, and space velocity (flow) expected 
when operating in a “single stage with recycle” mode. The targeted CO conversion 
was maintained at each condition by increasing the operating temperature as catalyst 
slowly deactivated. The approximately 400-day operation between the first and second 
regenerations typically had 16%-35% inerts in the feed. The single-pass CO conver¬ 
sion was maintained around 75% for the majority of this period with a small period 
of operation at approximately 80% CO conversion. Since synthesis gas is expensive to 
produce, typically -50% of plant capital cost for GTL plants and higher for BTL plants, 
project economics require maximizing liquid production through high overall CO con¬ 
version and a high, »80%, CjH- liquid selectivity (minimizing C 1 -C 4 gas selectivity). 
Overall CO conversion of -91% can be achieved with a per-pass CO conversion of 
-75%, while the 80% per-pass CO conversion corresponds to an overall CO conversion 
of -94.5%, which promotes favorable plant economics. But to assess the potential prof¬ 
itability for a plant, one also needs to consider the CjH- selectivity, which is typically 
lower with higher per-pass CO conversion [11]. The approximately 200-day operation 
between the second and third regenerations typically had 35%-55% inerts in the feed. 
Even under these aggressive conditions, the catalyst was able to maintain a high per- 
pass CO conversion of -75% without consequential increase in the deactivation rate. 
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— CO conversion — CH 4 selectivity — Temperature 



FIGURE 20.1 Long-term single-channel laboratory reactor operations have demonstrated 
excellent catalyst stability at high per-pass conversion conditions along with low deactivation 
rates. 

An important consideration for commercial operation is that the deactivation rate 
should not increase with long-term operation or following regeneration. This was 
evaluated using another single-channel laboratory reactor with a commercial cata¬ 
lyst that operated for nearly 2.5 years. Figure 20.2 shows virtually identical deac¬ 
tivation rates on initial start-up of fresh catalyst and after regeneration following 
synthesis operations for more than 2 years onstream. 

In a commercial operation, it is expected that the catalyst will need to undergo 
several regeneration cycles to recover from activity loss (not only associated with 
catalyst ageing but also due to process upsets and accelerated deactivation resulting 
from the presence of poisonous contaminants in the syngas feed) to achieve a multi¬ 
year operating life while maintaining the desired productivity targets. To validate the 
catalyst regenerability (and life), another single-channel laboratory reactor was used 
to perform multiple regeneration cycles with short intervening periods of synthesis 
operation. Figure 20.3 shows the process performance metrics of CO conversion, CH 4 
selectivity, and C^H- selectivity (calculated as I-C 1 -C 2 -C 3 -C 4 ) in gas phase over 13 
regeneration cycles. Catalyst activity following regeneration is actually higher than or 
equal to the initial (fresh charge) activity through about nine cycles, as evidenced by 
an average reactor temperature equal to, or less than, that required by the fresh cata¬ 
lyst to achieve the same target CO conversion. Even after 13 regeneration cycles, the 
catalyst retains more than 90% of its initial activity without any significant change 
in the product composition, which is adequate to assure the targeted multiyear life. 
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• Initial start-up January 2011 ♦ Post regen start-up June 2013 


FIGURE 20.2 Start-up performance of tfie fresh catalyst is compared to that after regen¬ 
eration (following a total of 2.2 years onstream) as a function of time onstream since syngas 
introduction. Catalyst deactivation rates remain unchanged following long-term operation 
and regeneration. 
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FIGURE 20.3 Catalyst shows excellent regenerability, supporting a long commercial oper¬ 
ating life. Activity level following nine regeneration cycles is equivalent to that of the fresh 
catalyst as indicated by similar operating temperatures. 
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TABLE 20.1 

Operating Condition Ranges Employed 
in Laboratory Reactor Tests to Develop 
a Predictive Process Performance Model 



Minimum 

Maximum 

Feed H 2 /CO ratio 

1.4 

4.5 

Feed inerts (%) 

10 

70 

Pressure (psig) 

200 

450 

Feed rate (GHSV) 

7,200 

24,000 

Temperatures (°C) 

175 

235 


While evaluating potential operating conditions for a commercial project, a 
process performance model is a valuable tool that allows the engineering team to 
identify the target operating conditions without time-consuming and costly labora¬ 
tory experiments. To develop this model for the Velocys FT process, performance 
measurements were conducted in a single-channel laboratory reactor system over a 
wide range of operating conditions, shown in Table 20.1. The conditions selected in 
Table 20.1 were broad enough to allow the comparison of a two-stage operation (low 
inerts in the first stage and high inerts in the second stage) with a single stage with 
recycle operation (medium inerts) and also avoid correlation between the important 
process variables (e.g., partial pressures of Hj, CO, and inerts). The resulting data 
from over 60 experimental conditions were analyzed to develop a model capable of 



CO conversion predicted (%) 

P < .0001 RSq = 0.98 RMSE = 0.0319 


FIGURE 20.4 Predicted versus measured CO conversion from the process performance 
model developed over the range of operating conditions shown in Table 20.1. Excellent fit 
is observed as evidenced by the high coefficient of determination or (Rsq) and low root 
mean squared error. Majority of the experimental data lie within the dotted lines representing 
a 95% confidence interval. 
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predicting the process performance. The results shown in Figure 20.4 for CO conver¬ 
sion indicate an excellent fit between the experimental data and the model predic¬ 
tions. Similar predictive models were also developed for CH 4 , COj, C2-C4, and C5-1- 
selectivities. Product samples collected at each condition were analyzed to develop 
predictive models for the polymerization probability “alpha.” The predictive models 
were also validated for aged and regenerated catalyst performance. 

20.4 CATALYST DEVELOPMENT, SCALE-UP, AND INTEGRATION 

The process of taking a successful catalyst concept, as demonstrated by laboratory prep¬ 
arations, to a successful commercial product, requires control of physical and chemical 
characteristics beyond the chemical details embodied in the original formulation. 

A concern at the commercial manufacturing scale derives from the range of prod¬ 
ucts made in a typical catalyst manufacturing plant. Each different product has the 
potential to leave remnants of the chemical products used to manufacture that par¬ 
ticular product. While efforts are made to remove these types of residual contami¬ 
nants, there is a limit to how perfectly certain types of contaminants can be removed 
from equipment. Consequently, the potential for a range of likely impurities to influ¬ 
ence the FT synthesis catalyst’s activity or selectivity needs to be clearly quantified 
as a basis for establishing allowable trace contaminant levels in the manufactured 
product. This type of investigation lends itself well to the use of formula optimiza¬ 
tion experimental designs in order to develop a “response surface” for the potential 
impurities. An important advantage of such an experimental design approach is the 
quantification of interaction of impurities with one another. 

An example of such a statistically designed response experiment is shown in 
Table 20.2. For confidentiality reasons, we are unable to identify the chemical identity 
of each potential contaminant. Rather, they are indicated by a numerical index from 
1 to 7. Starting with a high purity master batch of catalyst with well-characterized 
performance, the impurities were applied at the 0 , 1000 , or 2000 ppm levels as dic¬ 
tated by the experimental design selected. The measured response, in this case CO 
conversion, measured under standardized measurement conditions, is shown in the 
far right column of the table. Under standard operating conditions, a CO conversion 
on the order of 70% is expected for an uncontaminated catalyst. Clearly, each of these 
samples is quite considerably deactivated. However, analysis of the data points to a 
subset of particularly effective poisons, identified by the indexes 1, 2, 4, and 6 . With 
this knowledge, a second experimental design was used to better refine the impact of 
these most damaging contaminants as seen in Table 20.3, where much lower levels are 
used. Further, the response is given as the decrease in conversion relative to the nomi¬ 
nally expected level for the uncontaminated master sample. This time, the impacts 
are much smaller, allowing for the development of a response model for each of the 
individual contaminants. Table 20.3 also shows the predicted decrease in conversion 
based on the model for comparison with the experimentally measured value. A better 
sense for the efficacy of the model can be obtained by comparing the predicted con¬ 
version decline with that measured for each composition in a parity plot, as is shown 
in Figure 20.5. While there is scatter, the quality of fit is sufficiently acceptable to set 
allowable contaminant levels for each species for a given net performance impact. 
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TABLE 20.2 

Statistically Designed Response Surface Experiment to Determine 
Allowable Levels of Potential Contaminants in the Commercially 
Manufactured Catalyst 

Impurity Level (ppm) Test Results 


Catalyst No. 

1 

2 

3 

4 

5 

6 

7 

CO Conversion 

1 

0 

0 

2000 

2000 

1000 

0 

0 

7.2 

2 

0 

2000 

0 

2000 

2000 

1000 

0 

18.4 

3 

1000 

1000 

1000 

1000 

1000 

1000 

1000 

8.0 

4 

0 

0 

0 

2000 

0 

2000 

2000 

10.4 

5 

2000 

2000 

2000 

0 

2000 

0 

0 

6.9 

6 

0 

2000 

2000 

1000 

0 

0 

2000 

6.4 

7 

2000 

0 

2000 

0 

0 

1000 

2000 

4.8 

8 

2000 

0 

0 

1000 

2000 

2000 

0 

9.9 

9 

2000 

2000 

0 

2000 

0 

0 

1000 

9.0 

10 

2000 

1000 

2000 

2000 

0 

2000 

0 

5.4 

11 

1000 

1000 

1000 

1000 

1000 

1000 

1000 

7.7 

12 

1000 

0 

0 

0 

0 

0 

0 

24.4 

13 

2000 

2000 

0 

0 

1000 

2000 

2000 

10.3 

14 

1000 

2000 

2000 

2000 

2000 

2000 

2000 

6.3 

15 

0 

0 

2000 

0 

2000 

2000 

1000 

5.9 

16 

2000 

0 

1000 

2000 

2000 

0 

2000 

6.0 

17 

0 

1000 

0 

0 

2000 

0 

2000 

26.2 

18 

0 

2000 

1000 

0 

0 

2000 

0 

7.3 


When working in a microchannel environment, where commercial reactors are 
made up of many thousands of individual channels, stable long-term operation 
requires flow uniformity from channel to channel. Such uniformity can be quite 
subtly influenced by nearly imperceptible variations in particle size distribution from 
channel to channel. One very obvious concern is the content and distribution of 
particles substantially smaller than the nominal particle sizes in the targeted range, 
the so-called lines. While laboratory practices in catalyst preparation are unlikely 
to damage catalyst particles, the large-scale mechanical manipulations associated 
with commercial-scale manufacturing have considerable potential to produce fines. 
To control this characteristic in the commercial product, each unit operation must 
be examined by the catalyst formulators and the commercial manufacturer in order 
to identify those operations most likely to damage the catalyst and then agree on 
practices to mitigate these potential effects. 

An important assertion in the numbering-up strategy is that each channel in a 
commercial reactor must behave like every other channel. Consequently, methods 
for charging reactors that result in reproducible flow characteristics must be devel¬ 
oped. This is illustrated in Figure 20.6, which shows that even with multiple charging 
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TABLE 20.3 

Second Experimental Design to Refine the Contaminant Specification for the 
Contaminants with the Largest Impact on Activity as Shown in Table 20.2 

Absolute CO Conversion 
Decrease Relative to a 

Impurity Added (ppm) Reference Experimental Value 


Catalyst No. 

1 

4 

6 

2 

Experiment 

Model 

1 



100 


1.5 

0.4 

2 

100 


100 


6.2 

6.0 

3 


170 



4.8 

5.4 

4 


170 

100 


6.3 

9.6 

5 



200 


3.0 

0.6 

6 

200 


200 


12.4 

10.0 

7 


340 



9.5 

12.0 

8 


340 

200 


12.5 

13.8 

9 




200 

3.2 

2.7 

10 




400 

6.4 

6.6 

11 

259 



400 

6.2 

6.0 

12 



400 


7.8 

6.0 



FIGURE 20.5 Observed versus predicted loss of CO conversion (activity) due to potential 
catalyst contamination arising from foreign material as a result of shared equipment. The 
predictive model is based on data summarized in Tables 20.2 and 20.3. 

repetitions, the measured pressure drop across a single channel differs only by the 
experimental variability expected for this type of measurement. Having identihed 
the appropriate methods for catalyst handling and integration, we have worked with 
our catalyst handling partner, Mourik International BV, who has deemed that all the 
catalyst handling processes, materials, and test methods for the Velocys FT synthesis 
reactors are fit and ready for commercial use. 
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FIGURE 20.6 Pressure drop across a single channel (with varying gas flows) shows excel¬ 
lent reproducibility for several different catalyst charges. 


20.5 REACTOR DEVELOPMENT, SCALE-UP, 

AND MANUEACTURING 

From a reaction perspective, the microchannel FT synthesis reactor can still be con¬ 
sidered as, and behaves like, a traditional multitubular reactor with very small tube 
diameters. Given its small characteristic dimensions, correspondingly smaller cata¬ 
lyst particle sizes and consequently shorter tube lengths (to avoid excessive process 
pressure drop) are needed. However, from mechanical and construction perspec¬ 
tives, the reactor is very different from traditional chemical plant/refinery reactors. 
This has led us to develop a new manufacturing process suitable for mass production 
and deployment at commercial scales. 

As discussed earlier, microchannels lend themselves to easy scale-up by num¬ 
bering up of these channels to form layers and, in turn, reactors and reactor trains 
to meet the production requirement at a particular site (from 1,500 to 15,000 
BPD). Hence, Velocys FT synthesis reactors are modular, with standardized 
design and of repeatable volume, which are the key drivers for facilitating and 
accelerating mass production. Figure 20.7 demonstrates this numbering-up prin¬ 
ciple in the context of the manufacturing process where individual process and 
coolant layers are assembled together to form subassemblies that are then stacked 
together to form the reactor core. A pressure boundary is added around multiple 
reactor cores to form the hnished reactor, which is ready to be integrated into a 
modular plant. The plant modules (small enough to fit in standard-sized ship¬ 
ping containers) are constructed in a factory before shipping to the installation 
site, which may be in a remote geographical location. This construction method 
reduces on-site construction time and minimizes cost and schedule risk during 
the on-site construction phase. 

The strategy that Velocys has adopted has been to leverage world-class partners 
and state-of-the-art manufacturing technology from various industries in order to 
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FIGURE 20.7 Steps involved in commercial reactor manufacturing process. Individual 
process and coolant layers are assembled together to form subassemblies, which are then 
integrated together to form the reactor core. The core is then enclosed in a pressure boundary 
to form a finished reactor product. 

achieve economic and high-quality production. Velocys has developed its com¬ 
mercial supply chain by focusing on a step-by-step approach. First, we identified 
and developed the best technology and process for each step of the manufacturing 
sequence. The prototype manufacturing process was then developed with smaller 
R&D-style manufacturers at the initial stage of supply chain development. The 
next step was to identify and qualify high-volume manufacturers that could meet or 
exceed our quality, capacity, and economic requirements. Learnings from early pro¬ 
totype development were transferred to these high-volume manufacturers shortening 
the time to commercialization. 

Velocys has established a partnership with Shiloh Industries, one of North 
America’s leading suppliers of engineered metal products and lightweighting solu¬ 
tions to the automotive industry, for the manufacturing of commercial reactors. 
Mass-manufacturing cells for Velocys reactor cores have now been set up at Shiloh 
Industries (panel a in Figure 20.8 shows an automated robotic arm at work in such a 
manufacturing cell) with an initial manufacturing capability to support annual pro¬ 
duction of reactors needed for up to 10,000 BPD of FT synthesis production capac¬ 
ity, with plans in place to enable necessary ramp up in line with demand. A supply 
agreement is also in place with a leading stainless steel pressure vessel manufacturer 
to fabricate the pressure vessel that surrounds the (multiple) reactor cores as a final 
manufacturing step to form the finished reactor (see panel b in Figure 20.8). Velocys 
and its partners continue to work together to continuously improve the reactor manu¬ 
facturing process. 

Rigorous quality assurance methodologies, including external validation, have 
been applied in the design of the reactors and the setup of the manufacturing sup¬ 
ply chain. As an example, TWI (one of the world’s foremost independent research 
and technology organizations, with expertise in solving problems in all aspects 
of manufacturing, fabrication, and whole-life integrity management technologies) 
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FIGURE 20.8 Panel (a) shows an automated robotic arm engaged in mass manufacture of 
reactor cores at the production facility at Shiloh Industries. Panel (b) shows a finished reactor 
with pressure boundary that is ready for integration into a plant. 

was engaged for an assessment of the commercial reactor design. The assessment 
included a front-end engineering design review with a failure modes and effects 
analysis and a program of stress testing with temperature and pressure cycles to 
mimic the reactor’s 20-year life. 

The intent of the stress test program was to expose the FT synthesis reactor to 
repeated cycles using the American Society of Mechanical Engineers (ASME) 
design limits as guidance (to simulate accelerated mechanical life testing), fol¬ 
lowed by a detailed inspection to validate its mechanical integrity. A nominal 25 
BPD reactor was placed in a specially designed furnace and held at the ASME 
design temperature and pressure (of 250°C and 562 psig, respectively) for various 
process-to-coolant side differential pressure combinations until either a “failure” 
was observed or 1000 cycles were completed, whichever came first. The testing 
results, shown in Eigure 20.9, indicate 1000 cycles (equivalent to a 20-year reac¬ 
tor life) being completed with no failures of any kind found during the subsequent 
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FIGURE 20.9 Mechanical integrity testing of the Fischer-Tropsch synthesis reactor per 
third party, TWI, specifications met the requirement for a 20-year reactor operating life. 

evaluation. This provided a validation of the reactor mechanical integrity. TWI has 
assessed the FT synthesis reactor as fit for purpose and concurred with the manufac¬ 
turing strategy adopted by Velocys. They also noted that good engineering practice 
was applied around the design criteria, material selection, operating conditions, and 
fabrication process. Failure modes identified around reactor manufacture, process 
impact, equipment operation, and corrosion/life were addressed through a combina¬ 
tion of process design, documentation, quality control, and operating procedures. 

20.6 PROCESS SCALE-UP 

As additional validation of the Velocys FT synthesis technology offering, several 
pilot- and demonstration-scale reactors have been operated to date ranging in size 
from a nominal 0.5 BPD reactor in Giissing, Austria, in 2010-2011 (with SGC 
Energia), a nominal 6 BPD reactor in Fortaleza, Brazil (with the Brazilian national 
oil company, Petrobras, and partners Toyo Engineering and MODEC), in 2012-2013 
to a nominal 25 BPD reactor at another client’s facility in 2012. Results to date have 
been in excellent agreement with predictions based on laboratory studies and mod¬ 
els, as shown for the latter operation in Figure 20.10. 

A pilot plant and training facility has been in operation since 2013 at our loca¬ 
tion in Plain City, Ohio, United States. An FT synthesis reactor unit of nominal 0.7 
BPD capacity is in operation in this integrated GTE plant designed to provide per¬ 
formance data to support commercial operations, generate product for studies, and 
serve as a training facility for plant operators. Figure 20.11a and b shows process 
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FIGURE 20.10 Comparison of measured versus model predicted CO conversion and meth¬ 
ane selectivity for the nominal 25 BPD demonstration reactor operated at a client’s facility 
in 2012. 


performance data from the Velocys pilot plant at commercial operating conditions 
with a commercially manufactured catalyst. The syngas is generated via reform¬ 
ing of pipeline natural gas using a conventional steam methane reformer. For a 
reactor feed with an inlet Hj/CO ratio of 1.85 and -41% inerts, a CO conversion of 
approximately 74% was achieved with a CH 4 selectivity of approximately 6%-7% 
at reactor inlet pressure of 340 psig and a contact time of 356 ms. Stable operations 
for more than 1500 h are noted with deactivation rates similar to that observed 
in single-channel laboratory reactors. Regeneration was performed after approxi¬ 
mately 1000 h on stream, and activity was restored to that equivalent to the start of 
run conditions with similar CO conversion and CH 4 selectivities on both start-ups 
(see Figure 20.11a). Figure 20.11b shows the corresponding C5-1- selectivity, calcu¬ 
lated as (I-C 1 -C 2 -C 3 -C 4 ), in gas phase, which is in the range of 87%-90% for this 
run. Combined with the high wax alpha value of ca. 0.93 (see Figure 20.11b), this 
demonstrates a relatively high-value product produced in this operation that also 
favors a high diesel yield. Predictive performance modeling has been carried out 
in-house for the Velocys pilot plant configuration to generate both steady-state and 
dynamic process simulations using the commercial VMGSim software package. 
These simulation tools are employed for commercial facility design and perfor¬ 
mance optimization studies. 
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FIGURE 20.11 Long-term operation of a commercial catalyst at target commercial operat¬ 
ing conditions in the Velocys pilot plant reactor. Panel (a) shows the CO conversion and CH 4 
selectivity, while panel (b) shows the C 5 + selectivity and the alpha (polymerization probabil¬ 
ity) for the wax product. 
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20.7 COMMERCIALIZATION 

Rather than attempting everything associated with the design and construction of 
a complicated GTL (or WTL/BTL) plant, Velocys focuses on the development and 
commercialization of FT synthesis catalysts and reactors. Key partnerships and col¬ 
laborations for the engineering, manufacturing, and deployment of our technology 
have been established. Together with our partners, we offer a complete smaller- 
scale GTL solution. For on-shore plants, these include Mourik (catalyst loading and 
unloading), Flaldor Topspe (syngas generation and/or FT synthesis product upgrad¬ 
ing), Ventech (engineering and construction), Hatch, Toyo, and Fluor (engineering). 

In March 2014, a joint venture between Waste Management, NRG Energy, 
Ventech Engineers International, and Velocys was announced for the development 
of multiple plants utilizing a combination of renewable biogas (including landhll 
gas) and natural gas. The final investment decision was made in July 2014 to pro¬ 
ceed with construction of a hrst commercial facility, which will be located at Waste 
Management’s East Oak landhll site in Oklahoma, United States, where construction 
is underway. In June 2014, Velocys acquired one of the leading project developers 
of smaller-scale GTL in North America to accelerate the development of projects 
incorporating its technology. Velocys is now developing its own 4200 BPD GTL 
plant at an 80 acre industrial site near the Port of Ashtabula, Ohio, United States, 
leveraging low-cost natural gas from the Marcellus shale region. Initial engineering 
for the proposed facility has been completed and the air permit issued. 

Velocys ET synthesis technology has also been selected for other commercial 
projects including GreenSky London, a commercial 2500 BPD waste biomass-to-jet 
fuel plant being developed by Solena Fuels in partnership with British Airways at 
the Thames Enterprise Park, in Essex, United Kingdom, and Red Rock Biofuels, a 
1,100 BPD plant in Oregon that will convert some 170,000 tons per year of forestry 
and sawmill waste into ultraclean transportation fuels. 

20.8 CONCLUSIONS 

Velocys has developed a cobalt-based ET process that operates with very high reac¬ 
tion rates, per-pass and overall CO conversion, and Cs-t liquid selectivities along 
with low deactivation rates and excellent regenerability over multiple cycles. Many 
different supporting programs are required to enable commercialization, and these 
have been implemented and conducted, in order to minimize risks associated with 
new chemical process deployment. These efforts are paying off as the ET synthesis 
technology developed by Velocys is at the cusp of deployment in its own projects and 
continues to be selected for commercial GTL and BTL projects being developed by 
third parties. 

Velocys has been able to develop its catalyst and reactor commercial supply chain 
in recent years by executing a step-by-step approach to develop and/or leverage state- 
of-the-art manufacturing technology with its partners in order to achieve economical 
and high-quality production. Consequently, Velocys is well positioned to scale up 
production at a time when the market for smaller-scale GTL is rapidly developing. 
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The purpose of small-scale Fischer-Tropsch gas-to-liquids (GTL) facilities is to con¬ 
vert unconnected natural gas to a transportable liquid product. The design intent and 
constraints are therefore different to that of large-scale facilities. All individual units 
in Fischer-Tropsch-based GTL conversions have been proven industrially, and the 
design challenge is not scaling down individual units. The foremost technical chal¬ 
lenge is to reduce the utility footprint. Mobility and utility self-sufficiency are two 
requirements imposed by the nature, size, and remoteness of unconnected natural 
gas sources. As a consequence, process design may in some respects have to be sub¬ 
servient to the utility design. Loss of economy of scale is inevitable, but a small-scale 
integrated modular design can offset some of the increase in capital cost per unit 
production capacity by improved robustness, scalability, turndown, and manufactur¬ 
ing efficiency. Modular small-scale GTL designs also have advantages related to 
reservoir capacity and production dynamics. 

Keywords: Gas to liquids, Fischer-Tropsch, Natural gas. Small-scale design. Utilities. 
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21.1 INTRODUCTION 

Methane is a useful fuel that is marketed directly to the end user. Despite methane’s 
usefulness, it has two main drawbacks compared to liquid hydrocarbon-based fuels: 
transportability and volumetric energy density. 

The normal boiling point temperature of pure methane is -161.5°C [1]. Thus, 
under ambient conditions, methane is a gas. Transport of gaseous methane from the 
producer to the consumer requires a pipeline. When this infrastructure is not avail¬ 
able, transportability becomes an issue. Two classes of gas-to-liquids (GTL) technol¬ 
ogy were developed to convert methane-containing gases into liquids to increase 
both transportability and volumetric energy density (Figure 21.1): 

1. Liquefied natural gas (LNG) technology: The direct liquefaction of gas 
requires the cryogenic cooling of methane to below its boiling point. The liq¬ 
uid methane can then be transported in insulated near atmospheric pres¬ 
sure containers as a liquid. Depending on the conditions at which methane 
is available, the minimum thermodynamic work required for liquefying 
methane ranges from 0.5 to 1.2 MJ/kg methane [2], with the most work 
required for methane that is available at low pressure. The energy value of 
methane itself is not degraded, but methane is not upgraded to a more valu¬ 
able product either. A drawback is that transportation still requires special¬ 
ized infrastructure due to the cryogenic nature of the liquid. 

2. Indirect liquefaction technology: The indirect liquefaction of gas entails 
the conversion of methane to synthesis gas (Hj and CO), followed by 
synthesis gas conversion to liquid products. The conversion of methane to 
synthesis gas is achieved by gas reforming [3]. The conversion of synthesis 
gas to liquid products is performed by either methanol synthesis [4] or by 
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FIGURE 21.1 Summary of gas-to-liquids technology classes: (a) liquefied natural gas and 
(b) indirect liquefaction by either methanol or Fischer-Tropsch synthesis. 
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Fischer-Tropsch (FT) synthesis [5]. Indirect liquefaction produces prod¬ 
ucts that are liquid at ambient conditions, but the total product has a lower 
energy value than the combined natural gas feed to the process and associ¬ 
ated utilities. The energy loss, expressed as an enthalpy loss, is in the range 
of 10-11 MJ/kg methane. The product energy loss does not include the 
additional work required in the process. This energy penalty is offset by 
the upgraded nature of the products that are produced, which can be trans¬ 
ported at ambient conditions using current infrastructure for liquid fuels. 

The subsequent discussion will focus on small-scale FT-based GTL. A twofold 
approach is taken. On the one hand, the steady erosion of prohtability will be tracked 
through the loss of value. On the other hand, the technical issues confronting the 
design of small-scale facilities will be outlined. 

To those that are familiar with the held, the introduction may seem superfluous, 
but there was a reason for giving a broader overview. It is important to keep in mind 
that the direct competition for small-scale FT-based GTL technology is small-scale 
methanol-based GTL and small-scale LNG technologies. The design challenges 
that are discussed are sometimes generic to small-scale GTL facilities, but in other 
instances, they are specific to FT-based technology. For those that are seeking to 
make a small-scale GTL technology decision, these design challenges differentiate 
the technologies. For those that are seeking to commercialize small-scale FT-based 
GTL, the technical design challenges must be efficiently overcome in order to make 
the technology competitive with alternative technologies. 

21.2 KEY CONCEPTS RELEVANT TO SMALL-SCALE GTL 

21.2.1 Difference between Methane and Natural Gas 

The introduction made reference to methane. Although methane is the main component 
of natural gas, natural gas and methane-rich gas sources also contain other compounds. 
Associated natural gas liquids can be recovered beforehand and blended with the liquids 
from the GTL process. Some typical dry gas compositions are given in Table 21.1 [1]. 


TABLE 21.1 

Dry Gas Compositions from Different Natural Gas Deposits 


Compound 

Formula 

North Sea, 
United 
Kingdom, 
Northern 

Methane 

CH4 

86.9 

Ethane 

C2H6 

11.1 

Hydrogen sulfide 

HjS 

Trace 

Carbon dioxide 

CO2 

1.2 

Nitrogen 

N, 

0.8 


Dry Gas Composition (vol.%) 


North Sea, 
United 
Kingdom, 

Ekofisk, 

Groningen, 

the 

Lacq, 

Southern 

Norway 

Netherlands 

France 

95.8 

88.7 

81.8 

71.1 

2.9 

9.0 

2.9 

2.9 

Trace 

Trace 

Trace 

16.0 

0.0 

1.8 

0.9 

10.0 

1.3 

0.5 

14.4 

0.0 





382 


Fischer-Tropsch Synthesis, Catalysts, and Catalysis 


The composition of the feed material for a small-scale GTL facility affects 
the design, even though price is determined based on the heating value of the 
gas. Trace compounds, such as mercury, will affect gas cleanup. However, it is 
the inert compounds that pass unmodified through the gas reformer that have the 
most impact on the efficiency of the design, because they affect the purge rate 
from the process. 

21.2.2 Economic Incentive eor Small-Scale GTL 

The allure of small-scale GTL facilities is related to the low value of natural gas in 
“remote” or “stranded” locations. The upper limit for the value of natural gas at such 
locations is set by the natural gas price for connected natural gas. Connected natural 
gas can be marketed, because it is connected to the natural gas pipeline infrastruc¬ 
ture. Unconnected natural gas cannot be marketed without further investment. When 
the natural gas is coproduced with crude oil and the production field is not connected 
to a gas pipeline, the gas has to be reinjected in the oil well or flared. There are con¬ 
sequently instances where the natural gas has little or no value. 

It is useful to calculate the economic incentive for small-scale GTL production 
in terms of the price difference between the natural gas and the value of the liquid 
synthetic oil product that is transportable to the market. The conversion of natural 
GTL products consumes energy, and not all of the energy value of the natural gas 
feed is retained. The relationship between input material cost and the equivalent 
product value is illustrated by Figure 21.2. The breakeven lines reflect the cost of the 
oil based only on material flow for different thermal efficiencies of the GTL process, 
that is, it excludes operating cost and capital cost. Differently put, if the GTL facility 
was free and operating the facility was free, the oil equivalent price is minimum sell¬ 
ing price of the oil products where no economic profit or loss is incurred. Capital and 



FIGURE 21.2 Break-even oil price in relation to the price of natural gas that reflects only 
the impact of thermal efficiency on material flow and not the cost of capital or operating cost. 
Note: Excludes capital and operating cost contributions. 
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operating costs are of course not zero, and one can add the cost of capital and oper¬ 
ating cost per barrel of liquid produced to calculate the minimum product price at 
which a GTL facility will economically just break even. 

As with all economic calculations, there are underlying boundary conditions and 
assumptions. 


1. The past is not necessarily a good predictor of the future. Unfortunately, 
it is the only approximation available. The price for connected natural gas 
in North America over the period 2009-2014 varied between U.S.$2 and 
U.S.$6 per GJ, with an average around U.S.$4 per GJ. The energy content 
is expressed in terms of the higher heating value (HHV) of the gas. Over 
the same period, the crude oil price varied between U.S.$34 and U.S.$113 
per barrel for West Texas Intermediate (WTI), with an average of U.S.$87 
per barrel. The barrel of oil equivalent (BOE) energy is defined as 5.8 x 10'’ 
BTU (~6.1 GJ) per barrel and is also based on the HHV of the oil. The WTI 
crude oil price in terms of energy cost therefore varied from U.S.$5.60 to 
U.S.$18.50 per GJ, with an average price over the past 5 years of around 
U.S.$14.20 per GJ. 

2. In practice, it costs money to produce gas, and “zero-value” gas is not for 
free. If natural gas is associated with the production of crude oil, then the 
gas production becomes fatal if there is no way to reinject it into the well 
or to bring it to market. In such cases, the cost of gas production erodes 
oil production profitability even though the gas has only “flare alternative” 
value. The actual production (lifting) cost of oil and natural gas expressed 
in terms of BOE energy was on average U.S.$12.18 in the United States and 
U.S.$12.69 in Canada in 2007-2009 [6]. This translates into an average 
production cost of U.S.$2 per GJ. Thus, this is the minimum cost of natural 
gas, except for fatal “remote” gas production, which may be valued at zero 
or possibly negative cost. 

3. The conversion efficiency of a small-scale GTL facility is dependent on 
the design. This is an important variable, because it determines how much 
natural gas will be consumed to produce one barrel of liquid product. Since 
the energy prices were expressed in terms of energy, one may look at the 
thermal efficiency of GTL facilities to get an estimate of the efficiency of 
best available current technology. Thermal efficiencies of around 60% were 
claimed for industrial large-scale GTL conversion [7]. It is unclear whether 
a small-scale GTL facility will achieve the same thermal efficiency. 


The first observation that can be made is that the economic incentive for GTL 
(Eigure 21.2) is very sensitive to the difference in the cost of natural gas with respect 
to the oil price. A large-scale GTL facility with 60% thermal efficiency making use 
of connected gas at an average price of U.S.$4 per GJ starts showing value addi¬ 
tion to the products by the GTL process only for a crude oil price >U.S.$41 per 
barrel. This excludes cost of capital and operating costs. Eor unconnected gas at a 
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production price of U.S.$2 per GJ, value addition to the products by a small-scale 
GTL process, even with a lower efficiency, takes place at a crude oil price >U.S.$25 
per barrel. 

The second observation that can be made is that the economic impact of the 
thermal efficiency is sensitive to the cost of natural gas (Figure 21.2). In this respect, 
small-scale GTL facilities have a competitive advantage, because the lower cost of 
unconnected gas makes the economics less sensitive to process efficiency than is 
the case with connected gas at higher cost. It turns out that this is important to the 
overall economics of small-scale GTL, due to the anticipated capital cost penalty as 
a result of the loss of economy of scale. 


21.2.3 Loss OF Economy OF Scale 

An obvious concern of those interested in small-scale GTL development is the loss 
of economy of scale. The capital cost of equipment and facilities of a similar type is 
related to their capacity through a power-law relationship (Equation 21.1) [8]. 


f 

Cost A = Cost B 

V 


N n 

Capacity A 
Capacity B ^ 


( 21 . 1 ) 


The exponent, n, has an average value of 0.6, so that the relationship between capital 
cost and capacity is often referred to as the 6/lOth rule. However, for petrochemi¬ 
cal processes, the value of n is about 0.7, and for processes involving extensive gas 
compression, the value of n can be between 0.8 and 0.9 [8]. Using the capital cost 
data of Zennaro [9], the power-law relationship (Equation 21.1) was calculated for 
GTL facilities: n ~ 0.7. 

What this means is that the total capital cost decreases with a decrease in capac¬ 
ity, but the capital cost per unit of capacity increases with a decrease in capacity. The 
latter is the loss of economy of scale. Differently put, the cost of capital to produce 
the product increases, which erodes the prohtability of the process and makes it less 
prohtable than the same process at larger scale. 

The contribution of the capital cost to the overall cost of a GTL process can be 
evaluated more conveniently when it is expressed as an equivalent operating cost. 
There are many ways to do this. One of the simplest strategies is to spread the 
repayment of the capital cost with interest over the lifetime of the GTL facility. 
The repayment of the capital cost with interest to a hnancial institution, or share¬ 
holders, is no different than a house mortgage, albeit on a larger scale. The two 
main components are the capital cost in relation to production capacity and the 
cost of the capital (i.e. principal amount and interest rate on the principal amount). 
The capital repayment cost, expressed as a cost per barrel of liquid produced, 
is shown in Figure 21.3. For example, for a GTL facility with a capital cost of 
U.S.$100,000 per daily barrel of production capacity, the capital without interest 
can be repaid over a 20-year period by paying U.S.$14.42 for every barrel of liquid 
produced. 
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Capital cost of the GTL production capacity (U.S.$/bpd) 


FIGURE 21.3 Capital repayment per barrel of liquid produced that must be paid to cover 
the capital cost of the gas-to-liquids facility over a 20-year production period. 


The underlying boundary conditions and assumptions used in the calculation of the 
capital cost contribution to production cost were as follows: 

1. The capital cost in relation to production capacity for large-scale indus¬ 
trial GTL facilities covered a wide spread, which ranged from around 
U.S. $85,000 to U.S.$200,000 per daily barrel of production [9,10]. One bar¬ 
rel per day (bpd) production refers to the design capacity, and it is equivalent 
to the production of 6.6 L/h of liquid products. The spread of capital cost 
estimates per unit production capacity reported in literature is partly due 
to the influence of different location factors, process designs, and design 
capacities (i.e., economy of scale). 

2. For the purpose of the calculation, a design lifetime of 20 years was used 
for the GTL facility. The actual lifetime of chemical facilities often exceed 
their design lifetime. The FT-based GTL facilities of PetroSA (Mossgas) 
in South Africa and Shell Bintulu in Malaysia were both commissioned in 
1993 and are still in commercial operation. 

3. An on-stream factor of 0.95 was employed. This is in line with the pub¬ 
lished on-stream availability of the Shell Bintulu facility [11]. 

4. The loan rates for the U.S. Federal reserve over the period 2009-2014 for 
loans exceeding a million dollars varied between 2.5% and 3.5%. 


The cost of capital contribution to production cost (Figure 21.3) is substantial. The 
advantage of cheap natural gas can quickly be eroded. Just scaling down a large- 
scale GTL facility, with the associated loss of economy of scale, is economically 
not a good design strategy for the design of a small-scale GTL facility. In order to 
counteract the loss of economy of scale, a different approach to the design of small- 
scale GTL facilities is required. 
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21.2.4 How Large Is Small-Scale GTL? 

The concept of what defines “large” and “small” changed over time. Industrial 
FT-based GTL facilities such as Sasol 1 in South Africa and Shell Bintulu in 
Malaysia are just under and just over 10,000 bpd, respectively. The Shell Pearl GTL 
facility is 140,000 bpd. Yet, all of these FT-based GTL facilities share common 
design features. They are permanent installations that convert connected natural gas 
with expected reservoir production lifetimes exceeding 20 years. Although capacity 
affects profitability, the capacity did not affect the design of these facilities much 
beyond equipment sizing. 

Rather than adopt a production capacity threshold to define small-scale GTL, 
it is proposed that small-scale GTL facilities should be defined by their attributes. 
Small-scale GTL facilities are not smaller capacity GTL facilities, but facilities that 
must be designed to access unconnected natural gas. Out of necessity small-scale 
GTL facilities have smaller production capacities, but the attributes that constrain 
the design of small-scale GTL facilities are not capacity related. The features that 
differentiate small-scale GTL from large-scale GTL are [12] as follows: 

1. Remoteness'. Access to basic utilities such as electricity, water, and sewage 
disposal is likely to be limited. In an extreme case, the small-scale GTL 
facilities may have to be self-sufficient for all utilities. 

2. Accessibility limitations'. Roads leading to the source of natural gas may 
have a limited carrying capacity for heavy loads. There is consequently an 
inherent equipment size limitation that is not imposed by the capacity of the 
facility but by site accessibility. 

3. Mobility (transience): The size and productive lifetime of the natural gas 
resource will in many cases not sustain production over an extended period. 
The GTL facility will have to be relocated, possibly several times, during 
its lifetime. The design must facilitate mobility. Another implication is that 
site remediation must be easy, quick, and inexpensive. For example, it is 
unlikely that the construction of large ponds to treat wastewater can be 
justified. 

4. Location: Apart from the obvious location-dependent impacts, such as cli¬ 
mate and availability of skilled labor, location also affects logistics. Ideally, 
the facility must produce only a single liquid product that is easy to transport 
and market. Gaseous products have no more value than the natural gas feed. 

21.2.5 Analysis oe GTL Economics 

Before moving on to the technical discussion of small-scale GTL design, it is insight¬ 
ful to analyze the value proposition of GTL. Some of the main elements that affect 
profitability have already been discussed, namely, the difference between oil price 
and natural gas cost, thermal efficiency, cost of capital, and economy of scale. In 
addition to these costs, there are also the actual operating cost of the GTL facility 
and its utility infrastructure. For a large-scale GTL facility, the operating cost is 
around U.S.$8.70 per barrel [9]. 
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TABLE 21.2 

Order of Magnitude Analysis of Gas-to-Liquids Economics 


Description 

Raw materials processing 
Oil price ($/baiTel) 

Natural gas price ($/GJ) 

Thermal efficiency {%) 

Gross production income ($/barrel) 

Operating cost 

Other production costs (S/baiTel) 
Production profit (S/barrel) 

Capital cost 

GTL capital cost ($/bpd) 

Financing interest on capital (%) 
On-stream factor of facility 
Cost of capital ($/barrel) 

Net profit before tax ($/barrel) 


Large-Scale GTL, 

Small-Scale GTL, 

Connected Gas 

Unconnected Gas 

87 

87 

4 

2 

60 

50 

46.21 

62.53“ 


-8.70 

-8.70 

37.51 

53.83 


120,000 

200,000 

3.0 

3.0 

0.95 

0.90 

-23.03 

-40.52'“ 

14.48 

13.31 


^ For 60% thermal efficiency this value increases by $4.08/ban'el. 
^ For 0.95 on-stream factor this cost is $2.13/baiTel less. 


An order of magnitude economic analysis of FT-based GTL production is pre¬ 
sented (Table 21.2) that combines all of these cost elements. Average crude oil and 
natural gas prices over the past 5 years were used for the calculation (Section 21.2.2) 
rather than the prices at the time of writing. 

The before tax profit per barrel product of large-scale and small-scale GTL facilities 
is similar. However, for small-scale GTL, the cost element that eroded profit and profit¬ 
ability most is the high capital cost per unit production capacity. It is worthwhile repeat¬ 
ing the conclusion drawn before. A different approach to the design of small-scale GTL 
facilities is required to avoid the detrimental impact of the loss of economy of scale. 

21.3 SCALE-DOWN CHALLENGE 

The order of magnitude economic analysis of small-scale GTL (Table 21.2) was use¬ 
ful from a technical perspective, because it highlighted the main elements that erode 
the cost advantage gained though access to cheaper natural gas. The same elements 
are important in the design of large-scale GTL facilities. The technical elements to 
keep in mind during scale-down are as follows: 

1. Capital cost per daily barrel of production 

2. Efficiency, expressed in terms of the amount of the energy or carbon of the 
feed that ends up in transportable and marketable products 

3. Robustness, as measured by the on-stream factor 
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These elements are not independent, but related, and should be considered together. 
To illustrate the point, consider a GTL facility with fixed feed capacity and capi¬ 
tal cost. Any decrease in the process efficiency or robustness will cause the aver¬ 
age daily production to decrease. Since the profitability depends on the capital cost 
per unit production, it is the interrelationship of these elements that is important. It 
would therefore be wrong to make a design decision to save on capital cost without 
considering the impact on efficiency and robustness. 

Although the aforementioned technical elements are important during scale- 
down, it is only the loss of economy of scale (Section 21.2.3) that constitutes a unique 
challenge for small-scale GTL. Small-scale GTL facilities are differentiated from 
large-scale GTL facilities based on its process attributes (Section 21.2.4). A process 
analysis based on these attributes highlight further technical elements to consider 
during scale-down: 

1. Mobility is built into the design. Low-cost relocation of process infrastruc¬ 
ture with the least amount of site preparation or postrelocation cleanup is 
necessary. 

2. Utility self-sufficiency is necessary, because there will be no guarantee that 
utilities will be available at locations where unconnected natural gas are 
found. The cost of connecting utilities from the grid, potentially over large 
distances, may be prohibitive. 

3. Product slate limitation due to production capacity and transport logistics 
from the production site. 

The technical implications of the important design decisions for small-scale FT-based 
GTL have been discussed before [12]. Two critical challenges for small-scale GTL 
designs will be evaluated, namely, the utility footprint and the viable product slate. 
In addition to these, the specific challenge associated with wax hydrocracking in 
small-scale GTL will be outlined. 

21.3.1 Utility Footprint 

The utility infrastructure associated with a generic FT-based GTL facility is exten¬ 
sive (Figure 21.4). In this depiction, the steam system was simplified, with no distinc¬ 
tion being drawn between high-, medium-, and low-pressure steam. The water system 
was also simplified, with only the cooling water being shown. Utility systems such 
as fire water, drinking water, sewage, and instrument air have not been indicated. 

Compared to the process units, the utility infrastructure is considerable. This is 
typical of feed-to-liquids (XTL) processes. The main utility inputs are energy, water, 
and air. 

Depending on the location, it might be possible to employ electric energy from 
the power grid. Most of the electric power is required for air separation. A cryogenic 
air separation unit that produces 99.5% O 2 has an energy requirement of around 
0.88 MJ/kg O 2 gas at near atmospheric pressure [13]. It is also possible to make use 
of drive types other than steam turbines to power compressors, so that the steam 
system shown in Figure 21.4 can be simplified. 
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FIGURE 21.4 Utility infrastructure associated with a generic Fischer-Tropsch gas-to-liquids facility. 
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Although GTL facilities can be designed as zero liquid effluent discharge facili¬ 
ties [14], such designs do not imply that there is no water input required. Water 
consumption can be considerable, especially in a GTL facility making use of evapo¬ 
rative cooling. The water use of GTL facilities are lower than for other types of XTL 
processes, but access to water is still required, both for the process and utilities. 

With such an extensive utility footprint it is anticipated that the utilities would 
contribute significantly to the capital cost of a GTL facility. An economic analysis of 
large-scale GTL capital cost show that the utility and support infrastructure is actu¬ 
ally as expensive as the FT GTL process itself (Table 21.3) [9]. The units grouped 
under each line item are as follow: 

1. Offsites'. These are the supporting units needed for the facility. The offsites 
include the fuel gas unit, flare vent system, and blowdown of boilers. It also 
includes storage tanks, quality control laboratory, buildings, and intercon¬ 
necting of the offsites units. 

2. Utilities: The main utilities that are supplied to the facility. These include 
the units and supply of different grades of water, different grades of steam 
and power generation. 

3. Air separation: Cryogenic air separation unit to supply purified O 2 for gas 
reforming. This implies the use of an autothermal reformer, since purified 
O 2 is not needed for a multitubular steam methane reformer. However, the 
combined cost of an air separation unit and autothermal reformer is of the 
same order as that of a steam methane reformer. 

4. Hydrogen purification: This is typically a pressure swing adsorption unit to 
purify H 2 from the synthesis gas for use in the refinery. In a GTL facility it 
is primarily to supply pure H 2 for hydroprocessing and hydrocracking. 

5. Wastewater treatment: Processing of the FT aqueous product (FT reaction 
water) for either reuse in the facility or discharge. 

For a small-scale GTL design the utility network must be simplified in some way. 
Natural gas is available as power source. By selecting drives that are powered by 
natural gas, or by providing generated power using natural gas, the facility becomes 


TABLE 21.3 


Capital Cost of Utilities and Supporting Infrastructure 
as Percentage of Overall Capital Cost in a Large-Scale 
Fischer-Tropsch-Based Gas-to-Liquids Facility 


Unit Description 

Offsites 

Utilities 

Air separation unit 
Hydrogen purification unit 
Wastewater treatment unit 
Total: 


Capital Cost (%) 


20 

16 


6 

3 

53 


8 




Small-Scale Fischer-Tropsch Gas-to-Liquids Facilities 


391 


self-sufficient in terms of power. Power generation adds to the size of the facility, but 
luckily mobile power generation equipment is readily available. The only modifica¬ 
tion that is needed is to modify the generators to operate with natural gas rather than 
a liquid fuel. The application of natural gas engines is widely practiced [15], so that 
this in itself does not present a challenge. 

Water use and water treatment is the biggest utility challenge. Fresh water intake 
is the first concern with respect to both water availability and water quality. Ideal FT 
synthesis from methane is a net producer of water (Equation 21.2), in fact, on a mass 
basis more water is produced than organic product. 

CH 4 -F 1/202 ^ CO -F 2 H 2 ^ -(CH 2 )- -fHjO (21.2) 

In practice, the process and cooling losses of water usually exceed water production 
from FT synthesis [14]. The use of air cooling is the easiest way to cut down on water 
consumption, but air coolers are larger units for the same cooling duty than cooling 
water exchangers. Since there is a mobility requirement for small-scale GTL, this 
becomes a design trade-off. The efficiency of air cooling also depends on the cli¬ 
mate. The trade-off between air cooling and water consumption is a location-specific 
issue and water availability is not necessarily constraining in all locations. 

The second concern related to water is water treatment. The volume of water 
from the GTL process is of the same magnitude as the volume of organic products 
(Equation 21.2). The volume of water in the utility system is at least an order of magni¬ 
tude more. Steam production and cooling requirements are considerable (Figure 21.4). 
Maintaining water quality within these utility subsystems, as well as dealing with the 
process derived water, is a challenge. Many of the current wastewater management 
strategies require large fixed installations [14,16]. Any form of land disturbance will 
add to the land reclamation costs when the small-scale GTL facility is relocated. Also, 
the use of open water bodies for wastewater treatment is not viable in all climates. 

As a consequence of remoteness and the lack of access to basic utilities, the pro¬ 
cess design of a small-scale GTL facility may in some respects have to be subservi¬ 
ent to the utility design. 

21.3.2 Viable Product Slate 

When discussing the product slate from FT synthesis, it is useful to bear in mind 
that the purpose of a small-scale GTL facility is to solve a transportation problem. 
If access and connectivity of the natural gas from the production site were easy, 
connecting the natural gas directly to the pipeline distribution network would be the 
easiest and cheapest way to bring product to market. 

The product slate that is produced from a GTL facility is a scale-down challenge 
for a number of reasons: 

1. FT syncrude is a multiphase mixture (Table 21.4) [17]. For an FT catalyst 
with a chain-growth probability (a-value) of more than -0.7, the number of 
product phases at ambient conditions increase from three to four. Waxes, 
which are solids at ambient conditions, are not found in low a-value prod¬ 
ucts that are typical of high-temperature FT synthesis. 
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TABLE 21.4 

Product Phases in Industrial Fischer-Tropsch-Based 
Gas-to-Liquids Facilities 


Syncrude Composition (wt.%)“■'> 


Product Phase 

Fe-HTFP 

Fe-LTFT'* 

Co-LTFT* 

Gaseous product^ 

24 

7 

5 

Oil product 

22 

15 

19 

Solid (wax) product 

0 

23 

20 

Aqueous product 

54 

55 

56 


“ Products shown excluding CO, Hj, CO 2 and inert gases. 

The amount of water depends on the gas loop design; lower HjiCO syngas 
produces less water. 

Iron-based high-temperature Fischer-Tropsch synthesis, for example, 
PetroSA GTL facility. 

Iron-based low-temperature Fischer-Tropsch synthesis, for example, Sasol 1 
facility after 2004. 

' Cobalt-based low-temperature Fischer-Tropsch synthesis, for example. Shell 
Pearl GTL facility. 

f About half of this is C3-C4 material that can be used as liquefied petroleum 
gas (LPG). 


2. Gaseous products from FT synthesis have the same value as the uncon¬ 
nected natural gas. No value is added to the feed when the product is also a 
gas, because it faces the same transportation constraint as natural gas. Any 
conversion of natural gas to a gaseous product represents a production loss, 
because there is a production cost associated with the process (Table 21.2), 
but no gain in transportability. 

3. FT synthesis does not directly produce final products or blending materi¬ 
als. In order to produce products that can be directly marketed, some fur¬ 
ther product refining is required [10]. In order to produce a liquid synthetic 
crude oil, some refining may also be required. This is a challenge thaf is 
already recognized in fhe pafenf literafure, where mefhods for producing a 
pumpable liquid from sfraight run FT syncrude are described [18]. Once a 
transporfable liquid is produced, the liquid products from different small- 
scale GTL facilities can be combined for centralized refining. 

4. Logistics for product marketing should be as simple as possible. The smaller 
capacity of production, road access to the location, and distance to markets 
all contribute to the need to simplify logistics. Storage and transportation 
costs erode profits. Each additional product that will be marketed requires 
additional on-site storage, additional logistics infrastructure, and quality 
control. Thus, each additional product decreases mobility and potentially 
decreases operating robustness. On paper, it may be tempting to harvest 
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some higher-value fractions as separate products, but such a decision comes 
with the practical consequences that were outlined. 

5. Design choices are limited by the need for robustness, mobility, low capital 
cost, and a small utility footprint. Technologies that are employed on large- 
scale GTL facilities may not be as attractive for small-scale GTL. 

It is hopefully clear that small-scale GTL benefits from producing a single liquid 
product. This is the simplest way to solve the transportation problem associated with 
unconnected natural gas. Methanol synthesis has a clear advantage over FT syn¬ 
thesis in this respect, because the final product is only methanol, which is an easily 
transportable liquid. Since we are considering only FT synthesis, producing a single 
liquid product is a scale-down challenge that must be explored. 

The composition of the FT syncrude depends on the FT process and its operation. 
Typically, higher-temperature operation leads to a lighter and a more olefinic prod¬ 
uct. Product selectivity can also be manipulated by the syngas composition. The FT 
catalyst itself can be tailored to promote or suppress olefin and oxygenate formation. 
The FT syncrude compositions found in published literature are only indications of 
what is possible. Much of the recent effort in FT technology development focused on 
FT catalysts with high a-values to produce FT syncrudes with high proportions of 
waxes. This may not be the best strategy for small-scale GTL. 

When the aim is to produce the maximum amount of liquid product to facili¬ 
tate transport, any product from FT synthesis that is not in the liquid organic (oil) 
phase is undesirable. Ideally a single oil product should be produced for the rea¬ 
sons previously outlined. With this in mind, one can evaluate each of the non-oil 
phase products to assess whether there is a processing pathway to a single oil product 
(Table 21.5). 

Methane and ethane are fatal products. Even though these products can be recy¬ 
cled to the gas reformer, or used as fuel gas, methane and ethane production repre¬ 
sents an operating cost with no value addition. Propane can in principle be recovered 
and transported, but as liquid petroleum gas, which is a separate product. Whether 
the additional logistics cost and infrastructure justify separate recovery is an open 
question. Most of the other hydrocarbon products that are not in the oil phase can 
be processed in some way to incorporate them into the oil phase. Of the oxygenates, 
only the water-soluble carboxylic acids cannot be profitably recovered and blended. 

There are three main strategies (Table 21.5) for processing the products that are 
not in the oil phase to obtain products that are in the oil phase: 

1. Recovery and blending: The syncrude recovery after FT synthesis is gov¬ 
erned by phase equilibrium. Butane can be recovered by pressure conden¬ 
sation and blended into the oil phase. The only constraint is the limit on 
the vapor pressure of the blended oil product. The water-soluble alcohols 
and ketones can be recovered by distillation, dried, and blended into the oil 
phase. There is of course always a risk of phase separation when oxygenates 
are blended into the oil, and water contamination must be avoided during 
storage and transport. Oxygenates also increase the vapor pressure of the 
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TABLE 21.5 

Processing Pathways to Transform Non-Oil 
Phase Products to a Single Oil Phase Product 


Processing to Single Oil Phase Product 


Product 

Recoverable 

Processing Strategy 

Gaseous product 

Methane 

No‘‘ 


Ethane 

No‘‘ 

— 

Ethene 

Yes 

Olefin oligomerization 

Propane 

No” 

— 

Propene 

Yes 

Olefin oligomerization 

Butane 

Yes 

Recoveiy and oil blending 

Butenes 

Yes 

Olefin oligomerization 

Solid {wax) product 

Waxes 

Yes 

Wax hydrocracking 

Aqueous product 

Alcohols 

Yes 

Recovery and oil blending 

Ketones 

Yes 

Recovery and oil blending 

Carboxylic acids 

No' 

— 


® Equivalent to the process feed, natural gas. 

^ Can be recovered by pressure condensation as a separate prod¬ 
uct, that is, liquehed petroleum gas. 

No economically viable recovery technology available; detri¬ 
mental to oil product. 


blended oil and the same limit as for butane blending applies. There are 
rehning pathways to convert oxygenates to hydrocarbons to overcome these 
issues [10], hut it is unlikely that the added complexity can be justified for 
a small-scale GTL facility. The recovery of butane, alcohols, and ketones 
require some steam and cooling water as utilities but do not represent much 
of an increase of the utility footprint or complexity of the process. 

2. Olefin oligomerization'. Normally, gaseous olefins can be converted into 
liquid products over acid catalysts. The application of solid phosphoric acid 
oligomerization to produce a high-octane motor gasoline blending compo¬ 
nent from cracked gases has heen practiced in the petroleum industry since 
the 1930s. Solid phosphoric acid and H-ZSM-5 (MFI) zeolite catalysts are 
two catalysts that are already industrially employed for the oligomeriza¬ 
tion of FT olefins [10,18]. Although ethene is not as efficiently converted 
as propene and butenes, high single-pass conversion of olehns are typical 
of olefin oligomerization. Feed preheating can he achieved hy steam heat¬ 
ing. Additional cooling capacity is required due to the exothermic nature 
of the olehn oligomerization reaction. There are many different olehn 
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oligomerization technologies and at least some of them are amenable to 
small-scale GTL implementation. 

3. Wax hydrocracking: Waxes are solids and one can consider the waxes as an 
oil with very poor cold flow properties. Hydrocracking converts waxes to a 
more isomerized lighter oil product. The hydrocracking of waxes is prac¬ 
ticed in most large-scale industrial FT-based GTL facilities. However, wax 
hydrocracking is not easily implemented in a small-scale GTL facility [12]. 

The objective of producing a single oil phase product in a small-scale GTL facility 
is attainable. In order to maximize the yield of the oil phase product, the small-scale 
GTL design should foremost exploit the flexibility of FT synthesis. As a second¬ 
ary measure, product processing (Table 21.5) could be used to transform non-oil 
phase products into a single oil phase product. Not all of the processing pathways 
are equally amenable to small-scale implementation. The challenge of producing a 
single oil phase product can be attenuated by judicious design of the FT technology. 
It is more difficult to convert waxes than to convert light olefins in a small-scale 
facilily. The FT technology objecfives for large-scale GTL facilifies can therefore 
not be directly applied to small-scale GTL facilities. 

21.3.3 Wax Hydrocracking 

Hydrocracking of heavy oil and residua is an established technology [19]. Wax 
hydrocracking has analogous requirements to oil hydrocracking, but the operating 
conditions are less severe and it is easier to make use of noble metal hydrocracking 
catalysts on account of the sulfur-free nature of FT wax [20,21]. Milder operating 
conditions can also be employed for wax hydrocracking over sulfided base-metal 
catalysts [21]. The scale-down challenge of wax hydrocracking is not in the technol¬ 
ogy, but in the inherent requirements of the process (Figure 21.5). 

A wax hydrocracker requires two feed streams: the FT wax and high purity Hj. 
Although the H 2 consumption during wax hydrocracking is low, the Hj/wax feed 
ratio is high. A typical Hj/wax feed ratio is of the order 1000 m^/m^ (-0.1 kg/kg). The 
unconverted Hj is recycled and the fresh Hj feed must therefore be of a high purity 
to avoid excessive purging from the Hj recycle loop. In a GTL facility better than 
99.9% purity, Hj can be obtained from the synthesis gas by pressure swing adsorp¬ 
tion (PSA). The H 2 is obtained at a pressure close to the pressure of the synthesis gas, 
but the CO-rich tail gas is desorbed at a lower pressure, usually in the 0.1-0.4 MPa 
range [13]. Either low-temperature shift or tail gas recompression can be considered 
to reduce the carbon loss associated with CO in the PSA tail gas. 

Wax hydrocracking can be performed at 3.5 MPa [20,21]. This is much lower than 
the pressure needed for oil hydrocracking, which is typically 8.5 MPa and higher 
pressure [19]. Nevertheless, it is likely that the wax hydrocracker will be operated at 
a higher pressure than the FT gas loop. The high-purity H 2 feed and the recycled H 2 
must therefore be compressed to the feed pressure of the wax hydrocracker. 

The hydrocracker feed must be preheated to >350°C. This requires a fired feed 
preheater. Wax hydrocracking is near isothermal, with the endothermic heat of 
cracking being balanced by the exothermic heat of hydrogenation. The unconverted 
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FIGURE 21.5 Process flow diagram and utility requirements associated with wax 
hydrocracking. 


Hj is separated downstream from the hydrocracker and recycled. Although C 1 -C 2 
selectivity is low, some methane and ethane is coproduced, which necessitates a Hj 
purge to avoid the buildup of C 1 -C 2 in the H 2 loop. 

The single-pass conversion in a wax hydrocracker is limited to around 70% to 
avoid excessive C 3 -C 4 light gas formation. The oil in the hydrocracked product is 
separated from the wax, which would solidify on cooling. The wax can be recycled 
to extinction and the separation can be performed in an atmospheric distillation col¬ 
umn. The bottom temperature in the column is higher than achievable by steam 
preheating and a fired heater is usually required. 

Wax hydrocracking technology can be scaled down, but its implementation in 
a small-scale GTL facility undermines mobility. Some of the salient points are as 
follows: 

1. The PSA unit is required just by the hydrocracker. Most of the H 2 that is 
recovered finds its way to the oil product, but all of the CO and around 15% 
of the H 2 in the PSA feed ends up in the tail gas. Irrespective of how the 
tail gas is used, the purified H 2 that is needed for hydrocracking comes at a 
premium compared to the H 2 in the synthesis gas. 

2. The H 2 gas loop of the hydrocracker requires two additional compres¬ 
sors that would not have been needed otherwise. Adding compressors to 
the design increases the skill, supervision, and maintenance that will be 
required for operation of the facility. 
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3. Two additional fired heaters are required. Fired heaters are bulky and will 
make it more difficult to design the GTL facility in such a way that it is 
mobile and can be relocated. Natural gas can be used as fuel and the nature 
of the stack gas emissions will depend on the composition of the natural 
gas. If stack gas cleaning is required, the fired heaters could substantially 
add to the utility footprint. 

4. The production of light paraffins is increased beyond the amount produced 
during FT synthesis. The coproduction of propane and butanes are inevita¬ 
ble during hydrocracking [10]. The butanes could be recovered and blended 
in the oil, but propane may represent product loss (Table 21.5). The small 
amount of methane and ethane produced is responsible for increasing the 
Hj purge rate, so that the actual material loss exceeds the loss of just meth¬ 
ane and ethane. 

Despite the success of hydrocracking technology for upgrading FT syncrude in 
large-scale GTL facilities, the implications of using hydrocracking technology in a 
small-scale GTL design should be carefully evaluated. 

There are some alternatives, foremost the use of FT technology with a lower 
a-value, which avoids the need for hydrocracking. Thermal cracking of wax is 
generally a poor alternative to hydrocracking [22], but it has the advantage of not 
requiring purified Hj. Wax can also be transported as a separate solid product, anal¬ 
ogous to propane that can be recovered and transported as liquefied petroleum gas. 
Transporting wax as a separate solid product increases logistics complexity, but it 
reduces the process complexity. Dealing with wax remains a scale-down challenge. 

21.4 OPPORTUNITIES AND THREATS TO SMALL-SCALE 
GTL DEVELOPMENT 

There is a need for “off the shelf” small-scale GTL technology that can just be tweaked 
to match the natural gas feed composition and location-specific conditions. In the 
author’s opinion, such technology does not exist. For smaller-scale GTL facilities 
where utility requirements can be met through access to existing utility infrastruc¬ 
ture, there are technologies available. However, the real difference between small- 
scale and large-scale GTL is not capacity, but mobility and utility self-sufficiency. 
Without mobility and utility self-sufficiency, it will be difficult to exploit unconnected 
“remote” natural gas as feed material. The challenge is not in building smaller-scale 
facilities based on current industrial GTL technology. The challenge is foremost to 
reduce the utility footprint that is associated with the GTL process to enable mobility. 

Small-scale FT-based GTL facilities will become a reality in future due to either 
one of three drivers: economic, strategic, or environmental. 

The economic opportunity that is associated with small-scale FT-based GTL is 
easily assessed (e.g.. Table 21.2). The strategic opportunity is associated with supply 
security. This is an opportunity when the downstream refining of the syncrude pro¬ 
duces a higher quality fuel that can directly be used, for example, a kerosene range 
military fuel [23]. The environmental opportunity is related to associated natural gas 
flaring during crude oil production. Small-scale GTL can reduce flaring and increase 
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oil output. However, as is the case with all environmental issues, unless there is legis¬ 
lation to force the issue, voluntary implementation of small-scale GTL will only take 
place if there is an economic incentive. 

It is instructive to look at the opportunities offered hy small-scale GTL develop¬ 
ment in relation to the threats to small-scale GTL development and implementation. 

21.4.1 Opportunities and Advantages 

A number of large-scale industrial FT-based GTL facilities are already in operation. 
The process itself is proven and demonstrated. Opportunities and advantages offered 
by small-scale GTL over large-scale GTL are outlined as follows: 

1. Smaller capital investment required. This is as result of the smaller capacity 
and not the capital cost per unit capacity. 

2. Stimulates broader interest in GTL. The lower capital investment and the 
opportunity to access unconnected gas will enable smaller investors and 
entrepreneurs to enter the market. 

3. Innovation is fostered by lower risk. With less money to lose, new entrants 
in the GTL field might be willing to invest in new ideas that can lead to 
breakthrough advances. Historically, it was the smaller capacities of oil 
refineries that enabled the implementation of radically new technologies. 
New technologies nowadays find it difficult to break into the market on 
account of the risk associated with large-scale production loss when imple¬ 
menting untried technology. 

4. Response to learning is faster. Smaller facilities are nimbler facilities and 
new insights about the process can more easily be implemented. The same 
is true for smaller companies, where there are less layers of management 
between operation and the prime decision makers. In both instances, there 
is less inertia in the system that resists change and learning. 

5. Modular designs can reduce capital cost. There is an inherent loss of econ¬ 
omy of scale associated with small-scale GTL compared to large-scale GTL. 
Since the additional loss of economy of scale by designing even smaller 
units is minor, this can be turned into an advantage. By deliberately design¬ 
ing smaller capacity production trains, the cost of standby units becomes 
less. Even whole production trains can be used in standby capacity. Smaller 
sized units can also be “mass produced,” and it is likely that more of the 
equipment needed for the process would be standard stock items. These 
benefits can offset some of the inherent increase in capital cost due to the 
loss of economy of scale. 

6 . Robustness is improved. When smaller capacity production trains are 
employed for both operation and standby, robustness is improved. It caters for 
failure of any part of the process, not only the equipment for which a standby 
unit was specified. Furthermore, losing a small capacity production train has 
less of a production impact than losing a larger capacity production train. 

7. Turndown performance is improved. By having smaller capacity trains in 
parallel, the design gains better turndown performance. Instead of being 
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limited by the turndown ratio of specific units in a production train, a whole 
small capacity train can be taken offline. 

8 . Scalability is improved. Scalability is improved because trains of units can 
be added or removed from a design to match the feed availability. This is 
particularly useful when moving between unconnected natural gas deposits 
of different size. It is also useful to optimize capital use as a natural gas 
deposit becomes depleted over time. Individual production trains can be 
relocated to other sites as the natural gas production capacity decreases. In 
this way, the lifetime of the natural gas resource can be extended, because 
the shutdown gas production capacity is lower. 

9. Mobility is improved. The construction of production units in a way that 
facilitates relocation is made easier if the capacity of the units is smaller. 

It also makes it easier to access remote locations with inferior road 
infrastructure. 

10. Smaller deposits of unconnected natural gas can be exploited. The capacity 
of the production trains can more easily be matched to the size of the natu¬ 
ral gas deposit. 

21.4.2 Threats 

The high-level flow diagram of GTL (Figure 21.1) is deceptively simple. Industrial 
experience has shown that large-scale GTL facilities are complex (e.g., [11]) and 
prone to operating problems even for experienced operators (e.g., [24]). Although 
it is necessary to reduce the complexity for small-scale GTL designs, such facili¬ 
ties will by no means be simple or immune to operating problems. Some threats 
to the successful development of small-scale FT-based GTL technology are as 
follows: 

1. Technical complexity of the GTL process. There are many specialist 
disciplines involved in a GTL process. The threat is not from the diver¬ 
sity of specialists that are required, but from the risk that the overall 
integration might be poor. In the design of large-scale GTL facilities, 
the boundaries between units are usually clear, rather than integrated. 
The exchange of energy is managed though the utility network and little 
process integration takes place beyond that necessary in the FT gas loop 
design. Small-scale GTL facilities cannot be scaled down versions of 
large-scale GTL designs. Tight process integration is necessary to offset 
the loss of economy of scale and to enable more compact and mobile 
designs with a smaller utility footprint. To be successful in this type 
of integration, the design engineers must have specialist know-how in 
multiple disciplines. 

2. Investment risk. The economic opportunity that is associated with small- 
scale FT-based GTL is easily assessed (e.g.. Table 21.2). The economic 
incentive of the process is mainly dependent on the price difference 
between natural gas and the crude oil price and the capital cost per volume 
of product. Since future energy prices are inherently unpredictable, it is 
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more difficult to assess the investment risk than the economic opportunity. 
The situation is exacerbated by the substantial capital investment that is 
required even for a small capacity unit. The capital intensive nature of GTL 
facilities results in a high barrier to entry and makes it difficult to gain 
financing for such projects. 

One can also learn from past developments in GTL and coal-to-liquids 
technology about the likely obstacles that will be encountered [25-28]. 
Learning from previous attempts to commercialize synthetic fuels tech¬ 
nologies can be added to the list of threats. 

3. Pioneering processes are not conventional processes, and it requires time to 
become competitive. For this to happen, sustained interest is necessary. The 
prognosis is unfortunately not good. Government interest is contingent on 
the prevailing political agenda, commercial/industrial interest is contingent 
on the prevailing economics, and academic interest is contingent on fund¬ 
ing that is tied to the aforementioned interests. 

4. Too much development with not enough research leads to a premature com¬ 
mercialization effort. This may lead to failure to demonstrate the competi¬ 
tive viability of the technology in the free market. In the longer term, a poor 
perception that was created by premature commercialization can under¬ 
mine future interest, confidence, and investment in small-scale GTL facili¬ 
ties and even GTL facilities in general. 

5. Unless GTL is developed as strategic initiative, it will be a competitive 
economic failure when the price difference between natural gas and crude 
oil shrinks. This was the primary reason for the closure of the Hydrocol 
FT-based GTL facility in the United States in the 1950s, but the sur¬ 
vival of the Sasol 1 coal-to-liquids facility in South Africa. In the latter 
case, the South African government supported the facility as a strategic 
initiative. 

6 . There is a resistance to tackle the really difficult problems. Sometimes, it is 
necessary to go back to fundamentals, to gain a better fundamental under¬ 
standing and to find solutions to the challenges that undermine progress. 
This implies fundamental research before applied research and it implies 
research before development. Unfortunately, performance metrics in gov¬ 
ernment, industry, and academia dissuade such effort. 

7. Not all technology can be bought or developed within the timeframe 
ordained by managers and politicians. 

8 . Skilled people can quickly become a key constraint. 


21.5 CONCLUSIONS 

The design requirements for small-scale GTL facilities are different to that of large- 
scale GTL facilities. The nature and location of unconnected natural gas imposes 
constraints on the design, particularly with respect to the need for mobility and 
self-sufficiency. Despite these constraints, there are economic, strategic, and envi¬ 
ronmental incentives for the development of small-scale FT-based GTL technology. 
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Profitability and technical challenges that must be overcome to make this a reality 
were evaluated. Key observations that came from the evaluation are as follows: 

1. Direct scale-down of large-scale GTL designs is not viable, because such a 
design approach will quickly erode the economic incentive for small-scale 
GTL. It is also impractical, because of the large utility footprint of large- 
scale GTL facilities, which would make it difficult for small-scale GTL 
facilities to meet its mobility requirements. 

2. Small-scale GTL makes sense only for unconnected gas. There is little 
incentive to perform small-scale GTL conversion on connected gas, 
because the gross income is insufficient to offset increased cost due to the 
loss of economy of scale. Simply put, small-scale GTL facilities are less 
economical than large-scale GTL facilities for the conversion of connected 
natural gas. 

3. Loss of economy of scale is inevitable, but a small-scale integrated modu¬ 
lar design can offset some of the increased cost through improved robust¬ 
ness, turndown, scalability, mobility, and “mass production” efficiency. 
There are also advantages related to reservoir capacity and production 
dynamics. 

4. All of the individual units in a FT-based GTL facility are based on indus¬ 
trially proven technology. The challenge is not to reduce the capacity of 
individual units. The challenge is in the integration of units to produce a 
credible small-scale GTL design. Foremost is reducing the large utility 
footprint. As a consequence, the process design may in some respects have 
to be subservient to the utility design. 

5. Small-scale GTL solves a product transportation problem. The liquid prod¬ 
uct yield matters more than the nature of the liquid. If necessary, liquid 
quality can be adjusted offsite in a facility that does not have the same 
design constraints. 
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CHEHKTnV 


Wtti pvMiin i^iJa-lk iHto —if 

"^jVTtaJr—rtm OH^ r^ual ^m, «>d bkfiHi ham bK-nn- wwwm 
KiFtonkrij^-»rp*1Hvi% M/wtaai ■■H^o^vpiiba iw Pbna 
Hrij^n^EFiatanatw Ila^ mwl han- pKi^ni 

iMkrttJ lE--^v#ofk^ iijplwtc TmmM. Th ntdw^T^tdi ptrcH^ 
«HrtiuHiii.-sdtacttai irl-shHik^ HciDnii'k EOTwt rtriraiof 
EvtfFi mrodi* nl krti k^idhyikrcwbcnb, kitt»iriial«l 

n«t»d Dl-dvdoa Ibf fn±fd^0iijplwtc pab^in aiirtUH. 

rUiir-Tn^wh B^haita, Oirialy^, mwi aila^ii JUwie-m 
nl J^ffifcMfeFii b*^ ria ^jnpoAanlaUdi^^'lai.HMi Awtsi 
Ctmnkri hidaly riidbi.^, vtan b^h ^lantan*-^ ih■ iMad 
krkfa^bi FlEb^li^i^i^fvtHirik T¥i ha^itatK^ii'li^Daiaivd 
M UtaEwk^ E«fnhfdid i Aiaioa ««b- TVi dhi- 

brhiEfahan-han-H^anM nlma^riiad'MrpfiiHTWkFai bm 
ttafoaiiwfn- b^ttviuijh Etaphfa'ti^rabct'lH hirl9f aiiifasl 
anal thal-^nbi^d Ump’iiaifcl-jiE 

* DaM jM pi^iafonitj 

+ DaWy^actvt^aidr«49i nachiitoH 
+ DaWyi^-dwwcMirttai md i^aM iiii Ibia 

* l^h^HFTOVT^ip-Mniinhdd^g't* 



Wtiihi4m1bkig ■hnaand H^tariip'hi pokftW i#'hi FlHtw^ 
Trrfsdi frooiii bi It* hlm-Tl apiJa^ hm^ fti namh riai 
Et«oirMai'li^Hw^lnui ivr^ili ptnifbf Im^Ai^Kttvi 
E^lyvte«at nanafUvtnKb'Ela^i 

C-E lahij novkdank^FTaalili FkriaFT^idi'tartwKkq^'ki'nii^ 
ivLEUDaanl^Hi-awpjf lbtabfaiElia.a^rAarloo*HiftoikF 
riiiHLhaa«vt piacUFan.nfE«Tt«l vtb Ibi ptniftoi i#ayTt*lk’ 
hik. Haji^iofaina*«id pnvUlr^alook 

^lbi^pfcMai-3l'l*H ^wm'koFTWHrWpHiiikigDiFdfcaa- 







